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Zusammenfassung

Die vorliegende Dissertation behandelt die numerische Modellierung der

Brennstoffreformierung und die experimentelle Untersuchung des Aufstartverhaltens eines

Mikro-Festkeramik-Brennstoffzellensystems. Das Ziel ist die Erhöhung der globalen

Systemeffizienz, indem die Reformierung im stationären Zustand und das transiente

Verhalten während des Aufstartens optimiert werden. Die ersten Kapitel präsentiert eine

kurze Einfuhrung ins Thema, die nächsten drei Kapitel befassen sich mit der

computergestützten Modellierung der Transportphänomene in einem Mikro-Reformer, was zu

einem besseren Verständnis der chemischen und physikalischen Vorgänge fuhrt und somit zu

einer Verbesserung des Designs und der Betriebsparameter. Der experimentelle Teil (d.h.

Kapitel fünf) beschreibt die Umsetzung eines neuartigen, hybriden Aufstartkonzepts, welches

bestehende Komponenten als zusätzliche Wärmequellen vorsieht.

Im zweiten Kapitel wird der Effekt der Wärmeleitfähigkeit der Kanalwand des Mikro¬

Reformers bezüglich der Synthesegasproduktion (Wasserstoff und Kohlenmonoxid)

untersucht. Als Brennstoff wird Methan verwendet, dessen

Oberflächenreaktionsmechanismus auf Rhodium bekannt und validiert ist. Der

Reaktionsmechanismus langkettiger Kohlenwasserstoffe ist nicht bekannt, weshalb Methan

als Modell dient. Die Berechnungen zeigen den Einfluss der axialen Wärmeleitfähigkeit auf

die Produktzusammensetzung am Auslass des Mikro-Reformers, was bedeutet, dass sie nicht

a priori vernachlässigt werden darf. Methankonversion und Wasserstoffausbeute sind stark

abhängig von der inneren Wandtemperatur, welche ihrerseits durch die komplexe exo- und

endotherme Natur der Oberflächenchemie bestimmt wird. In der Nähe des Einlaufs ist die

partielle Oxidation und beim Auslass die Dampf-Reformierung hauptverantwortlich für die

Synthesegasproduktion. Wird die Wärmeleitfähigkeit erhöht, dann wird die Dampf-

Reformierung aktiver, dafür die partielle Oxidation schwächer. Die höchste Ausbeute erhält

man für eine niedrige Wärmeleitfähigkeit. Es wurde zudem gezeigt, dass der Luftüberschuss

und die Wanddicke wichtige Parameter sind, die die Reformierung steuern.

Das dritte Kapitel untersucht den Einfluss der Katalysatordichte auf der reaktiven

Oberfläche (d.h. Katalysatormenge) und Reaktorgeometrie auf die Synthesegasproduktion

desselben Mikro-Reformers. Ein unerwartetes Resultat ist, dass die Wasserstoffselektivität

signifikant mit der Katalysatordichte ändert. Eine hohe Katalysatordichte führt somit zu

einem Reaktionsweg, der vermehrt Wasserstoff produziert, aufgrund des schnelleren Spaltens
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der kovalenten Methanbindungen. Es wurde ausserdem gezeigt, dass der Volumenstrom am

Einlass nicht nur durch das Reaktorvolumen, sondern auch durch die Katalysatormenge

skaliert werden muss, um repräsentative Bedingungen eines Experiments beschreiben zu

können.

Die Wärmeleitfähigkeit und der diffusive Massentransport in einer Katalysatorschicht

mit einer bestimmten Dicke werden im vierten Kapitel ins numerische Modell desselben

adiabatischen Methanreformers eingebunden. Sie wird als poröses Medium modelliert, das

aus einem keramischen Support besteht, auf der das katalytisch aktive Rhodium verteilt ist.

Die Resultate zeigen auf, dass die Katalysatorschichtdicke einen merklichen Einfluss auf die

Methankonversion und die Wasserstoffausbeute hat. Wenn die üblichen experimentellen

Bedingungen simuliert werden, d.h. konstanter Einlassvolumenstrom und konstantes

Verhältnis von Katalysatormenge zu Schichtvolumen, dann erhält man eine optimale

Schichtdicke von 70 um, wo die Wasserstoffausbeute maximal ist. Für dünnere

Katalysatorschichten ist die Menge an aktiven Stellen limitierend, für dickere Schichten ist es

die Verweilzeit, die von der konstanten Volumenstrombedingung herrührt.

Im fünften Kapitel wird ein neuartiger hybrider Aufstartprozess eines Mikro-

Festkeramik-Brennstoffzellensystems vorgestellt. Die Nutzung des Post-Combustors oder des

Reformers als Wärmequelle durch totale Oxidation von Butan gekoppelt mit dem Gebrauch

eines elektrischen Heizdrahtes führt zu einem schnelleren und exergetisch effizienteren

Erreichen der Betriebstemperatur von 600°C. Als Vergleich dient eine konventionelle

Methode, in der nur die elektrische Energie zum Aufheizen verwendet wird. Das hybride

Aufstarten mit dem Post-Combustor reduziert die Aufstartzeit um 79%. Die Exergiekosten,

die die Verluste berücksichtigen um die elektrische Exergie herzustellen, können um 86%

vermindert werden. Zudem wird gezeigt, dass es möglich ist, auch den Reformer zum

Aufstarten zu benutzen. Die Aufstartzeit ist zwar leicht länger und die Exergiekosten etwas

höher verglichen mit dem Post-Combustor. Wenn man andere Kriterien wie die

Wärmeübertragung zu den anderen Komponenten oder die Deaktivierung der Brennstoffzelle

mitberücksichtigt, kann der Gebrauch des Reformers als Wärmequelle durchaus sinnvoll sein.
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Summary

The scope of this thesis is the numerical and experimental investigation of the fuel

processing of a micro solid oxide fuel cell running on hydrocarbon fuel. The goal is to

enhance the overall system efficiency by optimization of the reforming process in the steady

state and the improvement of the start-up process. The first chapter presents a short

introduction to the field of hydrocarbon fuel processing in micro solid oxide fuel cell systems,

the next three chapters deal with computational modeling of the transport phenomena inside a

micro-reformer, which leads to a better understanding of the chemistry and the physics

therein, hence progress in the design and operation parameters. The experimental part (i.e.

Chapter Five) of this thesis focuses on the feasibility of a novel hybrid start-up method of a

fuel cell system that employs existing components as an additional heat source.

In Chapter Two the effect of wall heat conduction on the syngas (hydrogen and carbon

monoxide) production of a micro-reformer, representing micro-fabricated channels or

monoliths, is investigated. Methane is used as a model hydrocarbon fuel since its

heterogeneous reaction path on rhodium is known and validated. The simulations demonstrate

that the axial wall conduction strongly influences the performance of the micro-reformer and

should not be neglected without a careful a priori investigation of its impact. Methane

conversion and hydrogen yield are strongly dependent of the wall inner surface temperature,

which is influenced by the complex exothermic-endothermic nature of the chemistry. It is

found that exothermic oxidation reaction mechanisms, especially partial oxidation, are

responsible for syngas production near the inlet. Farther downstream, in the oxygen deficient

region, endothermic steam reforming is the main hydrogen producing mechanism. By

increasing the thermal conductivity, steam reforming becomes stronger and partial oxidation

becomes weaker. For all investigated inlet conditions, the highest hydrogen yield is obtained

for low thermal conductivity walls. The inlet fuel to air ratio and the wall thickness also

significantly affect the reforming effectiveness and must be carefully considered in reactor

optimization.

In Chapter Three, the effect of the catalyst surface site density (catalyst amount) and

reactor geometry on the methane reforming is investigated for the same tubular, wall-coated

micro-reactor. An unexpected result is that the hydrogen selectivity changes significantly with

varying catalyst loading. Therefore, for a high catalyst surface site density on the active

surface, the reaction path leading to higher hydrogen production is more pronounced due to
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faster splitting of methane and water. The importance of scaling the inlet volume flow not

only by the reactor volume (gas space velocity), but also by the catalyst amount (catalyst

space velocity), is demonstrated. The appearance of an optimum channel geometry and

optimum catalyst amount, if the gas space velocity and the catalyst space velocity are

constant, was surprising. Thus, the coordination of the channel diameter, the inlet volume

flow rate and the catalyst amount is necessary to obtain a maximum reformer performance.

In Chapter Four, the thermal and diffusive properties of a washcoat of finite thickness are

added into the numerical model of the same reformer. It is included as a porous layer

composed of a ceramic support containing the catalytic active rhodium sites. The results show

that the washcoat thickness markedly influences the methane conversion and the hydrogen

yield. By implementing the common experimental conditions into the numerical model,

which is constant inlet volume flow and constant ratio of catalyst per washcoat volume, an

optimum washcoat thickness of 70 urn with respect to hydrogen yield is calculated. For a

thinner washcoat, the smaller amount of catalyst is limiting. For a thicker washcoat, the

limiting effect is the reduced residence time, which stems inherently from the constraint of

constant volume flow, rather than the increased diffusive resistance of the washcoat.

In Chapter Five, a novel hybrid start-up process of a micro solid oxide fuel cell system is

presented. The employment of the post-combustor or the reformer as heat source by total

oxidation of butane combined with an electrically heated wire leads to a faster and more

efficient start-up than a conventional start-up method using only electrical energy to reach the

cell's operation temperature of 600°C. The hybrid start-up method using the post-combustor

catalyst reduces the start-up time by 79%. The exergy cost, accounts for losses by the micro

fuel cell system to produce the electrical exergy, can be decreased by 86%. It is shown that

the use of the reformer as a heat source is feasible. Its performance is slightly lower than that

of the post-combustor. Considering the other advantages, its use might be preferred in

practical applications.
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1. Introduction

The power consumption of portable devices, such as digital assistants, global positioning

systems, camcorders, laptops and portable industrial and medical devices is constantly

increasing, however limited by the low energy density of the state-of-the-art batteries (Fig.

1.1a). Miniaturized fuel cell systems are a promising alternative due to a potentially high

power densitiy and high flexibility (geographical independence, immediate charging). Several

fuel cell types are currently under investigation, each having its advantages and

disadvantages. The polymer electrolyte fuel cell system, for example, requires highly purified

hydrogen fuel. The direct methanol fuel cell currently features a low volumetric power

density due to methanol cross-over and the need of water storage. Therefore, the ONEBAT

project [1] aims at developing a miniaturized solid oxide fuel cell (SOFC) power system (Fig.

1.1b). This type of fuel cell is known for a high power density and tolerance to carbon

monoxide. The goal is a continuous power output of 2.5 W at moderate internal temperatures

(around 550°C) within a very small overall volume (about 50 cm3). The outside of the system

remains at a safe handling temperature. It is operated by butane, which can be easily stored

under low pressure in liquid form, inside a cartridge (Fig. 1.2). As electrical buffer, a small

battery or a super-capacitor is included into the system to cope with the varying demand for

power output.
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Fig. 1.1. a) State-of-the-art batteryforportable applications and b) design ofthe ONEBÄT

micro solid oxidefuel cell system.

The scope of this dissertation is the fuel processing of the ONEBAT system, namely the

reforming and post-combusting processes. The reformer converts the hydrocarbon fuel to a

hydrogen rich gas that can be utilized by the SOFC. The post-combustor depletes the toxic

and/or explosive gases before leaving the exhaust. Chapter Two to Four investigate the syngas

(H2 and CO) production from methane by applying a numerical model with a detailed surface

reaction mechanism on the rhodium catalyst in a micro-channel reactor. Computational

modeling is a powerful tool to gain a better understanding of the fundamental transport

phenomena and the activity ofthe different reaction mechanisms. The preferred reaction route

in hydrocarbon reforming is partial oxidation. Other reaction mechanisms are always present

in parallel such as the unwanted total oxidation producing water and carbon dioxide that are

not usable by the fuel cell. The water can be converted, with a hydrocarbon, by steam

reforming into syngas.
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Fig. 1.2. Schematic ofa micro solid oxidefuel cell system with its components. White arrows

represent massflux, gray arrows electric current and black arrows heatflux.

Chapter Two demonstrates the importance of modeling the thermal properties of the

reformer wall, which has been neglected in previous studies. The shift of the exothermic

partial oxidation and endothenmc steam reforming with varying thermal conductivity is

discussed in detail. Reforming of a hydrocarbon fuel follows complex reaction routes. The

detection of regimes, where partial oxidation or steam reforming is the main hydrogen

producing mechanism, is important for the understanding of the chemistry and further

optimization.

In catalyst testing experiments, the catalyst loading is often varied. A minimum catalyst

amount at a high performance is the goal from an economic point of view. Thus, we

introduced the variation of catalyst amount into the numerical model. Its effect on hydrogen

yield and methane conversion is investigated in Chapter Three. A common description of a

catalytic reactor scales the inlet volume flow with the reactor volume, or with the total

catalyst amount. The reactor performance is calculated for constant scaling factors.

Chapter Four introduces the modeling of the washcoat with its thermal and diffusive

properties into the numerical domain. Herein, the common experimental conditions are
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simulated, which are constant inlet mass flow and ratio of catalyst amount over volume, and

compared to other common experimental conditions with constant inlet velocity instead of

constant mass flow. It is of interest how these often applied constraints can affect the

reforming performance with varying washcoat thickness. The detection of an optimum

washcoat thickness can have an economic impact due to saving of the precious catalyst

rhodium.

In the experimental part (Chapter Five) of this dissertation a novel method for a faster

and exergetic more efficient start-up of micro SOFC systems is demonstrated. Most portable

applications require a frequent shut-down and start-up due to energy saving considerations

[2]. In this method the reformer, or the post-combustor, is first heated up to the ignition

temperature of butane and air by Joule heating of a wire embedded in a catalytic bed. This

heating initiates total oxidation of butane releasing heat in this exothermic reaction. The start¬

up ends when the cell's operation temperature of around 600°C is reached. The catalyst of the

post-combustor is already optimized for total oxidation. The total oxidation capabilities of the

reformer catalyst is examined herein and thus its possible employment for the start-up

method. The use of the reformer instead of the post-combustor can have several advantages,

such as prevention of coking of the fuel cell or improved heat transfer by internal heating of

the other components.

In this dissertation, different aspects of micro fuel cell system operation, such as steady

state mode or transient start-up, are investigated with both numerical and experimental

techniques in order to enhance the overall efficiency, and thus make them a feasible option for

battery replacement.

[1] A.B. Bieberle-Hutter, D. Beckel, U.R. Muecke, J.L.M. Rupp, A. Infortuna, L.J.

Gauckler, Micro-Solid Oxide Fuel Cells as Battery Replacement, MST News 4 (2005)

12-15.

[2] M.J. Stutz, W.J. Stark, D. Poulikakos, Method for starting up a fuel cell assembly,

Patent EP07012131, 2007.
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2. Effects of microreactor wall heat conduction on the reforming

process of methane9

Abstract

In this paper, the effect of wall conduction of an autothermal tubular methane

microreformer is investigated numerically. It is found that the axial wall conduction can

strongly influence the performance of the microreactor and should not be neglected without a

careful a priori investigation of its impact. By increasing the wall thermal conductivity, the

maximum wall surface temperature is decreased. Due to the complex exothermic-endothermic

nature of the chemistry of reforming, the axial variation of the wall temperature is not

monotonie. Methane conversion and hydrogen yield are strongly dependent on the wall inner

surface temperature, hence the heat conduction through the channel wall. The equivalence

ratio and the wall thickness also significantly affect the reforming effectiveness and must be

carefully considered in reactor optimization. Furthermore, it is found that exothermic

oxidation reaction mechanisms, especially partial oxidation, are responsible for syngas

(hydrogen and carbon monoxide) production near the inlet. Farther downstream, in the

oxygen deficient region, endothermic steam reforming is the main hydrogen producing

mechanism. By increasing the thermal conductivity, steam reforming becomes stronger and

partial oxidation becomes weaker. For all investigated inlet conditions, the highest hydrogen

yield is obtained for low thermal conductivity walls.

a
This chapter is published in:

M.J. Stutz, D. Poulikakos (2005), Chemical Engineering Science, 60,6983 - 6997.



Nomenclature

Latin

[-] molar concentration, mol m"

A pre-exponential constant, in m, mol, s, K

A gas phase species

a gas phase species stoichiometric coefficient

B(s) surface adsorbed species

b surface adsorbed species stoichiometric coefficient

A
7 1

multicomponent diffusivity of species /, m s"

A multicomponent diffusivity of the pair i-j, m2 s"1

DT thermal diffusivity, m2 s"1

d channel diameter, m

Ea activation Energy, J

H Enthalpy of formation, J mol"

h specific enthalpy, J kg"1

j mass flux, kg m"2 s"1

f concentration driven mass flux, kg m"2 s"1

.T

J thermal diffusion, kg m"2 s"1

JA,th thermal flux of precursor, mol m"2 s"1

k thermal conductivity, W m"1 K"1

ky thermal diffusion ratio

kf forward reaction rate, in mol, m, s

kr reverse reaction rate, in mol, m, s

l channel length, m

M molecular weight, kg mol"1

m mass flow, kg s"1

NG total number of gas-phase species

Ns total number of surface-adsorbed species

iVncn total number of reaction steps

n temperature exponent

P pressure, Pa
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q heat flux, W m"2

r radial coordinate, m

rr area averaged molar production rate, mol m'

R universal gas constant, 8.314510 J K"1 mol"1

S reaction rate, mol m"2 s"1

S adsorption rate, mol m"2 s"1

T temperature, K

V velocity, m s"1

X axial coordinate, m

Xi mole fraction of species i

X surface site fraction

Greek

Y sticking probability

5 identity matrix

s coverage correction energy, J

£co carbon monoxide selectivity

£h2 hydrogen selectivity

0y Chapman-Enskog parameter

M dynamic viscosity, Pa- s

V coverage exponent

P mass density, kg m"3

A surface site density, mol m"2

a Lennard-Jones parameter, Â

T shear stress tensor, N m"2

<P equivalence ratio

1 methane conversion

W hydrogen yield

CO mass fraction

m collision diameter, Â

Q collision integral
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Indices

t

reactant

fl

product

i species

in inlet

j species, reaction steps

mix mixture

s solid

stoich stoichiometric

w fluid-solid interface

2.1. Introduction

There has been a significant interest in recent years in methane fuel processing that

provides syngas (hydrogen and carbon monoxide) for fuel cells. One important syngas

production route is autothermal reforming, which combines partial oxidation (POX), steam

reforming (SR) and water gas shift reaction (WGS). Catalytic partial oxidation (POX) is a

slightly exothermic process that has been extensively studied in recent years. The reaction

mechanism is globally written as CH4 + 1/2 O2 —> CO + 2 H2. Its enthalpy of reaction at

standard conditions (STP) is AH = -35.7 kJ mol"1. In applications the partial oxidation

competes with the highly exothermic total oxidation (TOX) of methane (AH = -802.3 kJ mol"1

at STP), which is defined as CH4 + 2 02 -» C02 + 2 H20.

Another syngas production process is steam reforming (SR), which is the common

industrial method for hydrogen production. This endothermic reaction (AH = +206.1 kJ mol"1

at STP) with the notation CH4 + H2O —> CO + 3 H2 uses water as a reactant to form a mixture

of carbon monoxide and hydrogen.

The water gas shift reaction (WGS) is often employed to remove carbon monoxide from

a gaseous mixture before entering a carbon monoxide sensitive process. Already a small

fraction of carbon monoxide in the inlet stream is able to contaminate a Polymer Electrolyte

Fuel Cell (PEFC). The exothermic reaction mechanism of the WGS (AH = -41.2 kJ

mol"1 at STP) is written as CO + H20 - C02 + H2. Autothermal reforming (ATR) is

considered to be thermally self-sustaining and therefore, neither it produces nor does it

8



consume external thermal energy. Catalysts are commonly used to enhance the reaction rate

of the reforming process at lower temperatures [1].

In order to maximize the efficiency of a fuel cell system, every individual component

must be optimized. Large efforts have been dedicated to enhance the power output of a fuel

cell, including the improvement of its geometric design [2]. It is also essential to optimize the

operating parameters and geometry of the reforming unit, since reforming of hydrocarbons

must be performed "on board" to produce hydrogen, especially for portable devices.

Numerical modeling is a powerful tool to obtain a better understanding of the

fundamental transport phenomena inside catalytic channel reactors. There are several

approaches for modeling channel reactors. Simple 1-D models neglect gradients along the

transverse direction. By using the boundary layer approach, streamwise diffusivity is

neglected and parabolic differential equations are obtained [3]. More accurate solutions are

obtained with 2-D models, which provide information in the transverse direction along the

channel. Simplified 2-D models are employed in order to save computational power. One

such simplified model is the 2-D boundary layer model. Its range of validity, is determined

after comparisons with complete Navier-Stokes models [4]. Another simplifying modeling

approach is the perfectly stirred reactor, which assumes that conversion of reactants to

products is determined by the chemical reaction rates rather than the transport processes.

Chaniotis and Poulikakos [5] compared this simplified model with a detailed Navier-Stokes

model and defined the parametric domain of its validity. All models discussed so far have

neglected heat conduction through the reactor channel wall.

In this paper the channel wall heat transfer is included in the 2-D numerical model of an

autothermal tubular methane reformer. The major impact of the wall thermal conductivity on

the performance of the microreactor is documented and discussed in detail.

2.2. Mathematical formulation

Transport phenomena in a microchannel reformer can be described by the conservation

equations of mass, momentum, energy and species leading to a set of non-linear partial

differential equations. The flow inside the microchannel is indeed laminar, due to a low inlet

Reynolds number. A single channel with all adiabatic walls is modeled in steady state

conditions.

9



The fluid is assumed to be an ideal gas mixture that follows Dalton's model. Thus, the

individual components exert a partial pressure dependent on the mole fraction of the

components in the mixture. The specific enthalpy of an ideal gas mixture is a function of

species mass fraction. Specific enthalpies of individual species are approximated using the

JANAF tables and are dependent on temperature only.

The steady state conservation equation ofmass for the ideal gas mixture is

Y(pv) = o. (i)

The momentum conservation, neglecting body forces, reads as

Y{pvv) = -Yp-Yg (2)

where the shear stress tensor for a Newtonian fluid, neglecting bulk viscosity, is defined as

l = -M(Yv + {Yv)T) + -M(Y-v)i- (3)

The local dynamic viscosity is established based on the Chapman-Enskog theory for multi-

component gas mixtures at low density [6]

^=£^ö
x,M,

(4)

with the Chapman-Enskog parameter

(
1 +

M.
-1/2

M.
j J

r V'2 f xm V'4
-,2

1 +
M.

(5)

and the dynamic viscosity ofan individual component, assuming monoatomic gases

//, =2.6693 x 10" (6)

The formula is adapted to SI units.

The steady state conservation equation of energy, assuming no body forces and no

viscous dissipation is

Y-{phv) = -Y-Q_+v.-Yp- (7)

The heat flux term accounts for thermal conduction and energy transport by species diffusion

and reads as

g = -km*YT + t,M (8)
(=i

10



The thermal radiation to the surrounding is neglected due to the high aspect ratio of the

channel. Thermal conductivity of a gaseous mixture is computed using the Mix Kinetic

Theory [6] and is written as

The individual thermal conductivity can be calculated assuming monoatomic gases and reads

*, =8.3224x10- a/^ZZK. (10)

The steady state mass conservation equation for the individual gas phase species is

V-(po>lv) = -V-j1, ie[l,2,3,...,Na]. (11)

Heterogeneous reactions take place at atmospheric pressure and usual operating temperatures

of a methane reformer [7]. Homogeneous reactions only become important for high pressure

applications. Species flux is composed of a concentration driven and a thermal diffusion term,

but it does not take into account the pressure diffusion due to low pressure gradients in

straight channels. It reads as

i=£+£- (i2)

The concentration driven species flux is obtained from Fick's law of diffusion that is defined

as

£=-pD,Y0.. 03)

The concentration driven diffusion coefficient of a species is expressed in terms of binary

diffusion coefficients

A =-^V> (14)

J=l,J*l Uy

which in turn are obtained from the Chapman-Enskog theory:

Jr3(l0"3/M+10"3/M;)
D„ = 0.018829-*—-

; —. (15)
P Wy "D,y

The Peclet number in this study is higher than 10. Therefore the more detailed Maxwell-

Stefan formulation, which is used for diffusion dominated flows, is not applied. Furthermore,

its computational cost is considerably higher.
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The Lennard-Jones collision diameter is obtained with

The thermal driven diffusive species flux is expressed by

£ =-PDj V(In T),

where the thermal diffusion coefficients read as

T
& MM,

,

, M ' '

(16)

(17)

(18)

All surface reactions are specified using a multi-step finite-rate reaction mechanism. A

system of chemical reactions involving gaseous and surface adsorbed species can be

expressed in a general notation as

iX4+|#W^^i<4+EW). yep,...,*,»]-
1-1 l-\ itj. 1=1 l^\

The reaction rate for they'-th step, in terms of species concentration and forward and backward

reaction rate coefficients, is written as

Nr.
.

N* N„
.

M,

i =h\\[At mm? -KYWAi TllmT
i=i

The surface concentration of species i is expressed as

[BAs)] = p.X,.

The reaction rate coefficients are given by the semi-empirical Arrhenius equation

=^)/(*.-.*0k{ = AT" exp

including an additional coverage dependence term

/(x„...,XNs) = n^exp

(19)

(20)

(21)

RT
(22)

The adsorption mechanism is computed by the sticking coefficient method. It evaluates the

production rate based on sticking probability and precursor thermal flux. Thus, the adsorption

rate is expressed as

The thermal flux of precursor species A is defined as

(23)
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j-*-\Bt}^- (24)

The boundary condition at the catalytic surface is defined as follows. The mass flux of

reacting species to the surface equals the rate at which the species is consumed by the reaction

on the surface. A species flux balance at the reacting surface for the gas phase species yields

7=1

Similarly, a flux balance for the surface-adsorbed species reads

7=1

All surface reactions are specified using a detailed multi-step finite-rate reaction mechanism

of oxidation of methane on rhodium (Table 2.1) with 7 gas phase species, 12 surface adsorbed

site species, and 38 elementary surface reactions [8]. The reaction mechanism has been

validated and has shown good agreement with experiments [9].

Table 2.1. Surface reaction mechanism

1. Adsorption

H2 + Rh(s) + Rh(s)

02 + Rh(s) + Rh(s)

CH4 + Rh(s)

H20 + Rh(s)

C02 + Rh(s)

CO + Rh(s)

2. Desorption

H(s) + H(s)

O(s) + O(s)

H20(s)

CO(s)

C02(s)

H(s) +H(s) 0.01

O(s) +0(s) 0.01

CH4(s) 0.008

H20(s) 0.1

C02(s) lxlO'5

CO(s) 0.5

A, (cm,mol,s) Ea, kJ mol"1

Rh(s) +Rh(s) + H2 3.0X1021 77.8

Rh(s) +Rh(s) + o2 lJxlO22 355.2-280 6b(s)

H20 +Rh(s) 3.0X1013 45.0

CO +Rh(s) 3.5xl013 133.4-15 6bo(s)

C02 +Rh(s) l.OxlO13 21.7
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CH4(s) ~•* CH4 +Rh(s) l.OxlO13

A, (cm,mol,s)

25.1

Ea, kJ mol"1

3. Surface reactions

H(s) + O(s) - OH(s) +Rh(s) 5.0x1022 83.7

OH(s) + Rh(s) - H(s) +0(s) 3.0X1020 37.7

H(s) + OH(s) - H20(s) +Rh(s) 3.0x1020 33.5

H20(s) + Rh(s) - H(s) +OH(s) 5.0x1022 104.7

OH(s) + OH(s) - H20(s) +0(s) 3.0X1021 100.8

H20(s) + O(s) - OH(s) +OH(s) 3.0X1021 171.8

C(s) + O(s) - CO(s) +Rh(s) 3.0x1022 97.9

CO(s) + Rh(s) - C(s) +0(s) 2.5X1021 169.0

CO(s) + O(s) - C02(s) +Rh(s) 1.4xl020 121.6

C02(s) + Rh(s) - CO(s) +0(s) 3.0X1021 115.3

CH4(s) + Rh(s) - CH3(s) +H(s) 3.7xl021 61.0

CH3(s) + H(s) -> CH4(s) +Rh(s) 3.7xl021 51.0

CH3(s) + Rh(s) -> CH2(s) +H(s) 3.7x1024 103.0

CH2(s) + H(s) - CH3(s) +Rh(s) 3.7xl021 44.0

CH2(s) + Rh(s) - CH(s) +H(s) 3.7x1024 100.0

CH(s) + H(s) - CH2(s) +Rh(s) 3Jxl021 68.0

CH(s) + Rh(s) - C(s) +H(s) 3.7X1021 21.0

C(s) + H(s) - CH(s) +Rh(s) 3.7X1021 172.8

CH4(s) + O(s) - CH3(s) +OH(s) 1.7xl024 80.3

CH3(s) + OH(s) - CH4(s) +0(s) 3.7xl021 24.3

CH3(s) + O(s) - CH2(s) +OH(s) 3.7x1024 120.3

CH2(s) + OH(s) - CH3(s) +0(s) 3.7xl021 15.1

CH2(s) + O(s) - CH(s) +OH(s) 3.7X1024 158.4

CH(s) + OH(s) - CH2(s) +0(s) 3.7xl021 36.8

CH(s) + O(s) - C(s) +OH(s) 3.7X1021 30.1

C(s) + OH(s) - CH(s) +0(s) 3.7X1021 145.5

2.3. Numerical solution
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2.3.1. Models and boundary conditions

Monoliths are often employed as catalytic reactors due to their high surface to volume

ratio and relatively low pressure drop [10]. The computational domain employed in this study

consists of a single cylindrical channel of a monolith reactor (Fig. 2.1). All channels of the

monolith are covered by a catalytic washcoat, which fills up the edges ofthe channels. Hence,

the approximation of a cylindrical channel is realistic. The outer boundary of the monolith

reactor is assumed to be ideally insulated. Inlet and outlet conditions are uniform; therefore

the condition in each channel is the same. Hence, the monolith reactor is approximated as

radially symmetric, which is reasonable if the number of channels is large [5, 11]. The flow is

always laminar with a Reynolds number of approximately 10 for the inlet flow. The channel

reactor is described by the 2-D radially symmetric conservation equations.

Fig. 2.1. Sketch ofa monolith reactor.

The flow enters the reactor with a uniform inlet velocity u = 1 m s" and a temperature T

= 850 K. The channel diameter is d = 1 mm, which is a typical tube diameter of a monolith

reactor. The pressure at the outlet is constant, p
= 1 bar. Inlet composition of the gaseous

mixture is defined by the stoichiometric equivalence ratio that is based on the POX reaction

mechanism and is written as

Two different models are investigated in this study. The first is the insulated channel

model (ICM) and contains only one computational domain, namely the flow inside the

channel (Fig. 2.2a). Previous 2-D investigations have already been performed using the ICM
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model [5]. The channel wall inner surface where the catalytic reaction takes place is adiabatic.

The second model is the conductive wall model (CWM) which consists of two computational

domains. The first domain is the flow channel and the second one is the thermally conductive

channel wall (Fig. 2.2b). The catalytic reaction takes place at the interface between wall and

channel. The boundary condition of the numerical model at the outer diameter of the wall is

set to be adiabatic, because the monolith reactor is approximated as radially symmetric. Also

adiabatic are the wall boundaries at the inlet and outlet. The channel wall represents the solid

part of the monolith. The thickness of the solid part of a real monolith reactor with washcoat

is not exactly uniform. Therefore, the wall thickness used in the numerical model represents

an averaged half-thickness ofthe solid part. A typical monolith material is cordierite, which is

-i i^-i
a ceramic with a thermal conductivity k = 2.76 W m" K

(a) Methane / Air

S
dr/d/-=0

Channel

p.

+X

(b)

dT/dx = 0

Methane/Air

r z
dT/dr = 0

^*

Channel
. .

- dT/dx = 0

->X

Fig. 2.2. a) Computational domain and boundary conditions ofthe insulated channel model

(ICM) and b) ofthe conductive wall model (CWM).

Important characteristics for methane reforming are methane conversion and hydrogen

yield. Methane conversion is defined as the ratio between converted methane at a position

along the channel and the inlet flux ofmethane. It reads

(28)
m,

CH4,in

Hydrogen yield characterizes the performance of the reactor with respect to the hydrogen

production. It is the ratio of the produced hydrogen to the theoretical maximum amount of

hydrogen

1 rhyy IMm
V

* ^CH^in '-CH4
(29)
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Hydrogen selectivity defines the molar fraction between hydrogen and of all hydrogen

containing species, which are in this case hydrogen and water. It is an indicator whether

hydrogen or water is preferentially produced and reads as

Cm =
"*° IMm

. (30)
mH1IMm+mmoIMmo

Carbon monoxide selectivity defines the molar fraction between produced carbon

monoxide and the molar fraction of all carbon containing gas-phase species that are in this

case carbon monoxide and carbon dioxide. It is an indicator for the effectiveness of carbon

monoxide production and is defined as

£co=
co co

• (31)
WCO/MCO+WC02/MC02

2.3.2. Solution method, grid independency

To numerically solve the coupled set of partial differential equations the finite-volume

method is used. The licensed solver employed is CFD-ACE distributed by ESI US R&D Inc.

A structured grid is set on all employed models. It is finer at the inlet region than at the outlet

region due to the larger gradients of especially temperature and water concentration. The grid

is also finer near the catalytic fluid-solid interface due to higher species concentration and

velocity gradients. A central scheme for spatial differentiation and an algebraic multi-grid

solver are utilized with a convergence criterion of lxl 0"6. The SIMPLEC algorithm calculates

the pressure correction of the flow field. Due to strong nonlinearities, the surface reaction

boundary condition cannot be solved by direct inversion. An iterative procedure is needed,

which is in this case the coupled Newton-Raphson method. Grid independency is reached for

the ICM with 7527 cells. The contour plot of hydrogen molar fraction inside the channel is

compared to the ICM with 15517 cells and shows no visible difference. Comparing the two

models, the hydrogen yield differs only by 0.37% at the channel outlet. Carbon deposition on

the channel wall at the outlet is only by 0.40% lower for the ICM with 7527 cells than for the

ICM with 15517 cells. Grid independency for the CWM is reached with 10028 cells. This

model is compared to the CWM with 12738 cells and shows no visible difference for the

contour plots of hydrogen molar fraction. Comparing the fine and the coarse CWM models,

the hydrogen yield differs only 0.11%. Carbon deposition on the channel wall at the outlet is

only 0.53% lower for the CWM with 10028 cells than for the CWM with 12738 cells.
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2.4. Results and Discussion

Chaniotis and Poulikakos [5] identified the equivalence ratio 0.6 < <j> < 1.0 as the region

of interest of an insulated wall channel reactor due to high hydrogen yield and low catalyst

deactivation. The parameters that vary in the present study are the thermal conductivity, the

equivalence ratio, and the wall thickness. The thermal conductivity varies in the range from k

= 0.0276 W m"' K"1 which represents good thermal insulators such as expanded polystyrene to

k = 0.276 W m"1 K"1 that is typical for polymers to k = 2.76 W m"1 K"1 that represents ceramics

(e.g. cordierite) to k = 27.6 W m"1 K"1 (e.g. aluminum oxide) to k = 276 W m"1 K"1

representing metals (e.g. aluminum: k = 237 W m"1 K"1). The equivalence ratio variation

ranges from the fuel lean regime to the stoichiometric condition (0.7 < ^ < 1.0). The wall

thickness ofthe numerical model is varied between t = 0.0375 mm and t = 0.15 mm.

2.4.1. Equivalence ratio 4 ~ 0*8

The temperature of the gaseous mixture at the channel catalytic inner surface is plotted

for the ICM and the CWM with different thermal conductivities (Fig. 2.3a). For all models

and thermal conductivities, the temperature varies non-monotonically along the axial direction

featuring a maximum in the first fifth of the channel length. Therefore the surface reactions

are exothermic in this segment of the channel and endothermic in the second much longer

segment. The CWM with the lowest thermal conductivity (k - 0.0276 W m"1 K"1) has nearly

the same temperature distribution as the ICM. This is physically correct, because the ICM is

the solution if the wall thermal conductivity approached zero. The CWM with the highest

thermal conductivity (k = 276 W m"1 K"1) has almost uniform wall temperature. This is also

logical since the isothermal wall solution is equivalent to the solution of the thermal

conductivity approaching infinity. The numerical computation shows that the lower the

thermal conductivity the higher the maximum wall temperature. An interesting outcome is the

wall temperature at the outlet that shows non-monotonic behavior with respect to the thermal

conductivity.
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F/g. 2.3. a) Temperature at the channel wall, b) mean gas mixture temperature, c) methane

conversion, and d) hydrogen yield along the channel for an equivalence ratio <j> = 0.8. (-)

represents the ICM model, (- -) represent the CWM models with increasing wall heat

conductivity along the direction ofthe arrow.

The gas mixture temperature averaged over the channel cross section for different

thermal conductivities is shown in Fig. 2.3b. All curves start from the inlet temperature T =

850 K and reach a maximum temperature, featuring a non-monotonic behavior. The

maximum average gas mixture temperature (Fig. 2.3b) is lower than the maximum wall

temperature of the corresponding curve (Fig. 2.3a). The reason for it is the presence of the
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Overall exothermic surface reactions on the channel wall that heats up the gaseous mixture.

Thus, the channel wall temperature is higher than the corresponding mean gas temperature at

the same axial position. The location ofmaximum temperature is farther downstream than the

location ofmaximum temperature of the channel wall, due to mass transport and heat transfer

effects. Again it is found that the lower the wall thermal conductivity, the higher the

maximum average gas mixture temperature.

For all investigated models, the methane conversion rises monotonically along the

channel (Fig. 2.3c). The conversion is faster at the beginning of the channel and slower

downstream. For the first half of the channel it is evident that the lower the thermal

conductivity the higher the methane conversion. In the second half of the channel, there is no

monotonie behavior with respect to thermal conductivity anymore. The total conversion ofthe

highest conductivity wall (k = 276 W m"1 K"1) exceeds that of k = 21.6 W m"1 K"1 and k = 2.76

W m-1 K"1.

The hydrogen yield rises monotonically along the channel for all investigated cases (Fig.

2.3d). In the first half of the channel it can be seen that the lower the thermal conductivity the

higher the hydrogen yield. This behavior does not hold for the second half of the channel. The

highest hydrogen yield is reached by the CWM with the lowest thermal conductivity k and the

lowest yield corresponds to k = 2.76 W m"1 K"1. The non-monotonic behavior with respect to

the thermal conductivity k in the second part of the channel is of interest and is discussed

below.

The oxygen concentration at the channel wall nearly reaches zero for all models and for x

> 3 mm (Fig. 2.4a). Therefore POX and TOX reactions that use oxygen as a reactant hardly

take place for x > 3 mm. Furthermore two important exothermic carbon gasification (CG)

processes cannot occur without oxygen consumption. They are C + O2 —> CO2 (AH= -393.5

kJ/mol at STP) and C + 0.5 02 -* CO (AH = -110.5 kJ/mol at STP). Thus, for x > 3 mm

carbon can only desorb by reacting with water: C + H2O —> CO + H2 (AH= +131.3 kJ/mol at

STP), which is an endothermic reaction. The water concentration increases monotonically to

reach a maximum concentration located between jc = 0.6 mm (for ICM) and x = 1.1 mm (for

CWM, k = 276 W m"1 K"1) (Fig. 2.4b). Thus, in front of the maximum water concentration

point, the dominant reaction is the water producing TOX, and behind this point, the dominant

reactions are SR and WGS that both consume water. It can be seen that the higher the wall

conductivity the higher the maximum water concentration and therefore the stronger the TOX.
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Heat transport through the channel has an important influence because the maximum wall

temperature decreases with increasing the thermal conductivity.
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Fig. 2.4. a) Oxygen, b) water, c) carbon dioxide, and d) carbon monoxide molarfraction at

the channel wall along the channelfor an equivalence ratio <j> = 0.8. (-) represents the ICM

model, (- -) represent the CWM models with increasing wall heat conductivity along the

direction ofthe arrow.

The carbon dioxide molar fraction increases monotonically along the channel for all

models (Fig. 2.4c). The molar concentration of carbon dioxide near the inlet is around 10
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times lower than the molar water concentration. The only water and carbon dioxide producing

mechanism that is important at the beginning of the channel (WGS is barely active) is TOX.

Therefore, the carbon dioxide concentration should be around half the water concentration. In

order to solve this contradiction the mechanistic reaction scheme must be modified. A

splitting of TOX in two parts is proposed. The first part is the carbon monoxide generating

process (COG) CH4 + 1.5 02 -> CO + 2 H20 (AH = -519.3 kJ/mol at STP) and the second

part is the oxidation of carbon monoxide (OXCO) CO + 0.5 02 -> C02 (AH = -172.5 kJ/mol

at STP). If these two parts are combined, the TOX mechanism is obtained. The splitting of

TOX in two parts is already proposed for homogeneous reactions [12]. Thus, near the inlet

COG is more active than OXCO for all thermal conductivities. The higher the thermal

conductivity the stronger the COG and the weaker the OXCO.

It is visible in Fig. 2.4d that the lower the thermal conductivity of the wall the higher the

carbon monoxide mole fraction in the first half of the channel, hence the stronger the POX.

The curves are monotonically increasing along the channel for all models, therefore at least

one of the CO producing reactions POX, SR, COG, and dry reforming (DR), expressed by

CB, + C02 -* 2 CO + 2 H2 (AH = +247.3 kJ/mol at STP) must be active everywhere inside

the channel. For x > 3 mm, where hardly any oxidation reaction take place, the carbon

monoxide producing SR is stronger than the carbon monoxide consuming WGS because the

CO concentration constantly increases along the channel.

The carbon dioxide consuming DR is weak because the carbon dioxide concentration

constantly increases along the channel (Fig. 2.4d). It is worth noting that for x > 3 mm, the

higher the thermal conductivity, the stronger the SR due to steeper curves which indicate

higher production rates.

The adsorbed carbon site fraction on the catalytic reactive surface is the lowest for the

ICM (Fig. 2.5a). The locally highest value along the channel is dependent on the thermal

conductivity of the wall. At the beginning of the channel, the highest carbon concentration is

obtained for CWM with k = 276 W m"1 K"1. At channel outlet highest concentration is

calculated for CWM with k = 2.76 W m"1 K"1. Carbon deposition can mainly be described by

three mechanistic reaction mechanisms. The endothermic process (CDl) CH4 —> C + 2 H2

(AH= +74.9 kJ/mol at STP) competes with the exothermic reactions (CD2) 2 CO - C + C02

(AH= -172.5 kJ/mol at STP) and (CD3) CO + H2 -+ C + H20 (AH= -283.0 kJ/mol at STP).

Comparing the sticking probability of methane /cm
= 0.008 to the one of carbon monoxide
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yto
= 0.5, it is clear that CD2 and CD3 are more important for the carbon deposition process.

Thus, carbon is deposited by CD2 and CD3 if the CO concentration at the wall is high, i.e. for

low conductive wall models. Another competing process is carbon gasification, which is the

conversion of carbon into carbon containing species that eventually desorb from the surface.

Conversion and desorption are both described in Arrhenius form. Thus, the higher the wall

temperature the stronger the conversion and the desorption rates. Therefore, the carbon

gasification is strong for low conductive wall models. Either very high thermal conductivity

or very low thermal conductivity results in low carbon concentration on the surface, though

due to different reasons. Low conductive wall models have a low carbon concentration on the

surface due to strong carbon gasification rates, whereas high conductive wall models have a

low carbon concentration due to weak carbon deposition processes. Low surface site fraction

of carbon is favored due to low catalyst deactivation.
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Fig. 2.5. a) Carbon site fraction at the channel wall, b) hydrogen selectivity, and c) carbon

monoxide selectivity along the channel for an equivalence ratio 0 = 0.8. (-) represents the

ICM model, (- -) represent the CWM models with increasing wall heat conductivity along the

direction ofthe arrow.

Hydrogen selectivity shows a constant rise along the channel for all models (Fig. 2.5b).

Near the inlet the water producing COG is stronger than the hydrogen producing POX

because the hydrogen selectivity is below 0.5. Downstream, the water producing reactions are

weaker than the water consuming and hydrogen producing reactions SR and WGS.
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Carbon monoxide selectivity has high values from the beginning to the end of the

channel (Fig. 2.5c). Thus OXCO and WGS are less active than carbon monoxide producing

reactions and therefore the higher the thermal conductivity the higher the carbon monoxide

selectivity.

The molar production rate of methane is plotted in Fig. 2.6a and can be split in two

regions: Oxidative reactions are dominant in the first region (x < 3 mm); non-oxidative

reactions are prevailing in the second region (x > 3 mm). The higher the thermal conductivity

the lower the consumption rates ofmethane in the first region thus the weaker POX and COG.

In the second region the behavior is opposite. The heat produced due to exothermic reactions

in the first region is transported downstream inside the channel wall and enhances the

endothermic SR in the second region. This mechanism is stronger for high thermal

conductivities.

25



x10 x10

1.6

1.2

0.8

0.4

-ICM

A~
—k=0.0276Wm"1K"1

^--0.276

[\^ ,--0.873

2.76

\\ /^ 8.73

\, s- -4r\v/^/27.6
-**C^-—276

(b)
4 6

x[mm]

10

x10

Fig. 2.6. a) Molar production rate ofmethane, b) hydrogen, and c) water along the channel

for an equivalence ratio <f> = 0.8. (-) represents the ICM model, (- -) represent the CWM

models with increasing wall heat conductivity along the direction ofthe arrow.

Hydrogen production rate shows a similar behavior (Fig. 2.6b). In the first region the

hydrogen production is higher at lower conductivities due to stronger POX. In the second

region the heat transported through the wall enhances the endothermic hydrogen producing

SR and DR. However, DR is assumed to be weaker than SR due to the sticking probability of

C02, which is around 1000 times smaller than the sticking probability of H2O [9]. The higher

the thermal conductivity the higher the hydrogen production rate in the second region of the
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channel. This explains the non-monotonic behavior of hydrogen yield with respect to thermal

conductivity (Fig. 2.3d).

It can be seen that the lower the thermal conductivity the earlier the transition from water

production to water consumption (Fig. 2.6c). Hence for low conductivity walls, domination of

SR over COG occurs earlier.

2.4.2. Variation of equivalence ratio

The equivalence ratio determines the ratio between carbon and oxygen atoms at the inlet

and therefore influences the activity of the reactions. It is found that the mean gas mixture

temperature at the outlet of the channel is dependent both on the equivalence ratio and on the

thermal conductivity of the channel wall (Fig. 2.7a). The lower the equivalence ratio $, the

higher the outlet temperature for the same thermal conductivity, because the lowest

equivalence ratio employed ^ = 0.7 is nearest to the stoichiometric equivalence ratio of the

highly exothermal TOX ($jtoich = 0.25) and COG (^toich = 0.33) reactions. For all equivalence

ratios employed, there is a minimum outlet temperature obtained for thermal conductivities in

the range k ~ 1 - 10 W m"1 K"1. The outlet temperature is mainly influenced by the heat

producing COG, OXCO, and POX, the heat consuming SR and the heat transport through the

channel wall. For a low thermal conductivity the heat transport is weak, hence SR barely

cools down the flow, which leads to a high outlet temperature. In the minimum outlet

temperature range, the cooling effect of the SR is strong and prevails over the heat conduction

mechanism that distributes the heat in the axial direction. For higher thermal conductivities,

the heat transport becomes more important than the cooling effect of SR. Thus, higher outlet

temperatures are obtained.
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Fig. 2.7. a) Mean gas mixture temperature, b) methane conversion, c) hydrogen yield, and d)

surface sitefraction ofadsorbed carbon at the outletfor different equivalence ratios <j>.

At the channel outlet it is visible that the lower the equivalence ratio the higher the

methane conversion for a given thermal conductivity (Fig. 2.7b). For a constant equivalence

ratio, the maximum conversion is obtained with minimal thermal conductivity of the channel

wall, due to strong oxidative reactions near the channel inlet. Minimum conversion is reached

for thermal conductivity of about k ~ 10 - 300 W m'1 K"1. For even higher thermal

conductivities the methane consumption by SR in the second half of the channel compensates

the weaker oxidative reactions near the inlet, therefore higher total methane conversion is
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obtained. The amount of methane conversion can differ up to 16% for the two employed

models ICM and CWM.

Hydrogen yield is also both dependent on the wall thermal conductivity and the

equivalence ratio (Fig. 2.7c). The highest hydrogen yield is obtained for the CWM with the

lowest thermal conductivity for each equivalence ratio. The hydrogen yield for the ICM is

slightly lower. This is due to the detailed modeling of the channel and the surface reaction

mechanism. Noticeably a small wall thermal conductivity increases the activity of SR more

than it reduces the POX mechanism. Hence, the performance of the reactor is enhanced. By

further increasing the wall conductivity, the reduction of activity of the POX mechanism

prevails over the increase of activity of the SR. Thus, the hydrogen yield decreases to finally

reach a minimum for a thermal conductivity of around b8Wm'' K"1 where the COG and

POX mechanisms are weak and the SR cannot sufficiently compensate the hydrogen

production. By further increasing the thermal conductivity, the SR mechanism becomes

stronger and balances better the weaker oxidative reactions. The globally highest hydrogen

yield of 0.81 is obtained with equivalence ratio <f> = 0.8 and thermal conductivity k = 0.0276

W m"1 K"1. For technical applications with ceramic monoliths (k ~ 2.76 W m"1 K"1) the highest

calculated value is obtained for an equivalence ratio ^ = 0.7. The trend implies that hydrogen

yield is increased further for even lower equivalence ratios. In all, hydrogen yield can vary

significantly up to 20% for different wall conductivities.

The higher the equivalence ratio, the lower the carbon concentration at the channel wall

for the same thermal conductivity, because more oxygen atoms are present to react with

carbon atoms (Fig. 2.7d). For the equivalence ratio <j> = 1.0 the maximum carbon deposition is

obtained from the model with the least conductive walls, or the ICM respectively. This is due

to the weakly water consuming CG that is more active if heat is conducted through the walls.

For the equivalence ratio ^ = 0.9 the curve has a similar shape with the maximum on the low

conductivity side and the minimum on the high conductivity side. The curves for the

equivalence ratio <f> = 0.8 and <p = 0.7 are different. The origin of their shape is discussed in

detail previously. Carbon deposition plays a major role in autothermal reforming because of

catalyst deactivation. Low carbon site fraction is therefore desired.

The maximum wall temperature is an important parameter in the reforming processes,

because a high temperature can decompose the channel wall material, catalyst, catalyst

support and/or washcoat. Thus, low maximum wall temperatures are desired. Fig. 2.8a shows
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evidence that the lower the equivalence ratio, the higher the maximum temperature for the

same wall conductivity because a lower equivalence ratio provides more oxygen to the

reactive sites to feed the exothermic oxidative reactions. For a constant equivalence ratio, the

highest value of the maximum wall temperature is obtained for the ICM, because the heat

produced at the catalytic wall cannot be distributed through the channel wall. If the wall

thermal conductivity is increased, the value of maximum wall temperature decreases. The

endothermic SR, which is more active for conductive wall models, further lowers the value of

maximum temperature. The value of maximum temperature can differ up to 477 K for the

different cased considered.
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Fig. 2.8. a) Maximum wall temperature and b) location of the maximum wall temperature

along the channelfor different equivalence ratios (j>.

The location of maximum wall temperature is an indicator for the transition point (TP)

from overall exothermic to overall endothermic reactions. It can be seen that the lower the

equivalence ratio the farther downstream the TP for a given thermal conductivity (Fig. 2.8b)

because a lower equivalence ratio provides more oxygen at the inlet and therefore can feed the

exothermic reactions longer. The competitive mechanisms that determine the location of the

TP are heat conduction through the walls that tends to shift the maximum wall temperature

toward the middle of the channel, and SR that tends to shift the TP toward the inlet and is
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more active for conductive walls. For a constant equivalence ratio, the TP is farthest upstream

for the most conductive walls due to the dominant SR.

2.4.3. Variation of wall thickness

Heat transport through the solid wall is not only dependent on the thermal conductivity of

the wall but also on the cross-sectional area of the solid. In the numerical model, the wall

thickness directly represents the cross-sectional area and therefore influences the physical and

chemical behavior inside the reactor channel. It is shown in Fig. 2.9a that the thinner the wall

the higher the maximum wall temperature for the same thermal conductivity. For very low

thermal conductivities and very high thermal conductivities, the heat transport is not a

function of the wall thickness anymore. To this end, the maximum wall temperature for the

CWM with k = 0.0276 W m"1 K"1 is nearly the same for all wall thicknesses. The maximum

wall temperature for the CWM with k = 276 W m"1 K"1 is also almost identical for all wall

thicknesses. Increasing the wall thickness has a similar effect as increasing the wall

conductivity for 0.276 < k < 27.6 W m"1 K"1 because it enhances the wall heat transport.
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Fig. 2.9. a) Maximum wall temperature, b) methane conversion, c) hydrogen yield, and d)

surface sitefraction ofadsorbed carbon at the outletfor an equivalence ratio (f> = 0.8 andfor

different wall thicknesses t (mm).

Similar behavior is illustrated in (Fig. 2.9b, c, and d) where the methane conversion,

hydrogen yield, and carbon deposition at the outlet are plotted for different thermal

conductivities and different wall thicknesses. In the low conductivity limit k = 0.0276 W m"

K"1, the values are almost the same for all wall thicknesses. The same is true for the high

conductivity limit k = 276 W m"1 K"1, where the values are nearly coincident for all modeled
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wall thicknesses. Clearly, varying the wall thickness can strongly influence reactor

effectiveness and must be thoroughly considered in design decisions.

2.5. Conclusions

The effect of heat conduction through the channel wall of an autothermal methane

microchannel reformer has been investigated. Two different models have been employed, one

limited model consisting only of the inner channel domain with an adiabatic boundary, thus

neglecting wall conductivity, and the other (the main focus of the work) consisting of two

domains, the flow channel and the thermally conductive channel wall. The outer wall

boundary is assumed adiabatic due to symmetry conditions in a monolith.

The thermal modeling of the channel wall proved to be important in predicting the

reactor behavior. To this end, the value of the maximum channel wall temperature can differ

up to 477 K. Maximum methane conversion is obtained if the channel wall is not conductive.

A conductive channel wall yielded methane conversion up to 16% lower, which is a marked

reduction of reactor performance. The hydrogen yield was highest for a low wall thermal

conductivity k = 0.0276 W m"1 K"1 and an equivalence ratio <p= 0.8. By increasing the thermal

conductivity the hydrogen yield was reduced up to 20%. It is deemed necessary to model the

channel wall in order to predict the reactor performance correctly.

In technical applications, where the channel walls are made either of ceramics or metals,

investigation of the channel wall conduction has a substantial effect on accuracy; neglecting

the thermal conductivity of the channel wall overpredicts significantly the methane

conversion, hydrogen yield, and maximum wall temperature.
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3. Optimization of methane reforming in a microreactor - effects

of catalyst loading and geometry15

Abstract

In this paper, the effect of the catalyst surface site density (catalyst amount) and reactor

geometry on the reforming process of methane in a wall-coated, single-channel microreactor

is investigated numerically. Such a reactor, consisting of a tubular flow channel and a thermal

conductive channel wall, is a good representation of micro-fabricated channels and monoliths.

It is found that the hydrogen selectivity changes significantly with varying catalyst loading,

which is an unexpected result. Thus, the reaction path leading to higher hydrogen production

becomes more important by increasing the catalyst surface site density on the active surface.

This is due to the splitting rate of methane and water, which is a function of catalyst density.

Furthermore, this study shows the importance of scaling the inlet volume flow not only by the

reactor volume (gas space velocity) but also by the catalyst amount (catalyst space velocity).

Another unexpected result is the presence of optimum channel geometry and optimum

catalyst amount if the gas space velocity and the catalyst space velocity are constant. This

enforces the necessity of coordinating the channel diameter, the inlet volume flow rate, and

the catalyst amount in order to obtain the maximum reformer performance. Furthermore, it is

absolutely necessary to specify the catalyst amount, the inlet conditions and the geometry in

order to characterize sufficiently a catalytic reactor.

b This chapter is published in:

M.J. Stutz, D. Poulikakos (2006), Chemical Engineering Science, 61,4027 - 4040.



Latin

A pre-exponential constant, in m, mol, s, K

CSV catalyst space velocity, m3 s"1 kmol"1

d channel diameter, m

Ea activation Energy, J

GSV gas space velocity, s"1

H enthalpy of formation, J mol"1

k thermal conductivity, W m"1 K"1

l channel length, m

M molecular weight, kg mol"1

m mass flow, kg s"1

n number of surface sites, mol

P pressure, Pa

T temperature, K

u velocity, m s"1

V volume, m3

V volume flow, m3 s"1

X axial coordinate, m

X, mole fraction of species i

Greek

y sticking probability

Çm hydrogen selectivity

</> equivalence ratio

n methane conversion

v hydrogen yield

Indices

cat catalyst

in inlet

reactor reactor
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stoich stoichiometric

STP standard temperature and pressure

3.1. Introduction

In recent years, the interest in portable fuel cell micropowerplants has increased

significantly. Fuel cell micropowerplants are an alternative for power generation in mobile

devices such as cell phones, cameras, and notebooks. Because of the high energetic efficiency

of fuel cells, the energy density per volume and per weight of fuel cell systems is able to

compete favorably with rechargeable batteries used in mobile devices today [1, 2].

Due to the difficulty to store hydrogen in a micro system, on-board hydrogen production

by processing a hydrocarbon fuel is a preferred solution. Fuel cell micropowerplants have

shown to be promising due to their high exergetic efficiency [3]. A possible approach is the

autothermal reforming of methane and dry air to syngas consisting of hydrogen and carbon

monoxide, which combines partial oxidation (POX), steam reforming (SR), and water gas

shift reaction (WGS) [4]. The most important reactions in such a catalytic reformer are listed

in Table 3.1 with their enthalpy of formation at standard conditions.

Table 3.1. Important mechanistic reactions inside the reformer and their enthalpy of

formation at standard temperature andpressure.

Af/sTP, kJ mol

Partial oxidation (POX) CH4 + 0.5 02 - CO + 2 H2 -35.7

Steam reforming (SR) CH4 + H20 -> CO + 3 H2 +206.1

Water gas shift (WGS) CO + H20 -* C02 + H2 -41.2

Total oxidation (TOX) CH4 + 2 02 -> C02 + 2 H20 -802.3

CO generation (COG) CH4+1.5 02^CO + 2H20 -519.3

Oxidation of CO (OXCO) CO + 0.5 02 -» C02 -172.5

To investigate the fundamental transport phenomena inside a catalytic reactor, numerical

simulations with detailed reaction schemes have been applied [5]. The influence of diffusive

and convective transport inside the flow channel has been investigated by comparing the

results of a model based on the Navier-Stokes equations for the fluid flow with simplified
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models [6]. The effect of wall thermal conductivity on the reforming process has been shown

to be significant [4].

Several recent investigations, such as the studies mentioned above, show that two

parameters are crucial for the characterization of a catalytic reformer: the gas space velocity

(GSV) and the catalyst space velocity (CSV). The GSV is defined as the ratio of gas volume

flow at the reactor inlet Vm to the total reactor volume Freactor and reads

GSV = V IV
. (1)

More specifically, the CSV is defined as the ratio of gas volumetric flow rate through the

reactor inlet to the amount of catalyst on the reactor surface. The amount of catalyst in

experiments is often defined in terms of mass [7]. More accurately, it should be quantified by

the catalytically active sites «cat. Thus, in this study the CSV is defined as

V IV
CSV= in ^

. (2)

If the reforming process is fully transport limited, the reactor performance is constant for

constant GSV. If the reforming process is fully reaction rate limited, the reactor performance

is constant for constant CSV. In practice, the reactor performance depends on both GSV and

CSV. However, the coupled and simultaneous influence of both these parameters has not been

considered in the literature.

In this paper, the effect of catalyst loading and reactor geometry defined by GSV and

CSV on the performance of a methane microreactor is investigated. The channel wall heat

transfer is included in the axisymmetric numerical model of an autothermal tubular reformer,

described by an explicit model of the flow channel and a detailed elementary surface reaction

mechanism consisting of 38 steps.

3.2. Mathematical formulation

The conservation equations of mass, momentum, energy and species are formulated in

order to describe the transport phenomena in a microchannel reformer. This leads to a set of

non-linear partial differential equations that are solved for steady-state conditions. The inlet

Reynolds number is for all considered cases below 31. Therefore, the flow inside the

microchannel is always laminar. The model consists of a single channel with thermal
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conductive walls that are insulated at the outer boundaries. The mathematical formulation of

all used models is identical to that of a previous study [4] and is therefore not repeated.

The reaction mechanism employed in this study consists of 38 elementary reaction steps,

7 gas phase species and 12 surface adsorbed species [8]. The inlet fluid is methane and dry air

that reacts on a rhodium coated surface.

3.3. Numerical solution

3.3.1. Models and boundary conditions

The catalytic reactor investigated in this study consists of a single, tubular channel that

represents a microfabricated channel or a monolith reactor (Fig. 3.1a). Monoliths are often

used as a reformer due to their high surface to volume ratio and relatively low pressure drop

[9-11]. The approximation of cylindrical channels inside a monolith reactor is realistic,

because all channels are covered by a catalytic washcoat, which fills up the edges of the

channels. The outer boundary of the monolith reactor is assumed to be ideally insulated and

the whole reactor is approximated as radially symmetric, which is reasonable if the number of

channels is large [6, 12]. The channel length in this study is / = 10 mm and the diameter d=\

mm. The flow in the channel is always laminar with a Reynolds number of the inlet flow

having an order of magnitude of 10. The channel reactor is described by the 2-D conservation

equations for a cylindrical coordinate system.
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Fig. 3.1. (a) Sketch of a monolith reactor and (b) computational domain and boundary

conditions ofthe numerical model.

The flow enters the reactor with a temperature T = 850 K. The pressure at the outlet is

constant p =10 Pa. The inlet composition of the gaseous mixture, which consists of methane

and dry air, is defined by the stoichiometric equivalence ratio that is based on the POX

reaction mechanism and written as

l*CH4 ' X02 )stmc]l Z

The equivalence ratio is constant for all investigations and set equal to <f> = 0.8.

The used model is a conductive wall model which consists of two computational

domains. The first domain is the flow channel and the second is the thermally conductive

channel wall (Fig. 3.1b). The catalytic reaction takes place at the interface between wall and

channel. The boundary condition of the numerical model at the outer diameter of the wall is

set to be adiabatic, because the monolith reactor is approximated as radially symmetric. Also

adiabatic are the wall boundaries at the inlet and outlet. The channel wall represents the solid

part of the monolith. The thickness of the solid part of a real monolith reactor with washcoat

is not exactly uniform. Therefore, the wall thickness used in the numerical model represents

an averaged half-thickness ofthe solid part. A typical monolith material is cordierite, which is

a ceramic with a thermal conductivity k = 2.76 W irf'-K"1. To make the results of different

investigations comparable, the thermal resistance inside the channel wall in axial direction has
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to be constant. Therefore, the cross sectional area of the wall is constant for all investigations

and set to 0.253 mm2. If the radius of the flow channel is varied, the wall thickness changes

accordingly.

Important performance characteristics for methane reforming are methane conversion

and hydrogen yield. Methane conversion is defined as the ratio between converted methane at

a position along the channel and the inlet flux of methane. It reads

jj =
WCH4.m~mCH4

^
WJCH4,m

Hydrogen yield characterizes the performance of the reactor with respect to the hydrogen

production. It is the ratio of the produced hydrogen to the theoretical maximum amount of

hydrogen

_

1 A/fa iMm
,^,

2 CH4,,n /AfCH4

Hydrogen selectivity is defined as the ratio between the molar amount of hydrogen atoms

bound in hydrogen to the molar amount of hydrogen atoms bound in water and hydrogen. It

reads

"*"2 IMm
= iy/tj. (6)

"hao,MHio+i»H2/Mm

3.3.2. Solution method, grid independency

The licensed solver CFD-ACE distributed by ESI US R&D Inc. is employed in order to

numerically solve the coupled set of partial differential equations. Details to this solver can be

found in a previous study [4]. A grid independency study has already been done [4]. By

refining the numerical grid no significant changes in the solution could be found.

3.4. Results and Discussion

Three different cases are investigated in this study, focusing on the effect of the CSV,

GSV and geometry (channel diameter) on the reformer behavior. In the first part, the

geometry and GSV are kept constant and only the CSV is varied. In the second part, the

influence of CSV on reactor performance is studied. The GSV and geometry are left

unchanged. The last part deals with the behavior of different channel diameters at constant

CSFand GSV
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3.4.1. Constant GSV, variable CSV

The influence of catalyst amount on the catalytic reaction process is investigated for a

constant reactor geometry, constant inlet conditions, and constant GSV= 100 s" (um = 1 m s" )

for different values of CSV. In these cases, a low CSV corresponds to a high catalyst amount

(Eq. 2) and therefore a high catalyst density on the interface between flow channel and

channel wall. The catalyst amount is represented by the number of exposed active catalyst

sites (in kmol) on the catalytically active rhodium [13].

(a) x[mm] (b) x[mm]

Fig. 3.2. (a) Methane conversion and (b) hydrogen yield along the channelfor different CSV

at a constant GSV = 100 s'1.

Methane conversion is plotted for different CSV in the range between CSV= 0.6x10 m

kmol"1 s"1 and CSV= 3.7x106 m3 kmol"1 s"1 (Fig. 3.2a). These values correspond to the number

of active catalyst sites n^t
= 12.8x10"13 kmol and «cat

= 2.1xl0"13 kmol, respectively. The

methane conversion is monotonie with respect to CSV all along the channel: the lower the

CSV, the higher the methane conversion. This is physically correct, because the higher the

amount of catalyst, the higher the rates of adsorption and catalytic reaction. Maximum

methane conversion (jj = 88.9%) is obtained for a CSV = 0.6x106 m3 kmol"1 s"1, minimum

methane conversion (77 = 61.6%) is calculated for a CSV= 3.7x106 m3 kmol"1 s"1.

The hydrogen yield also shows a monotonie dependence on the CSV (Fig. 3.2b). Thus,

the lower the CSV, the higher the hydrogen yield. This result is also no surprise, since a large
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amount of catalyst implies a high performance of the reactor. The maximum hydrogen yield y/

= 75.9% is obtained for the CSV = 0.6x106 m3 kmol"1 s"1 and the lowest hydrogen yield y/
=

37.1% for CSV= 3.7xl06 m3 kmol"1 s"1. By comparing the difference between maximum and

minimum methane conversion (27.3%) with the difference between maximum and minimum

hydrogen yield (38.8%), it is clear that methane conversion and hydrogen yield are not

equally sensitive to the amount of catalyst. Therefore, the variation of the number of

catalytically active sites does not affect all reactions in the same way. This aspect is

investigated by studying the temperature and the mole fraction of the individual components

at the channel wall.

The temperature at the channel wall increases along the axial direction until a maximum

is reached (Fig. 3.3). After this point the endothermic reactions (mainly SR) are responsible

for the monotonie decrease of wall temperature in the axial direction [4]. It is visible that the

higher the CSV, the higher the maximum wall temperature. Thus, decreasing the catalyst

amount leads to an increase of the rate of exothermic reactions. The temperature drop from

the maximum temperature to the outlet temperature of the wall is a good indicator of the

intensity of the endothermic reactions. The difference from the maximum to the outlet

temperature is monotonie with respect to the CSFand ranges from 173 K for the highest CSV

to 246 K for the lowest CSV. Therefore SR, which is the dominant endothermic reaction in

that part of the channel, is strong if the amount of catalyst is high. Hence, by increasing the

amount of catalyst, the oxidative exothermic reactions near the inlet become weaker and the

endothermic SR becomes stronger.
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Fig. 3.3. Temperature at the channel wall along the channelfor different CSV at a constant

GSV= 100 s'1.

The oxygen mole fraction at the channel wall is almost identical for all investigated cases

(Fig. 3.4a). It decreases monotonically along the channel to reach a point where hardly any

oxygen is left to support oxidative catalytic reactions. In this study, this is defined as the

oxygen deficient region, where oxygen mole fraction is below 0.1%, which corresponds to an

oxygen conversion of about 99.4%. For all CSV, the oxygen deficient region starts at nearly

the same location (x = 2.7 mm). Therefore, the oxygen mole fraction is hardly dependent on

catalyst density. Only the curve for the highest CSV, corresponding to a minimum catalyst

amount, can be clearly distinguished from the other curves. Thus, it is evident that the

adsorption process of oxygen is very fast and the gas-phase transport inside the flow channel

determines the adsorption rate of oxygen. Influence of the amount of catalyst becomes only

important if a certain level is reached.
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Fig. 3.4. (a) Oxygen, (b) water, (c) carbon monoxide, and (d) carbon dioxide molefraction at

the channel wall along the channelfor different CSV at a constant GSV = 100 s~.

The water mole fraction at the channel wall increases almost at equal initial rates for all

CSVright behind the inlet (Fig. 3.4b). However, the maximum value reached is dependent on

the amount of catalyst; the higher the CSV the higher the maximum water mole fraction.

Therefore the lower the amount of catalytically active sites, the higher the water production

rate. Thus, TOX and COG are stronger for the models with high CSV. This can be explained

by the adsorption process, which is different for methane and oxygen. The sticking coefficient

of methane on rhodium y
= 0.008 is of the same order of magnitude as that of oxygen on
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rhodium y= 0.01 (Table 3.2). However, once oxygen has been adsorbed, it is found on the

rhodium surface as two single adsorbed atoms O(s). If methane has been adsorbed, the

hydrogen-carbon bonds have not split immediately. An adsorbed methane molecule CH4(s)

first has to split the carbon-hydrogen bonds and eject the hydrogen atoms to become CH3(s),

then CH2(s), then CH(s) and finally C(s). Eventually the carbon atom is ready to bond an

oxygen atom. These splitting reactions always need free rhodium sites if a reaction with

oxygen is avoided. If these sites are scarce, the probability of oxygen bonding to hydrogen is

higher than the bonding ofoxygen to carbon leading to strong COG and TOX.

Table 3.2. Surface reaction mechanism

1. Adsorption

r

H2 + Rh(s) + Rh(s) - H(s) +H(s) 0.01

02 + Rh(s) + Rh(s) - O(s) +0(s) 0.01

CTL, + Rh(s) - CH4(s) 0.008

H20 + Rh(s) - H20(s) 0.1

C02 + Rh(s) - C02(s) lxlO"5

CO + Rh(s) —" CO(s) 0.5

A, (cm,mol,s) Ea, kJ mol"1

2. Desorption

H(s) + H(s) - Rh(s) +Rh(s) + H2 3.0xl021 77.8

O(s) + O(s) - Rh(s) +Rh(s) + 02 lJxlO22 355.2-280 6b(s)

H20(s) - H20 +Rh(s) 3.0x10° 45.0

CO(s) - CO +Rh(s) 3.5xl013 133.4-15 ébo(s)

C02(s) -> C02 +Rh(s) l.OxlO13 21.7

CH4(s) —> CH4 +Rh(s) l.OxlO13

A, (cm,mol,s)

25.1

Ea, kJ mol"1

3. Surface reactions

H(s) + O(s) - OH(s) +Rh(s) 5.0x1022 83.7

OH(s) + Rh(s) - H(s) +0(s) 3.0x1020 37.7

H(s) + OH(s) - H20(s) +Rh(s) 3.0x1020 33.5

H20(s) + Rh(s) - H(s) +OH(s) 5.0x1022 104.7
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OH(s) + OH(s) - H20(s) +0(s) 3.0xl021 100.8

H20(s) + O(s) - OH(s) +OH(s) 3.0xl021 171.8

C(s) + O(s) - CO(s) +Rh(s) 3.0x1022 97.9

CO(s) + Rh(s) - C(s) +0(s) 2.5xl021 169.0

CO(s) + O(s) - C02(s) +Rh(s) 1.4xl020 121.6

C02(s) + Rh(s) -> CO(s) +0(s) 3.0x1021 115.3

CH4(s) + Rh(s) - CH3(s) +H(s) 3.7xl021 61.0

CH3(s) + H(s) - CH4(s) +Rh(s) 3.7xl021 51.0

CH3(s) + Rh(s) - CH2(s) +H(s) 3.7x1024 103.0

CH2(s) + H(s) - CH3(s) +Rh(s) 3.7xl021 44.0

CH2(s) + Rh(s) - CH(s) +H(s) 3.7x1024 100.0

CH(s) + H(s) - CH2(s) +Rh(s) 3.7xl021 68.0

CH(s) + Rh(s) - C(s) +H(s) 3.7xl021 21.0

C(s) + H(s) - CH(s) +Rh(s) 3.7xl021 172.8

CH4(s) + O(s) - CH3(s) +OH(s) lJxlO24 80.3

CH3(s) + OH(s) - CH4(s) +0(s) 3.7xl021 24.3

CH3(s) + O(s) - CH2(s) +OH(s) 3.7x1024 120.3

CH2(s) + OH(s) —> CH3(s) +0(s) 3.7x1021 15.1

CH2(s) + 0(s) - CH(s) +OH(s) 3.7x1024 158.4

CH(s) + OH(s) - CH2(s) +0(s) 3.7xl021 36.8

CH(s) + 0(s) - C(s) +OH(s) 3.7xl021 30.1

C(s) + OH(s) -> CH(s) +0(s) 3.7x1021 145.5

The location of maximum water mole fraction, which is an indicator for the onset of

water consuming reactions, is also different for the investigated models. It can be seen that the

higher the GST the later the onset of SR (Fig. 3.4b), which is the dominant water consuming

reaction [4]. Adsorption rate of water on rhodium is very high {y~ 0.1). Hence, the location of

maximum water mole fraction is not influenced by the amount of catalyst. Surface reactions

have to be rate limiting. If the water molecule adsorbs on the surface, it is present as H20(s).

The hydrogen-oxygen bonds first have to split before the oxygen atom can connect to a

carbon atom. The splitting procedure always needs free rhodium sites. If these sites are scarce,

the splitting is slow. Thus, the more catalytically active sites are available, the faster the water
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splitting on the surface and the more active the SR. This result is confirmed by comparing the

difference between the maximum water mole fraction and the outlet mole fraction at the wall,

which is an indicator of the activity of SR. The higher the CSV, the lower the difference and

therefore the lower the activity of SR.

The mole fraction of carbon monoxide increases monotonically along the channel for all

CSV (Fig. 3.4c). It is visible that the lower the CSV the higher the carbon monoxide mole

fraction at the wall at every axial position. This result confirms the adsorption mechanism,

described above. Therefore, a large number of catalytically active rhodium sites enhances the

generation of carbon monoxide.

The carbon dioxide mole fraction is monotonie with respect to CSV at every axial

position; the lower the CSV the higher the carbon dioxide mole fraction (Fig. 3.4d). This is

again explained by the intrinsic surface reaction mechanism. If the amount of surface sites is

low, the adsorbed oxygen atoms O(s) have the tendency to react with adsorbed hydrogen

H(s), which is released from methane. Once carbon monoxide has been formed, there is not

much oxygen left on the surface to form carbon dioxide. If the catalytically active surface

sites are abundant, the probability is higher for an adsorbed carbon monoxide molecule to

encounter an adsorbed oxygen atom to form carbon dioxide. In the oxygen deficiency region,

the carbon dioxide mole fraction does not increase significantly anymore, indicating low

activity of WGS.

The shape of the methane conversion curves (Fig. 3.2a) and the hydrogen yield curves

(Fig. 3.2b) for different GSTcan now be explained. In the oxygen rich region close to the inlet

and for high CSV splitting of the carbon-hydrogen bond is slow. Thus, the surface adsorbed

oxygen atoms react to hydroxide (and then to water) rather than to carbon monoxide, because

for the latter reaction the carbon atom has to split all bonds with hydrogen. For a high catalyst

loading (low CSV) it is more likely that the adsorbed oxygen reacts with carbon atoms to form

carbon monoxide and carbon dioxide, because its splitting reaction is faster. Thus, the

hydrogen atoms that remain from the methane molecule can connect to form hydrogen H2(s)

that eventually desorbs. Hence, the lower the CSV, the higher the hydrogen yield in the

oxygen rich region. Farther downstream, in the oxygen deficient region, hydrogen production

is also influenced by the adsorption and splitting of water on the catalyst surface. Again, the

oxygen inside the water molecule has to release both hydrogen atoms in order to react with a

carbon atom. The lower the number of active sites (high CSV), the faster the splitting of both
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water and methane leading to higher hydrogen yield. Hence, variation of CSV leads to a

ft "X

change of hydrogen selectivity, which is at a maximum for the lowest CSV = 0.6x10 m

kmol"1 s"1 {Çm = 85.5%) and at a minimum for the highest CSV= 3.7xl06 m3 kmol1 s"1 (£m =

60.2%). Thus, the chemistry changes with different amounts of catalyst. The amount of

catalyst represented by CSV has a stronger influence on hydrogen yield than on methane

conversion.

3.4.2. Constant CSV, variable GSV

The influence of GSV on the reforming process of methane has been investigated in a

previous study by changing the inlet velocity at constant geometry and constant amount of

catalyst [6]. However, by doing so, the CSV changes as well. In this study, the GSV is also

varied by altering the inlet velocity and by leaving the reactor geometry constant. At the same

time, the catalyst density is adjusted in order to obtain a constant CSV= 9.19xl05 m3 kmol"1 s"

.
The inlet velocity changes from 0.44 m s"1 to 2.25 m s"1 corresponding to a GSV of 44.4 s"1

and 225 s"1, respectively. The flow is still in the laminar regime, since the inlet Reynolds

number does not exceed 25. The corresponding amount of catalyst is «cat
= 0.4x10"12 kmol for

a GSV= 44.4 s"1 and ncat
= 1.9xl0"12 kmol for a GSV= 225 s"1. The higher the GSVthe higher

the amount of catalyst in order to balance the CSV. The diameter of the channel is constant (d

= 1 mm).

Right behind the inlet, the methane conversion is monotonie with respect to GSV (Fig.

3.5a): the higher the GST the lower the methane conversion. Farther downstream this trend is

reversed. The higher the GST the higher the methane conversion. To this end, two competing

processes influence methane conversion. The first is the gas-phase diffusion in the flow

channel, the second is the adsorption and reaction of methane on the catalyst surface. Gas

phase diffusive resistance is responsible for the low methane conversion right behind the inlet

if the GSV is high. The residence time inside the reactor is short for high GSV. Hence, the

time period for the components to diffuse to the wall is short. In the second monotonie region

the high catalyst surface density has to be responsible for the high methane conversion for the

models with a high GSV. The influence of the catalytic surface site density on the splitting

process of methane has already been discussed before. The highest methane conversion (tj =

89.7%) is obtained for GSV= 225 s"1, the lowest methane conversion (77 = 70.8%) for GSV =

44.4 s"1. Thus the splitting process of methane, which is fast if the amount of catalyst is high,
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becomes more and more dominant downstream and counteracts the effect of diffusive

resistance.

(a) x[mm] (b) x[mm]

Fig. 3.5. (a) Methane conversion and (b) hydrogen yield along the channelfor different GSV

at a constant CSV = 9.19x10s m3 kmoT1 s'1.

Hydrogen yield is monotonie with respect to GSV for all cases considered in this study at

every axial position (Fig. 3.5b): the higher the GSTthe higher the hydrogen yield. The highest

hydrogen yield (y/- 80.6%) is calculated for GSV= 225 s"1, the lowest hydrogen yield (if/ =

49.0%) for GSV= AAA s"1. The difference between maximum and minimum hydrogen yield

(Ay= 31.6%) is significantly higher than that between maximum and minimum methane

conversion (A^ = 18.9%). Hence, variation of the GSV affects the hydrogen selectivity, which

is highest for the highest GSV= 225 s"1 (Çm = 89.8%) and lowest for the lowest GSV= 225 s"1

(Cm = 69.3%). Therefore, the reaction path is strongly affected by the variation of GSV. In a

previous study, a lowering of methane conversion and hydrogen yield was reported for an

increasing GSV because the CSV was not considered [6]. But if CSV is held constant, this

study clearly shows that both the methane conversion and the hydrogen yield increase, if the

GSV is increased. The reason for this outcome is discussed below, by studying the behavior of

the temperature and the mole fractions ofthe individual components at the channel wall.

The temperature at the channel wall is plotted for different GSV in Fig. 3.6. The higher

the GST the higher the maximum temperature. The maximum temperature (T = \AAA K) for
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GSV= 225 s"1 is located at x = 1.9 mm; that for the GSV= 44.4 s"1 (7=1315) lies at x = 0.8

mm. Therefore the higher the GSV, the higher the exothermicity near the inlet. This result

stands in contrast to that in the previous section of constant GSV. In the case of constant CSV

high methane conversion and high hydrogen yield are obtained if the wall temperature is high.

In order to find the reason for this behavior, the mole fractions of the individual components

are studied.

1600

8 10

Fig. 3.6. Temperature at the channel wall along the channelfor different GSV at a constant

CSV = 9.19x105 m3 hnol1 s'.

The oxygen mole fraction at the channel wall is plotted for different GSV values (Fig.

3.7a). It is clearly visible that the higher the GSV, the more delayed the onset of the oxygen

deficient region. Therefore the area, where oxidative reactions are responsible for heat release,

is large if the GST is high. This explains the different locations of maximum wall temperature

for a variable GST (Fig. 3.6). The onset of the oxygen deficient region is the earliest (x = 1.7

mm) for GSV= 44.4 s"1 and the latest (x = 5.0 mm) for GSV= 225 s"1. Thus, the results in the

first section are confirmed; oxygen adsorption is mainly limited by gas phase diffusion in the

flow channel. It is hardly influenced by the amount ofcatalytically active sites.

An unexpected outcome is the fact that the value of maximum temperature is high for

high GSV (Fig. 3.6), although the oxygen conversion near the inlet is low. A high oxygen

consumption normally implies a high activity of exothermic oxygen consuming reactions.
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This behavior can be explained by the volumetric flow rate that is higher if the GSV is

increased. Therefore the inlet mole flow of methane is higher, and so is the molar amount of

methane that can be converted per time unit.

In Fig. 3.7b it is visible that the lower the GSV, the higher the maximum amount of

water. This is a result of the fact that the water producing reactions COG and TOX use

oxygen as a reactant and the oxygen conversion is high near the inlet if the GST is low. Thus,

the low volume flow rate compensates for the high exothermic nature of the reactions leading

to an overall low temperature (Fig. 3.6). Water consumption, which is the difference between

the maximum water mole fraction and the outlet mole fraction at the channel wall, is an

indicator of the strength of SR. Water consumption is the lowest (Axh20 = 6.5 %) for the

highest GSVand the highest for a GSV= 66.7 s"1 (AxH20 = 8.1 %). Although the activity of SR

is low, the hydrogen yield has still the highest value when the GSV is high (Fig. 3.5b).

52



0 07

0 06

0 05

004

0 03

0 02

0 01 -

(a)
2 4 6

x [mm]

0 035

0 03

0 025

0 02 •

0 015 •

0 01

0 005

(d)

Fig. 3.7. (a) Oxygen, (b) water, (c) carbon monoxide, and (d) carbon dioxide molefraction at

the channel wall along the channelfor different GSV at a constant CSV = 9.19x105 m3 kmot1

The carbon monoxide mole fraction at the channel wall shows a non-monotonic behavior

with respect to GSV. Only directly behind the inlet (x < 1 mm) is the dependence on GSV

monotonie: the higher the GSV the higher the carbon monoxide mole fraction. In the previous

section, where GSV has been kept constant, the results have shown a high carbon monoxide

mole fraction (Fig. 3.4c) for the same conditions that also have a high hydrogen yield (Fig.

3.2b). This is not true for the cases where CSV is kept constant. Near the inlet (jc < 1 mm)
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mainly COG and POX are responsible for carbon monoxide production. From the water mole

fraction at the channel wall it is deduced that the higher the GSV the lower the COG, that

produces both water and carbon monoxide. Because carbon monoxide mole fraction is high

for high GSV, the other carbon monoxide producing mechanism, namely POX, has to

compensate for the weak COG. Therefore the high hydrogen yield (Fig. 3.5b) for high GSV at

the inlet is mainly due to strong POX, although methane conversion (Fig. 3.5a) is low. Farther

downstream (x > 1 mm) the carbon monoxide mole fraction is not monotonie with respect to

the GSV anymore. Hence, a carbon monoxide consuming reaction has to be active for the

models with a high GSV. Both the OXCO and the WGS consume carbon monoxide and they

both produce carbon dioxide. Yet it was shown that WGS can be neclected in methane

reforming reaction on rhodium [4]. Therefore, the carbon dioxide mole fraction at the channel

wall is of interest to study the activity of OXCO.

After a non-monotonic region after the inlet, the carbon dioxide mole fraction becomes

monotonie with respect to the GSV (Fig. 3.7d): the higher the GSV, thus the higher the

catalytic surface site density, the higher the carbon monoxide mole fraction (if the GSV is low

the OXCO is weak).

It can be concluded that the higher the GSV the higher the hydrogen yield, due to a

favoring of POX to COG, which means that methane is converted to hydrogen rather than to

water and faster methane conversion occurs for a larger amount of catalyst.

3.4.3. Constant GSV, constant CSV

Next, the influence of the reactor geometry represented by the reactor diameter on the

reformer performance is analyzed for a constant GSV= 100 s"1 and a constant CSV= 9.19xl05

m kmol" s"
.
The reactor diameter is changed from d = 0.67 mm to d = 3.0 mm and the

corresponding amount of catalyst varies from «Cat = 0.38xl0"12 kmol to ncat
= 7.69xl0"12 kmol

to obtain a constant CSV. The reactor length / = 10 mm and the inlet velocity um
= 1.0 m s"1

are constant, meaning that the catalytic surface area is proportional to the channel diameter.

By rewriting Eq. (2) it follows that the amount of catalyst ncat, represented by the number of

exposed active catalyst sites (Rhodium) on the catalytically active interface between channel

and wall, is a quadratic function of the channel diameter whereas the catalyst density is only a

linear function of the same. The flow is in the laminar regime, since the inlet Reynolds

number varies between 7 and 31.
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Methane conversion along the reformer channel is shown for different reactor diameters

in Fig. 3.8a. Only very close to the inlet does it show a monotonie behavior regarding the

channel diameter. The smaller the diameter, the shorter is the distance to cover and thus the

faster is the transport of all components to feed the adsorption mechanisms leading to a higher

methane conversion. However, by studying the methane mole fraction at the channel wall

(Fig. 3.8b) it is visible that the methane mole fraction is high for a small diameter. Thus, the

adsorption rate of methane itself is low for a small channel diameter because the catalytic

surface area is smaller and the catalytically active surface site density is low. It appears that

two competing mechanisms, the species transport and the adsorption mechanism, affect the

methane conversion and are responsible for its non-monotonic behavior farther downstream.
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Fig. 3.8. (a) Methane conversion, (b) methane molefraction at the channel wall, (c) hydrogen

yield, and (d) hydrogen molefraction at the channel wallfor different channel diameters at a

constant CSV = 9.19x105 m3 hnoV1 s'1 and a constant GSV =100 s~'.

It is worth noting that in this section, where the channel diameter is varied, both the

radially averaged mole fractions (including methane conversion and hydrogen yield) and the

mole fractions at the channel wall need to be studied. The species mole fractions at the

channel wall provide information about the activity of the surface reaction mechanisms.

Together with the mean mole fractions the species transport mechanism can be reproduced.
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The hydrogen yield is non-monotonic along the channel with respect to the channel

diameter (Fig. 3.8c), even close to the inlet, where the hydrogen mole fraction at the channel

wall is monotonie (Fig. 3.8d). The transport mechanism, which is enhanced if the diameter is

lowered, competes with the reaction rate on the surface that is stronger if the diameter is

enlarged. Hydrogen selectivity is lowest (£h2 = 75.4%) for the smallest diameter d - 0.67 mm

and shows a maximum (Cm = 85.7%) for d = 1.7 mm. The largest diameter (d = 3.0 mm) still

has a rather high hydrogen selectivity (<£h2 = 84.8%). Even if the two characteristic values

CSFand GST are held constant, the chemical reactions vary significantly.

Neither the value of maximum wall temperature nor its position shows a monotonie

behavior with respect to the channel diameter (Fig. 3.9a). This is again due to the competing

effects of species transport and adsorption/reaction rate. The highest maximum wall

temperature (1457.5 K) is obtained for the model with a reactor diameter d = 1.7 mm.

Therefore, the highest maximum wall temperature, the maximum methane conversion, and

the maximum hydrogen yield are reached for the same diameter d = 1.7 mm. After the

location of the wall temperature peak, the endothermic reactions, especially SR, are

responsible for the monotonie decrease of wall temperature in the axial direction [4]. One

indicator of the activity of SR is the temperature drop behind the peak. It strongly depends on

the channel diameter. For the smallest diameter d = 0.67 mm, the difference between the

maximum and the outlet temperatures amounts to 199 K and for d = 1.0 mm, the highest

temperature difference (Ar = 246 K) occurs. Larger diameters result in lower temperature

differences: the temperature difference for d = 3.0 mm is only 43 K implying weak SR.
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Fig. 3.9. (a) Temperature and (b) oxygen molefraction at the channel wall along the channel

for different channel diameters at a constant CSV = 9.19x10s m3 hnoT s~ and a constant

GSV=100S-'.

The oxygen mole fraction at the channel wall is monotonie regarding the channel

diameter all along the channel (Fig. 3.9b). The larger the channel diameter, the higher is the

oxygen mole fraction. The length of the oxygen deficient region decreases significantly with

increasing channel diameter: for a diameter d = 0.67 mm, the oxygen deficient region starts at

x = 1.6 mm, whereas for d = 3.0 mm, there is no oxygen deficient region at all. In this case,

the outlet oxygen mole fraction at the wall is still 0.15%. This result agrees well with the

previous findings herein: the oxygen consumption is mostly determined by gas phase

diffusion in the channel and is hardly effected by the catalyst amount. If the channel diameter

is increased, the oxygen rich region is enlarged. Thus, exothermic oxygen consuming

reactions can heat up a larger area of the reactor leading to a higher temperature near the

outlet (Fig. 3.9a).

To compare the activity of SR of the different cases the radially averaged water mole

fraction along the centerline is investigated (Fig. 3.10a). By using the mean value of water

mole fraction the activity of SR cannot be spacially resolved but it can be better globally

quantified because the radial concentration gradients are included. A monotonie behavior with

respect to the channel diameter is exhibited. The smaller the channel diameter, the higher is

the mean water mole fraction. The maximum value (xmo = 14.4%, for d = 0.67 mm) is more
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than three times as large as for d = 3.0 mm (xmo = 4.2%). This result corresponds well to the

earlier findings herein: The higher the catalyst density on the surface the faster the

decomposition of methane, hence the lower the water production. This effect is enhanced by

the oxygen transport process, which is slower if the diameter is increased. Therefore, there is

less oxygen on the surface to support the water producing and oxygen consuming TOX and

COG (Table 3.1). The difference between maximum and outlet water mole fraction is another

indicator of the activity of SR. The results confirm those obtained for the wall temperature

(Fig. 3.9a). The difference in water mole fraction is highest (Axh20 = 7.6%) for d = 0.67 mm,

whereas the difference in mole fraction for d = 3.0 mm is only A*h20 = 1-0% indicating low

activity of SR.
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F/g. 3.10. (a) Radially averaged water, (b) carbon monoxide, and (c) carbon dioxide mole

fraction along the channelfor different channel diameters at a constant CSV = 9.19xlu m

kmot s'1 and a constant GSV =100 s'1.

Close to the inlet, the radially averaged carbon monoxide mole fraction increases

monotonically with decreasing the channel diameter (Fig. 3.10b). Carbon monoxide is mainly

produced by oxygen consuming reactions (POX and COG). Hence, the fast oxygen transport

in channels with small diameters is responsible for the high carbon monoxide production.

Farther downstream, the dependence of the mean carbon monoxide mole fraction on the

diameter is not monotonie anymore, due to the low production rate for the channels with a
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small diameter. Thus, there are again two competing effects that influence the carbon

monoxide production: the first is the activity of SR that is high for small diameters. The

second is the surface site density, which lowers methane conversion if the diameter is

decreased, meaning that less carbon atoms are present to be converted to carbon monoxide,

leading to a decrease of carbon monoxide production.

Right after the inlet, the mean carbon dioxide mole fraction is monotonie with respect to

the channel diameter (Fig. 3.10c): the lower the channel diameter the faster the oxygen

transport inside the channel, hence the higher the carbon dioxide production. Farther

downstream, there is again a monotonie behavior, following however the opposite trend. It

has been shown earlier that a low catalyst density leads to a low carbon dioxide production.

Close to the inlet, the effect of species transport is dominant yielding a high carbon dioxide

mole fraction for a small diameter. Farther downstream, the low catalyst density is responsible

for the low carbon dioxide mole fraction for a small diameter.

Both the species transport and the properties of the catalytically active surface

significantly effect the reactor performance. Increasing the channel diameter raises the

diffusive resistance but enlarges the surface area. Increasing the catalytic surface site density

changes the activity of the diverse surface reactions resulting in an alteration of the

selectivities. This enforces the necessity of coordinating the channel diameter selection, the

inlet volume flow rate, and the catalyst amount to obtain an optimal reformer performance.

The optimum performance for the parameters investigated herein is obtained for a diameter d

= 1.7 mm, corresponding to a catalyst amount ncat
= 2.5xl0"12 kmol, where hydrogen yield

exhibits a maximum {y/- 75.7%) at the outlet (Fig. 3.11). For the same diameter the methane

conversion (7 = 88.4%) exhibits a maximum as well. This result is significant because it

implies that there is an optimum diameter and therefore an optimum amount of catalyst for the

highest hydrogen yield and methane conversion. Hence, increasing the amount of catalyst

does not automatically enhance the reforming performance.
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Fig. 3.11. Methane conversion tj and hydrogen yield y/ at the channel outletfor different

channel diameters at a constant CSV = 9.19x1t)5 m3 kmol'1 s'1 and a constant

GSV = 100 s1.

Conclusions

The effects of catalyst surface site density, representing the catalyst amount, and reactor

diameter on the reforming process of methane in a wall-coated, single-channel microreactor

have been investigated numerically. The radially symmetric numerical domain consists oftwo

subdomains, the flow channel and the thermally conductive channel wall. At the interface an

elementary surface reaction mechanism describing methane reforming on rhodium catalyst is

applied. The outer boundaries are adiabatic due to symmetry conditions in a monolith.

It is found that catalyst loading strongly influences the reactor performance. The higher

the catalyst surface site density, the higher the hydrogen yield and the methane conversion for

a constant GSV and reactor geometry. An unexpected result is the significant change of

hydrogen selectivity with varying CSV, meaning that the chemistry changes with varying

catalyst loading. A high catalyst density enhances hydrogen production in the oxygen rich

region due to the fast splitting of the adsorbed methane on the surface. In the oxygen

deficiency region, a high catalyst density enhances water splitting, which is the limiting factor

in SR, leading again to a higher hydrogen production.

t 1 1 r
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If the CSV and the reactor geometry are kept constant, increasing the GSV leads again to

a significant increase of hydrogen selectivity. This means that different reaction routes are

dominant for different GSV. In this case, the higher hydrogen yield and methane conversion

for increasing GSV is due to a favoring ofhydrogen producing POX to water producing COG.

This is the result of the faster decomposition of methane on the catalytic surface. Furthermore,

the wall temperature increases significantly by raising GSV. This is due to the increase of the

inlet volumetric flow rate, thus the amount of methane that can be converted.

Furthermore, the reforming process is investigated by keeping both CSV and GSV

constant, and varying the channel diameter. An optimum configuration is found with an

optimum amount of catalyst and channel diameter, which is an unexpected result. Thus,

enhancing the amount of catalyst and/or decreasing the channel diameter do not automatically

increase the reactor performance. Moreover it can even lower it.

This enforces the necessity of coordinating the selection of channel diameter, inlet

volume flow rate, and catalyst amount to obtain maximum reformer performance.

Additionally, it is worth noting that the amount of catalyst in a catalytic reactor is not

sufficiently characterized by the CSV alone, and it is not sufficient that the flow condition is

only characterized by the GSV. In order to characterize a catalytic reactor sufficiently, the

declaration of all the CSV, GSV and geometry is absolutely necessary.
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4. Optimum washcoat thickness of a monolith reactor for syngas

production by partial oxidation of methane0

Abstract

In this paper, syngas (hydrogen and carbon monoxide) production was investigated by a

numerical model of an adiabatic monolithic reformer (e.g. for a micro fuel cell system). The

study includes the thermal and diffusive properties of a washcoat of finite thickness that is

modeled as a porous layer composed of a ceramic support containing catalytic active rhodium

sites. It was combined with a two-dimensional radially symmetric model of a single tubular

mini-channel, considering both the thermal and the diffusive masstransport phenomena in all

domains. It was found that both the methane conversion and the hydrogen yield depended

markedly on the washcoat thickness. An interesting result was obtained by implementing the

common experimental conditions into the numerical model: if the inlet volume flow and the

amount of catalyst per washcoat volume are constant, an optimum washcoat thickness of 70

um was found, where the hydrogen yield is maximal. For a thinner washcoat, the smaller

amount of catalyst is limiting, leading to a low methane conversion. For a thicker washcoat,

the limiting effect is the reduced residence time, which stems inherently from the constraint of

constant volume flow, rather than the increased diffusive resistance.

The demonstation of the existence of an optimum washcoat thickness is important,

because it can have economic effects due to saving of the precious catalyst rhodium.

c This chapter has been submitted for publication:

M.J. Stutz, D. Poulikakos (2007), Chemical Engineering Science.



Nomenclature

Latin

a

-<4fluid-wc

b

CSV

A

d

GSV

h

j

k

M

h

NG

''steps

"cat

r

R

S

S

Sy

'wc

'channel

V

x,

Greek

8

gas phase species stoichiometric coefficient

interfacial area between channel and washcoat

surface adsorbed species stoichiometric coefficient

catalyst space velocity, m3 mol"1 s"1

multicomponent diffusivity of species /, m s"

diameter, m

gas space velocity, s"1

specific enthalpy, J kg"1

mass flux, kg m" s"

thermal conductivity, W m"1 K"1

characteristic length of washcoat, m

molecular weight, kg kmol"

mole flow, kmol s"1

total number of gas-phase species

total number of reaction steps

total number of catalytic active sites, kmol

heat flux, W m"2

•3 1

species production rate, kg m" s"

universal gas constant, 8.314510 J K"1 mol"1

-2 -1

Selectivity

reaction/adsorption rate, mol m"z s

surface to volume ratio, m"1

washcoat thickness, m

channel volume, m3

volume flow, m3 s"1

mole fraction of species i

diffusion length scale, m
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s porosity

6 pore roughness

T tortuosity

<j> equivalence ratio

77 CH4 conversion

y/ H2 yield

a mass fraction

t

reactant

lî

product

eff effective

in inlet

mix mixture

P pore fluid

s solid

wc washcoat

4.1. Introduction

In the last decade, the interest in investigating the reforming of hydrocarbons has been

strong, also due to research in micro-scale fuel cell systems [1]. Methane (CH4), which is the

main component of natural gas, is considered to be one of the ideal fuels as hydrogen (H2)

source, because it is well-distributed and abundant. The fuel reformer converts it into syngas

(H2 and CO), which is used by the fuel cell to produce electric energy. There are different

routes for H2 production depending on its further usage. For micro fuel cell systems, catalytic

partial oxidation of fuel and dry air is the most promising fuel processing method, because it

is simple and no humidification of the inlet stream is necessary. Furthermore, Hotz et al. [1]

reported no flashbacks of the flammable inlet mixture. However, in the reformer, not only

partial oxidation (POX) is responsible for H2 production, but also steam reforming (SR) that

simultaneously takes place with POX [2, 3]. Other reaction paths also influence the chemistry

inside the reformer. The most important mechanistic reactions with their enthalpy of

formation at standard conditions are listed in Table 4.1.
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Table 4.1. Important mechanistic reactions inside the reformer and their enthalpy of

formation at standard temperature andpressure.

AZ/stp, kJ mol"1

Partial oxidation (POX) CH4 + 1/2 02 - CO + 2 H2 -35.7

Steam reforming (SR) CH4 + H20 -» CO + 3 H2 +206.1

Water gas shift (WGS) CO + H20 -> C02 + H2 -41.2

Total oxidation (TOX) CH4 + 2 02 -» C02 + 2 H20 -802.3

To investigate the fundamental transport phenomena inside a catalytic reactor, numerical

simulations with detailed reaction schemes were applied [4, 5]. Chaniotis and Poulikakos [3]

investigated the influence of diffusive and convective transport inside the flow channel by

comparing the results of an advanced model, which solves the Navier-Stokes equation for the

fluid flow with simplified models. The effect of wall thermal conductivity on the reforming

process was shown to be significant [2]. The micro-reformer was also optimized by

investigating the effects of catalyst loading and the channel geometry [6].

Poulikakos and Kazmierczak [7] showed that a porous layer at the channel wall has a

strong impact on the fluid flow and the heat transfer capability of a single channel. The

conversion rate in catalytic reactors is also affected by the diffusion process in the porous

washcoat [8]. To investigate catalytic combustion, the washcoat domain was integrated into a

numerical model [9]. Both studies used a single step reaction mechanism and the diffusivity

was modeled as viscous flow. To include the influence of washcoat diffusion into a simpler

model, an effectiveness factor can be employed [10]. However, modeling of the washcoat by

an effectiveness factor is an ad-hoc simplification that neglects different difïiisivities of

different species and thermal effects ofthe washcoat resulting in a limited model.

In this paper the micro-reformer is represented by a radially symmetric model. The

washcoat is modeled as a porous medium of constant thickness where a detailed model of the

flow channel and a detailed elementary surface reaction mechanism consisting of 38 steps [5]

takes place. The impact of the washcoat thickness on the reactor performance is documented

and discussed in detail. It is important to optimize the thickness of the washcoat because it

contains the precious noble metal rhodium, whose amount should be minimized for economic
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reasons. Furthermore, in small systems (e.g. micro fuel cell system) space is scarce. Therefore

a high throughput per reactor volume is favorable.

4.2. Mathematical formulation

In all three domains of interest, the fluid channel, the porous washcoat layer and the solid

wall, the conservation equations of mass, momentum, energy and species can be used as

needed to model the physics of transport phenomena. This leads to a set of non-linear partial

differential equations that were solved numerically. The inlet Reynolds number was varied

between 6 and 17 for all cases, meaning that the flow inside the channel is laminar. The

reforming process was modeled at steady state conditions.

The governing equations of the mathematical model of the fluid channel and the solid

wall are identical to those of a previous study by Stutz and Poulikakos [2] and therefore not

repeated.

For the porous washcoat, the method of local volume averaging that spatially smoothes

the conservation equations over a representative elementary volume was applied [11]. Thus, it

is necessary that the characteristic size of the porous medium is much larger than the size of

the elementary volume.

The convective fluid flow inside the porous layer was neglected, due to its very low

permeability caused by the small pores (13 nm) inside the washcoat [10]. The permeability
17

was estimated by the theory of granular media [12] and calculated to be lower than 2.7x10"

m2. The conservatively estimated velocity of the gaseous mixture inside the washcoat was no

more than 3.3 nm s"1. The pressure gradient needed for this estimation was obtained from the

numerical model without washcoat by calculating the pressure difference between inlet and

outlet [2].

The steady state conservation equation of energy inside the porous layer reduces to

Y-£=o. (l)

The effects of heat transport accounts for thermal conduction and energy transport by species

diffusion and reads

9 = -*effvr+f>,2,. (2)
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We neglected the thermal radiation due to the high aspect ratio of the channel. Thus, radiation

can only affect the vicinity of the source of emission. And the assumption of the gas to be

opaque is also reasonable [13].

The effective thermal conductivity in porous media was determined based on the variational

approach using composite spheres for macroscopically homogeneous and isotropic

multiphase materials and is written as [14]

*cff =——L- 2*s. (3)
1 — e s

3k 2k +k
s s imx

The thermal conductivity of the gaseous mixtures was computed using the Mix Kinetic

Theory [15]. The species conservation equation in the porous washcoat is defined as

-V-/+r,=0, ie[\,2,...,N0]. (4)

Species flux inside the pores consists only of diffusion, which is written as

i,=-PA,effV*>,. (5)

Diffusion inside the pores was modeled with the Knudsen diffusion coefficient, because the

Knudsen number of the pores inside the washcoat is around 7 and higher. The diffusion

coefficient [16] is calculated as

assuming no pore roughness and therefore 0-1.

The thermal conductivity ofthe channel wall is k = 2.76 W m"1 K"1, which is the value of

cordierite, a typical monolith material. It was assumed to be temperature independent. For the

sake of simplicity, the thermal conductivity of the solid material of the washcoat was set to

the same value. This is reasonable, because the washcoat consists mainly of a catalyst support

that is in most applications a ceramic. In this study, the washcoat was modeled as a porous

layer approximated as a granular medium with a catalytically active surface. Measurements of

the pore size of a washcoated monolith usually show a bimodal pore size distribution with

peak values of the pore diameters of 10 nm, and 3.5 urn. Because the larger pores belong to

the cordierite, which is the material of the monolith matrix, they were not taken into account

[10]. The porosity of the catalyst layer was reported to be around s = 0.5 [17] The pore size

was calculated with the theory of granular media [12] and reads
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dpore=dparlKl\{\-s)-m-\). (7)

The particle size of the ceramic support was assumed to be particle = 50 nm, leading to a pore

size off/pore = 13 nm, which corresponds well with reported pore sizes of around 10 nm [10].

The tortuosity was calculated according to the theory of granular media [12] as

T = e/(\-(l-e)2'3) (8)

We chose deliberately relatively simple correlations for tortuosity, effective diffusivity and

pore size because they are derived rather by mathematical and physical theories than by fitting

of experiments. The reports of effective diffusivity in the literature differ up to one order of

magnitude, which has been explained by different washcoat structures mainly due to different

preparation methods [18, 19]. However, the diffusion coefficients used in this study lie in

between the reported results. Therefore, the simple correlations lead to an accurate description

of the diffusion inside the washcoat, which is the only species transport mechanism, since

convection in the porous layer was neglected herein.

The source term r, in Eq. (4) accounts for the catalytic reaction inside the washcoat. It

was balanced with the diffusive flux at the surface of the catalyst. The balance equation is

given in discretized form by

r^pD^^p^S^. (9)

This includes the difference of mass fraction öjP;( of species / in the pore fluid and the mass

fraction a>, of species i at the catalyst interface. The diffusion length scale £was set equal to

the pore diameter dpoTe in order to account for the diffusive path of the reacting species from

the pore fluid to the pore wall. The effective surface to volume ratio SV.eff iS the ratio of

catalytically active surface to the volume ofthe washcoat. It is a true representation of catalyst

loading [20].

Species conservation of the individual gas phase components in the flow channel

neglects any source terms, because no homogeneous reactions occur at atmospheric pressure

and usual operating temperatures of a CH4 reformer [4]. Since homogeneous reactions only

become important for high pressure applications and channels with a larger diameter they

were neglected.

The surface reactions in this study were modeled with a multi-step finite-rate reaction

mechanism involving both gaseous and surface adsorbed species. Expressions for the reaction
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rate, adsorption process and the reaction rate coefficients can be found in a previous study [2].

Inside the washcoat, the mass flux balance of reacting species at the catalyst surface for the

gas-phase species / is written in discretized form as

7=1 °

For the surface-adsorbed species / the mass flux balance is expressed as

A/
'steps

Thus, the mass flux of reacting species to the surface equals the rate at which the species is

consumed by the reaction on the surface.

The reaction mechanism employed in this study consisted of 38 elementary reaction

steps, 7 gas phase species and 12 surface adsorbed site species [5]. The inlet fluid was CH4

and dry air that reacted on a rhodium coated surface. Deutschmann et al. [21] successfully

validated the reaction mechanism with experiments.

4.3. Numerical solution

4.3.1. Models and boundary conditions

The computational domain employed in this study consisted of a single cylindrical

channel, coated with a catalytically active substance containing rhodium. It is a good

representation of a monolith reactor, which is a bundle of identical parallel straight channels

(Fig. 4.1). The monolith reactor is often employed as a catalytic reactor due to low fabrication

cost, high surface to volume ratio and relatively low pressure drop. Inlet and outlet conditions

of the monolith reactor were assumed to be uniform and the outer boundary was assumed to

be adiabatic. Therefore, the conditions in each channel are identical considering that the

monolith reactor was approximated as radially symmetric, which is reasonable because the

number of channels is large. Although there may be a small heat leak to the surroundings, it is

a reasonable approximation to model the outer wall as adiabatic.
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Fig. 4.1. Sketch ofa monolith reactor with washcoated channels.

Even when the real geometry of a channel inside a monolith reactor is not exactly

radially symmetric, it is reasonable to approximate the channel as radially symmetric due to

the following reasons. First, the washcoat fills up the edges of the channels, which makes the

approximation of a cylindrical flow channel realistic (Fig. 4.1). Second, it was shown that the

axial distribution of the species inside the flow channel alter the complex endo-/exothermic

reaction mechanism leading to a significant variation of reactor performance [2].

Two different models were investigated in this study. The first completely neglected the

physical thickness of the washcoat (Zero Washcoat thickness model, ZWT) and contained

only two computational domains, namely the flow channel and the thermal conductive wall

(Fig. 4.2a). The catalytic reaction took place at the interface between wall and channel. The

second model accounted for the physical presence and finite thickness of the washcoat (Finite

Washcoat thickness model, FWT), and consisted of three computational domains (Fig. 4.2b).

The first domain was the flow channel, the second the thermal conductive channel wall, and

the third the washcoat. The heterogeneous reaction in the FWT model took place in the

washcoat volume. The washcoat boundaries at the inlet and outlet did not permit species flux,

because the convective flow inside the washcoat is negligible, as discussed earlier.
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Fig. 4.2. The computational domains and the boundary conditions ofthe (a) Zero Washcoat

thickness (ZWT) and (b) the Finite Washcoat thickness (FWT) model.

The channel wall in the numerical model represented the catalytically inactive part of the

monolith reactor with a half-thickness of /waii = 75 um, which is also a typical realistic value

[10].

The flow entered the entrance region of the reactor with a uniform inlet velocity, which

was for the ZWT models um = 1 m s"1. This entrance region was needed in order to have,

especially for the FWT models, a more stable numerical solution and faster convergence and

to account for upstream diffusion near the beginning of the catalytic active part of the reactor.

The inlet temperature T = 850 K was constant for all models. The channel diameter is

defined as two times the distance from the centerline to the inner area of the channel wall. It

was equal to d = 1 mm for all models, which is a typical tube diameter of a monolith reactor.

The pressure at the outlet was constant 1 bar. The inlet composition of the gaseous mixture

was defined by the stoichiometric equivalence ratio based on the POX reaction [3]. It was

constant for all investigated models (<p = 0.8 ).

Four different types of constraints were investigated in this study for the FWT models,

each having two different cases, one with a high catalyst amount/density (denoted as A) and

one with a low catalyst amount/density (denoted as B). The thickness of the washcoat was
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then varied for all cases, resulting in a total of 8 FWT cases with 7 different washcoat

thicknesses (Table 4.2).

Table 4.2. Numerical models used in this study with their different constraints.

«in V «catxlO10 «cat/Vcat GSV CSV

[ms'1] [ml s"1] [mol] [mol m"3] [s"1] [m3mol"V]

FWT1A 1.02-2.78 0.785 0.90-28.8 0.57 102-278 8775-273

FWT IB 1.02-2.78 0.785 0.27-8.55 0.17 102-278 29560-919

FWT2A 1 0.770-0.283 0.90-28.8 0.57 100 8601-98

FWT2B 1 0.770-0.283 0.27-8.55 0.17 100 28971-331

FWT3A 1.02-2.78 0.785 8.55 5.47-0.17 102-278 919

FWT3B 1.02-2.78 0.785 2.54 1.62-0.05 102-278 3096

FWT4A 1 0.770-0.283 8.55 5.47-0.17 100 901-331

FWT4B 1 0.770-0.283 2.54 1.62-0.05 100 3034-1115

ZWT1A 1 0.785 8.55 - 100 919

ZWT1B 1 0.785 2.54 - 100 3096

FWT 1 simulated the conditions most commonly used in practical applications: The

monolith geometry was given, the inlet volume flow was constant and the volumetric density

of catalyst was constant. The volume flow of the FWT 1 cases was chosen in such a way, that

it equaled that ofthe ZWT model.

FWT 2 is practically also easily applicable. It had the same constraints as the first, but the

volume flow was not constant. In this case, the inlet velocity and hence the GSV was constant

and set equal to that of the ZWT model.

FWT 3 and FWT 4 were more of theoretical importance and were investigated in order to

have a fair comparison between the FWT and the ZWT models. The inlet volume flow of the

FWT 3 cases (that was equal to that of the ZWT model) and the geometry of the monolith

were constant. However, the amount of catalyst was also set constant, which is difficult to

handle in practical applications, leading to a varying catalyst volume density for a different

washcoat thickness. We chose these constraints in order to have a constant CSV.
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FWT 4 dealt with constant catalyst amount and a given geometry. The inlet velocity was

constant (and equaled that of the ZWT model) leading to a varying volume flow but a

constant GSV, what was intended.

CH4 conversion is an important characteristic for CH4 reforming and is defined as the

ratio between converted CH4 and the inlet flux of CH4. It reads

^"cH4,,n-"cH4 (12)
WCH4,m

Oxygen (O2) conversion is defined in an analogous manner. The performance of the reactor

with respect to the H2 production is characterized by the H2 yield. It is the ratio of the

produced H2 to the theoretical maximum amount of H2

(// =
_<_ (13)
•^ WCH4,m

The Selectivity of CO towards unwanted CO2 is defined as

Sco=
.

"C°
• (14)

"co + "co2

It was shown that in catalytic reactors, both the gas space velocity (GSV) and the catalyst

space velocity (CSV) are important evaluation criteria [6]. The GSV is defined as the ratio of

volumetric flow through the reactor inlet to the channel volume (without washcoat volume)

and reads

GSV = VJVcM. (15)

It equals the often used gas hour space velocity (GHSV) if converted to SI units.

The CSV is often used in experimental research of catalytic reactions and is defined as

the ratio of volumetric flow through the reactor inlet to the amount of catalyst inside the

washcoat (Although it is sometimes misleadingly named GHSV). The amount of catalyst in

experiments is often defined in terms of mass. More meaningfully, it can be defined in terms

of number of accessible, catalytically active sites «cat- Thus, in this study the CSV is defined

as

CSV = VJnt. (16)

4.3.2. Solution method, grid independence
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In this study the coupled set of partial differential equations was solved with the licensed

solver CFD-ACE distributed by ESI US R&D Inc. with a convergence criterion of lxl0"5.

The solver was the same as that of a previous study where its details were presented [2].

Grid independence of the FWT models was checked with the FWT 2B model with a

washcoat thickness /wc < 50 um. It was reached with 11307 cells. The contour plots of the

temperature and of the H2 mole fraction were compared to those of the FWT model with

17906 cells and showed no visible differences for the washcoat, the channel wall, and the

channel domain. Comparing the fine with the coarse model, the H2 yield differed only by

0.71% at the channel outlet. CH4 conversion at the outlet differed only by 0.41% and the

temperature at the outlet was 0.02% higher for the fine model than for the coarse model.

For the ZWT models grid independence was checked with the ZWT 1 model. It is

reached with 6198 cells. H2 mole fraction and temperature were compared with those of the

model with 19864 cells. No visible difference could be found in the contour plots. H2 yield at

the channel outlet differed only by 0.03%, CH4 conversion only by 0.02%, and the

temperature at the outlet only by 0.01%.

4.4. Results and Discussion

The detection of the optimum washcoat thickness can help save a large amount of the

noble metal rhodium, which is even more expensive than platinum.

H2 yield i|/ dependence on the washcoat thickness fwc shows an interesting result: It

features a maximum at twc - 70 urn for both FWT 1 cases (Fig. 4.3a). Its value is \|/
= 70.4%

for FWT 1A. That for FWT IB is significantly lower, which is explained by the larger amount

of catalytically active sites of the FWT 1A.
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The thinnest washcoat leads to the lowest H2 yield. It can be associated with the decrease

of catalytically active sites with decreasing washcoat thickness. The decrease of H2 yield with

increasing washcoat thickness for fwc > 70 urn can have different reasons. The diffusive

resistance is high for a thick washcoat; hence the catalytically active sites deep within the

washcoat are difficult to access from the fluid channel. Another influence stems from the

varying interface area between washcoat und fluid channel with varying washcoat thickness.

Thus, a thick washcoat has a smaller "entrance area" for the species to enter the washcoat.

These two effects are combined in the characteristic length ofthe washcoat and reads

V
L =—ss-

fluid-wc

(17)

GSV varies with the washcoat thickness, due to the constant volume flow constraint.

Thus, the diffusion inside the gas phase can also become limiting. The results ofFWT 2 show

that the latter effect is responsible for the low H2 yield of the FWT 1 models with a thick

washcoat. This conclusion is discussed below.

The H2 yield of the FWT 2 cases show a similar result to those of FWT 1 for a small

washcoat (twc < 20 um). This is reasonable, because the constraints ofFWT 1 and FWT 2 are

similar for a small /wc. On the other hand, for increasing washcoat thicknesses, the curves

deviate. The H2 yield of the FWT 2 cases increases monotonically to a maximum of \|/
=
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86.5% at twc = 200 um for the FWT 2A case. Hence, it is clear that the main reason for the

decrease of H2 yield of FWT 1 is the GSV and thus diffusion in the gas phase. By further

increasing the washcoat thickness, we also expected a decrease in H2 yield for the FWT 2

models, because the diffusive resistance, represented by the characteristic length Zwc» rises

drastically. It is already large (Zc = 0.53 mm) for a twc = 200 um. For an even thicker

washcoat (twc = 300 urn) it becomes very large (Lq =1.1 mm) and the numerical solver was

not able to produce a converging solution.

The results ofthe case FWT 3A show a completely different behavior (Fig. 4.3b). The H2

yield decreases monotonically with increasing washcoat thickness. The outcome of FWT 3B

is similar, however, with lower values. Compared to the FWT 1 and FWT 2 model, the

increase of washcoat thickness has a negative effect on the performance in any case. It is

shown below that the diffusive resistance is the main reason for this result if the washcoat is

thin. For a thick washcoat, it is the effect of GSV that prevails.

The FWT 3 and FWT 4 models are similar for a small washcoat and therefore the results

follow similar trends. For the FWT 3 cases, there is no effect that enhances the performance

for an increasing washcoat thickness leading to a monotonie decrease of H2 yield (Fig. 4.3b).

On the other hand, for the FWT 4 cases, the effects that increase H2 yield must prevail for a

thick washcoat, because the FWT 4 cases reach a minimum at /wc = 100 urn. Thus, there is a

different mechanism that competes with the diffusive resistance. It is the CSV, describing the

ratio of inlet volume flow to the available catalytic sites, which decreases for increasing

washcoat thickness. This is underpinned by the results of the FWT 3 cases where the CSV is

constant.

The conversion trend of CH4 in Fig. 4.4 is similar to that of H2 yield. The FWT 1 cases

exhibit a maximum of n = 83.1% at /wc = 50 urn (FWT 1A). The FWT 2 cases increase

monotonically. The results of the FWT 3 and FWT 4 cases also show a similar shape to that

of H2 yield.
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on washcoat thickness, (x) represents the ZWTIA and, (O)the ZWT 2B case.

Fig. 4.3 and Fig. 4.4 indicate that the FWT 3 and FWT 4 cases approach the ZWT model

if the washcoat thickness is reduced continuously. However, it is visible that they do not

converge completely to the ZWT model. This behavior was confirmed by additional

computations not shown here, reducing the washcoat thickness down to 1.25 um, although

results for such thin washcoats are not correct, due to the numerical constraints of the volume

averaging method [22].

The reason for that is the different formulation of the diffusion process. In the FWT

model, the reacting species first have to diffuse into the porous layer (Eq. (5)) and then from

the pore fluid to the reacting wall described by Eq. (9). The latter process employs an

additional parameter, the diffusion length scale S, which was not needed in the ZWT model.

Although the washcoat thickness of the FWT model was continuously lowered, the diffusive

resistance from the pore to the catalytically active surface was always present. This result was

supported by the comparison of the A to the B models. For the A models, the reaction kinetics

is dominant, leading to a good approximation of the FWT to the ZWT model. If the diffusion

becomes more important, (i.e. for the B models) the approximation is weaker, as seen in Fig.

4.3b and Fig. 4.4b.
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A surprising result is the dependence of the CO selectivity on the catalyst density: the

low density cases show a higher CO selectivity than the respective high density cases for the

FWT 1 and FWT 2 cases (Fig. 4.5). CO can also be used as a fuel in the SOFC, either by a

direct electrochemical reaction ofCO or by the WGS reaction that produces H2, which is then

electrochemically used. It is known that a high CO content in the fuel can be advantageous at

relatively low temperatures of the fuel cell [23].
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Fig. 4.5. CO selectivity ofthe FWT 1 andFWT2 model dependent on washcoat thickness.

The CO selectivity features a minimum for both FWT 1 cases (Fig. 4.5). For the FWT 2

cases, it decreases monotonically with increasing washcoat thickness, which was also

unexpected. An investigation of the CO yield (not shown here for brevity) shows that the

difference in CH4 conversion outweighs the differences in CO selectivity leading to a similar

picture to that of H2 yield or CH4 conversion. The CO yield is defined in an analogous manner

as the H2 yield. It is worth note that the dependence ofthe CO yield on the washcoat thickness

is weaker compared to that of H2 yield.

In order to detect the regions of the washcoat that are active or unused, the individual

components were investigated further in detail. Furthermore, it is of importance to locate the

dominant reaction steps inside the washcoat.
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For a small washcoat thickness (e.g. /wc = 5 um), the CH4 mole fraction does not vary

significantly in the radial direction for all types of models, hence the diffusion influence is

rather weak (Fig. 4.6a). By increasing the thickness of the porous layer, the CH4 mole fraction

becomes gradually more dependent on the radial position (e.g. /wc = 50 um), hence CH4

decomposition. For a thick washcoat (e.g. twc = 200 urn) the characteristic length Zc becomes

high, leading to isolines following the x-axis near the washcoat-channel interface and to

isolines following the r-coordinate near the washcoat-wall interface. Hence, a large amount of

the catalyst cannot be accessed sufficiently by the CH4. The thin washcoats of the FWT 1A

and FWT 2A (Fig. 4.6b) have a nearly identical distribution of CH4 because their constraints

are similar and feature no regions of low CH4 mole fraction. However, the resulting CH4

conversion is low, because there are not enough catalytic sites present to "process" the CH4.

Based on the above, two conditions can be formulated that result in a high CH4

conversion. First there must be enough catalytically active sites existent inside the washcoat

and, second, these sites have to be accessible within the residence time of each species.
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These two conditions also explain the difference in performance of thick washcoats of

the FWT 1 and FWT 2 cases. They feature a large region that is nearly unpenetrated by CH4

and therefore unused. The FWT 2A on the other hand has a smaller GSV and additionally a

smaller inlet volume flow. Therefore, the accessible volume of the washcoat is larger for this

case and it has to cope with less CH4 molecules.

The O2 mole fraction is of interest because it acts as a reactant for the POX and the TOX

reaction. It varies notably in radial direction even for the thinnest computed washcoat (Fig.

4.7a). The thicker the washcoat, the stronger is its radial variation. The diffusion process of 02

is slow due to its relatively high molecular weight (M02 = 32.0 kg kmol"1). This is the reason

for the stronger radial dependence of 02 compared to that of CH4. For even thicker washcoats

(e.g. fwc = 200 urn) the isolines of 02 mole fraction are nearly following the x-axis underlining

the slow transport mechanism of O2.

Fig. 4.7. (a) 02 and (b) H2 mole fraction inside the washcoat for the FWT IA cases with a

washcoat thickness oftwc = 5 fjm, twc = 50 pm, and twc = 200 jjm (from top to bottom).

Because the decomposition process of O2 on rhodium is fast, a large part of the washcoat

contains no 02 molecules. The O2 deficient region was defined as the location inside the

reformer at the catalytic active surface, where hardly any O2 is left to feed the exothermic O2

consuming reaction [2]. It is defined (ad hoc) in this study as the location where the 02 mole
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fraction is below a mole fraction of 0.001, which corresponds to an O2 conversion of around

99.4%.

For a thin washcoat this region is far downstream or non existent. For a thicker washcoat

(e.g. Aw - 50 urn) this volume is larger. Thus, a large part of the washcoat is not used for the

oxidation of CH4. Hence, in the entire volume where CH4 is still existent but O2 is deficient,

H2 is produced by SR.

The H2 mole fraction does not vary significantly in the radial direction and is well

distributed for a small washcoat thickness (/wc = 5 urn, Fig. 4.7b). This is connected to the fact

that the H2 transport inside the porous layer is fast, due to its low diffusive resistance (Mm -

2.0 kg kmol"1). The H2 yield is low due to the low conversion of methane. For a thicker

washcoat (/wc = 50 um) H2 is also distributed everywhere inside the washcoat. Near the inlet,

close to the fluid-washcoat interface, H2 is produced by POX. Farther downstream and deeper

inside the washcoat in the O2 deficient region H2 is produced by SR. Thus, the entire

washcoat is active leading to a high H2 yield. For a thick washcoat (/wc = 200 um) H2 is again

distributed everywhere inside the washcoat, although it is only produced near the fluid-

washcoat interface because CH4 is non existent deep within the washcoat.

4.5. Conclusions

The effect of washcoat thickness on reforming performance of a monolith reactor was

investigated. Two different axisymmeric models were employed, a limited model consisting

only of the flow channel and the channel wall and a more complete model consisting of an

additional domain, the porous washcoat. In the limited model, the catalytic reaction takes

place at the interface between channel and channel wall. In the extended model, the surface

reaction occurs also inside the washcoat. A detailed surface reaction mechanism described the

reaction of CH4 and dry air over rhodium catalyst.

Modeling the thermal and diffusive transport mechanism inside the washcoat proved to

be important in predicting correctly the reactor performance. Dependent on washcoat

thickness, the CH4 conversion was shown to vary by 48% and H2 yield by 62%.

An interesting result was obtained by simulating the common experimental conditions by

the numerical model: if the inlet volume flow and the amount of catalyst per washcoat volume

are constant, an optimum washcoat thickness of 70 urn was found. For that washcoat

thickness, H2 yield, both CH4 conversion and CO yield are maximal. If the washcoat is
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thinner, all the catalytically active sites are accessible but the amount is not sufficient to

process the inflowing reactants. This leads to a low CH4 conversion hence, low H2 yield. If

the washcoat is thicker, the amount of catalytically active sites is sufficient but not all ofthem

are accessible due to the reduced residence time, which comes from the constraint of constant

volume flow. Thus, both CH4 conversion and H2 yield are lower in this case.

The FWT model proved to be powerful in determining trends and performing

optimization with respect to washcoat parameters. However, the ZWT model can still be

useful for rough estimations of reactor performance, because its computational cost is

significantly lower and less parameter are needed.
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5. Fast and exergy-efficient start-up of micro solid oxide fuel cell

systems by simultaneous use of reformer or post-combustor for

heating
d

Abstract

We present an experimental investigation on a novel start-up process for micro solid

oxide fuel cell systems that uses a post-combustor or a reformer as a heat source. The

employment of platinum catalysts in the post-combustor or rhodium catalysts in the reformer

for total oxidation of butane by air combined with an electrically heated wire led to a faster

and more efficient start-up than conventional start-up methods using only electrical energy to

reach the cell's operation temperature of 600°C. By using the post-combustor as heat source

the start-up time could be reduced by 79% and the exergy cost by 86%. The latter includes the

cost of the stand-alone fuel cell system to produce electrical energy for the joule heating of

the wire (i.e. the system efficiency is accounted for). There are several advantages to use the

reformer as heat source during start-up, such as prevention of coking of the fuel cell or

improved heat transfer by internal heating of the other components. The start-up performance,

however, was lower than that of the post-combustor: the start-up time could be reduced by

65% and the exergy cost by 68% compared to a conventional start-up.

d
This chapter has been submitted for publication:

M.J. Stutz, R.N. Grass, S. Loher, W.J. Stark, and D. Poulikakos (2007), Applied Catalysis B: Environmental.



5.1. Introduction

Micro fuel cell systems are known as a promising alternative for power generation for

portable applications including the field of consumer electronics (mobile phones, notebooks,

camcorders etc.), medical and health care devices, and industrial applications (handheld

scanners, portable data collectors etc.) [1, 2]. Recent studies showed that especially micro

solid oxide fuel cells (uSOFC) show a high potential due to the high power density of the fuel

cell [3] and excellent partial oxidation abilities of the reformer [4-6]. However, such systems

operate at rather high temperatures leading to challenges in material science and thermal

management [7]. Thus, several investigations on temperature reduction down to 500 - 700°C

were performed [8, 9].

The start-up of such a system is an important issue to address, not only to have it fast but

also exergetically efficient [10]. Butane was chosen as fuel due to its efficient storage

capability in cartridges. Hotz et al. [11] optimized a whole uSOFC system from the exergetic

point of view. They showed that electrical power production generates losses in most subunits

of such a system. By optimization, a maximum exergetic efficiency of 0.19 at 600°C is

considered realistic. However, the transient start-up process was not investigated. Thus, if the

entire exergy in the start-up process is provided through electrical power, one also has to

include the losses to produce the electrical exergy leading to an exergetic inefficient start-up

method. It is therefore more reasonable to convert chemical exergy stored in the fuel tank

directly into heat. Schmidt et al. [12] showed that it can be done by homogeneous combustion

initiated by an ignition spark in a separate chamber lying in front of the devices that need to

be heated up. The drawback is that this method can generate very high temperatures

unsuitable for uSOFC applications. Jung et al. [13] presented a start-up method where the

metallic monolith, which acted as mechanical support, was electrically heated up to the

operation temperature for partial oxidation of methane. The entire exergy was provided by an

electrical source. Another interesting start-up method employs the catalytic activity of

hydrogen on platinum at room temperature to start up a fuel cell system [14]. The hydrogen

needed for the heat-up process stems from a hydrogen buffer, which is refilled in normal

operation by the fuel reformer. The disadvantage of that system lies in the complicated

purification process of the reformate gas for the hydrogen buffer, the difficult hydrogen

storage and the rather complex tubing of the system.
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Simplicity is an important factor in micro systems and therefore it is of a big advantage,

if already existing components are used for the optimization of the start-up process. The

straightforward solution is to use the post-combustor of a uSOFC system (Fig. 5.1) to convert

chemical exergy to heat by total oxidation [15]. Its main task is to totally oxidize the harmful

gases at the fuel cell outlet, which are either toxic (e.g. CO) and/or explosive (e.g. H2,

hydrocarbons). Thus, the catalyst is already adapted for total oxidation.

Tank

liquid

butane

—

1" 1

Electric

buffer

1

--> Vaporizer —
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heater 1
—

POX

reformer
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Pre-

heater 2 —1 S0FC
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Air
1

A. ' 1

Fig. 5.1. Schematic of a juSOFC system adaptedfrom Hotz et al. [11J. Mass flows (--) and

electric power output P are shown.

Recently, Lee et al. [16] showed the capability of rhodium, which was primarily

employed as partial oxidation or steam reforming catalyst, for total oxidation of propane.

Hence, such a reformer also shows excellent partial oxidation performance if flame-made

rhodium nanoparticles are employed [4] and can also be used as heat source by total oxidation

of fuel. By using the reformer as a heat generator during the start-up, several advantages arise:

totally oxidized, hot combustion gases leaving the reformer directly enter other units of the

uSOFC system and heat them from the inside (Fig. 5.1). By using the post-combustor as heat

source, the other components can only be heated indirectly via a heat exchanger heating the

inflow gases or by conduction in the solid part. In terms of long-term performance, the

decreased tendency towards coking of such a fuel cell is attractive since coking and other

deactivation mechanisms are a serious problem in fuel cell research, because they lower the

performance of the fuel cell [17]. If the reformer is used as heat source the fuel/air mixture is

burnt before the inlet of the fuel cell. Thus, a harmless mixture of C02, H2O and air enters the

fuel cell. In a system heated by the post-combustor, unburned or partially burned fuel flows

through the fuel cell. The fuel cell temperature rises constantly during the start-up process. It
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is known that for certain mixtures with carbon contents (other than CO2) and certain

temperatures, deactivation ofthe fuel cell occurs by carbon deposition [18]. During start-up, it

is likely that at least at one moment the condition inside the fuel cell is in the deactivation

regime. Furthermore, the buffer volume defined as the volume between the fuel container and

the reaction zone (reformer and post-combustor, respectively) of the hybrid design using the

reformer as heat source is considerably smaller and can therefore be better controlled.

In this study, we experimentally investigated the start-up process of a uSOFC system by

comparing two different hybrid systems to a conventional electric start-up process. The post-

combustor or the reformer was used as heat source by catalytically converting butane and air.

A heating wire brought the reactor to the ignition temperature. In the conventional reference

set-up joule heating was used to bring the assembly to the operation temperature. Our study

demonstrates the feasibility of these two more efficient hybrid systems. Furthermore, we

expected a reduction of start-up time and exergy cost of the hybrid systems. The resulting

short start-up time and high exergetic efficiency are crucial for most portable applications

where frequent shut-down and start-up is expected.

5.2. Experiments

5.2.1. Catalyst preparation

The Ceo sZro 5O2 nanoparticles with 2 wt% rhodium doping by the one-step process flame

spray synthesis were identical to those used in the study by Hotz et al. [4]. The CeosZrosCh

nanoparticles with 1.6 wt% platinum doping were prepared according to Stark et al. [19]. The

only difference lay in the precursor for the catalyst support where we used cerium (III) 2-

ethylhexanoate (12 wt% Ce, Shepherd Chemical Company) and zirconium (IV) 2-

ethylhexanoate (18 wt% Zr, Borchers GmbH) with a metal concentration of 0.4 mol L"1 each

[20].

5.2.2. Catalyst characterization

The characterization of the Rh/Ceo sZro 5O2 was measured previously by Hotz et al. [4].

The specific surface area and the phase composition of the platinum catalyst were measured

according to the same study. The platinum content was measured after digestion of the

catalyst in hydrochloric acid (37 wt%, J.T. Baker, 1 week) by flame atomic adsorption

spectroscopy (AAS) on a Varian SpectrAA 220FS (slit width 0.2 nm, lamp current 10.0 mA)
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applying a Air (13.5 L min"1) acetylene (2 L min"1) flame and measuring adsorption at a

wavelength of 265.9 nm. The catalyst was further analyzed by transmission electron

microscopy (CM30 ST, Philips, LaB6 cathode, operated at 300kV, point resolution -4Â) after

deposition ofthe particles onto a carbon foil supported on a copper grid.

5.2.3. Test setup for catalyst performance measurements

The test setup to investigate the capability of the catalyst to totally oxidize butane and air

[4] consisted of a packed bed containing 22.5 mg purified and calcined SiCh sand (Riedel-

deHaën, average diameter: 0.2 mm) mixed with 7.5 mg Rh/Ceo sZro 5O2 nanoparticles (2.0

wt% Rh) or with 7.5 mg Pt/Ceo sZro 5O2 nanoparticles (1.6 wt% Rh). The porous packed beds

were fixed in the Inconel tube between ceramic fiber plugs consisting of SiC^ and AI2O3. The

catalytic effect of the inconel tube on the reactions was shown to be negligible by comparing

it with a fused silica tube [4]. As a reference, a packed bed of 30 mg SiC<2 sand was prepared.

We used the test rig according to Hotz et al. [4] with constant air and butane inlet flow

rates of 21.0 and 0.65 mL min"1, respectively, leading to mole fractions of Xc H
= 3.1%,

X0 = 20.3%, and XN = 76.6%. This corresponds to the stoichiometric fuel to air ratio, based

on total oxidation and similar residence times as in the start-up experiments. Air is assumed as

an ideal gas, butane density is calculated by the Benedict-Webb-Rubin equation for light

hydrocarbons [21]. The entire reactor was heated under constant air/butane flow. The molar

composition of the outlet gas was determined by a GC/MS described by Hotz et al. [4]. The

molar product gas balance ofcarbon closed within 5%.

5.2.4. Test setup for start-up measurements

The test rig consisted of two concentric tubes (fused silica) enclosing two packed beds

(Fig. 5.2). The outer packed bed (length: 10mm) was fitted between the outer (inner diameter:

4.9 mm, outer diameter: 7.0 mm) and the inner tube (inner diameter: 1.6 mm, outer diameter:

3.0 mm). It consisted of 90 mg purified and calcined SiC>2 sand (Riedel-deHaën, average

diameter: 0.2 mm) mixed with 30 mg Pt/Ceo sZro 5O2 or with 30 mg Rh/Ceo sZro 5O2

nanoparticles. We filled the inner tube with 22.5 mg SiC"2 sand mixed with 7.5 mg

Rh/Ceo sZro 5O2 nanoparticles building the inner packed bed (length: 10mm), which thermally

represented the presence of other components of the uSOFC system. The plugs made of

ceramic fiber paper (SiC>2 and AI2O3) kept the packed beds in place. A resistance heating wire

(ferritic alloy, 73.2% Fe, 22% Cr and 4.8% Al, Kanthal D from Sandvik AB, diameter: 0.2
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mm, length: 80 mm) was bent several times and embedded inside the outer packed bed. It was

connected to a voltage source by two enameled copper wires (diameter: 0.2 mm, Rowan

Products Ltd.). The test rig was insulated by two identical cuboidal halves (100 x 100 x 50

mm, WDS ultra from Porextherm Daemmstoffe GmbH, thermal conductivity of 0.018 W m"

K"1 at 50°C varying to 0.031 W m"1 K"1 at 600°C) featuring a half tubular cut-out (7 mm

diameter) in order to totally enclose the outer tube along a length of 100 mm. The tubing from

the reactor outlet to the exhaust was heated in order to avoid clogging by condensed water.

The temperature was measured by a thermocouple (K type, diameter: 0.5 mm) inside the inner

packed bed. In order to minimize the heat loss by conduction, the number of thermocouples

that measure the temperature inside the hot zone was minimized. Thus, we decided to use

only one thermocouple that measured the center part of the reactor, i.e. the packed bed of the

inner tube. Rough estimations showed that the addition of a second thermocouple would

decrease the thermal resistance in axial direction by 24%. In order to estimate the difference

between the temperatures of the inner packed bed measured by the thermocouple and that of

the outer packed bed a transient numerical simulation of the simplified test rig has been

performed (see Appendix 5.A). It revealed that the temperature difference is small (< 8°C)

apart from a small period (<1.5 s) at the beginning where it can be up to 12°C. The placement

of the thermocouple in the outer tube was not possible, because it would have interfered with

the electrical heating wire.
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Fig. 5.2. Schematic ofthe test rigfor the start-up experiments with cross-section (A-A).

For the hybrid start-up process a butane/air mixture was fed into the test unit [4] in a

stoichiometric fuel to air ratio, based on total oxidation. The air and butane inlet flow rates

were constant at 122.3 ml min"1 and 3.8 ml min"1 (at 1 atm and 0°C), respectively. This leads

to a possible maximum heat release rate based on total oxidation of butane and air (lower

heating value) of 7.8 W. At the start of each experiment the voltage source was turned on to a

constant potential difference. When the temperature reached the stopping temperature, the

voltage source was turned off. The experiment was stopped when the temperature of the inner

packed bed reached the operation temperature. In this study we chose the starting temperature

of 40°C and operation temperature of 600°C. The time to reach the operation temperature is

the start-up time ti. We used two different reactors: the first, containing the platinum catalyst

in the outer tube, represented the start-up process of the uSOFC system if the post-combustor

was used as heat source, the second, containing the rhodium catalyst in the outer tube

simulated the start-up process, if the reformer was used as heat source.

As a reference measurement (i.e. the conventional start-up) we employed the same test

rig, however with merely electrical power input, hence no butane and air mass flux.

5.3. Results

5.3.1. Catalyst characterization

94



As previously shown by Stark et al. [19] flame spray pyrolysis can be used for the

synthesis of stable ceria/zirconia supported platinum catalysts in a one-step process. The

transmission electron micrograph of the as-prepared powder (Fig. 5.3) shows highly

crystalline nanoparticles in the size range of 10-20 nm. The presence of nanocrystalline

ceria/zirconia particles stays in agreement with the broad peaks of the X-ray diffraction

pattern (Fig. 5.4) and confirms the material composition. The average particle size can be

calculated from the material specific surface area (SSA = 68 m2 g"1) assuming equally sized

spherical nanoparticles [22] and reads dp = 6/(p-SSA). It was calculated as -15 run, which is

in good agreement with the observations from electron microscopy (Fig. 5.3).

Fig. 5.3. Electron micro'graph offlame-made 1.6 wt% Pt/Ce§ sZr® 5O2 showing regularly

shaped nanoparticles ofaround 10-20 nm diameter and narrow particle size distribution.

The ptotium is well dispersed on the support surface and not discernible by TEM[19J.
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and reference K-Ceo.5Zro.5O2 sample [23].

5.3.2. Total oxidation capability of catalysts

Butane conversion is defined as the ratio between converted butane and inlet butane and

describes the activity of a catalyst towards total oxidation of butane. Fig. 5.5 shows that the

platinum catalyst already starts to convert butane (> 5% conversion) at 180°C and yielded

100% butane conversion at 260°C. The rhodium catalyst showed a lower butane conversion at

all measured temperatures. Its total oxidation activity started at around 220°C. A high activity

(84%) was obtained at 380°C and further increased to 100% at 540°C. A reference reactor

with no catalyst started to convert butane at around 460°C. At 540°C, the butane conversion is

still below 10%.
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Fig. 5.5. Butane conversion as functions of reactor temperature for packed bed reactors

with the platinum and rhodium catalyst and a reference without catalyst. The solid lines

through the datapoints are curvefits.

5.3.3. Start-up dependent on electrical power input

The start-up time for the electrically heated reference system was about 6 min (Fig. 5.6)

using a mean electrical power input of 7.1W. We compared this value with a hybrid start-up

method using a platinum catalyst and a stopping temperature of 300°C. Using the same

electrical power input (7.2 W) allowed a reduction of the start-up time by 51%. If the

electrical power input is lowered, the start-up time also increases since the integral heat input

required a longer heating period.
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mean electrical power input with a stopping temperature of 300°C. Start-up time (ti, electric.)

and total energy input (Em eUctnc) of the electric start-up. The solid lines through the data

points are curvefits.

This can be better represented by the total energy input Etot as a function of the mean

electrical power input. The total energy input in an improved hybrid system is defined as the

inlet mass flux of butane times its lower heating value [21] plus the electrical energy input. A

reference value (Etot= 2.6 kJ) was derived from using only electrical power as the heat source.

Fig. 5.6 shows that the total energy input could be reduced by 40% if the electrical power

input is the same as in the reference measurement. For a lower electrical power input, the total

energy input increased.

Since the largest reduction in start-up time and total energy requirement was found for a

setup using the highest electrical power input, we chose this value for the following

measurements. The maximum electrical power input was limited by the properties of the

heating wire.

5.3.4. Start-up dependent on stopping temperature

In the following measurements the dependence of the start-up behavior versus stopping

temperature was investigated for both the platinum and the rhodium catalyst. The start-up

time for the rhodium catalyst was around 30 s longer than that of the platinum catalyst (Fig.

tot electric

L.
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5.7a) for the reference catalyst. By varying the stopping temperature, the start-up time could

be reduced by 79% for the platinum catalyst and by 65% for the rhodium catalyst for the

highest stopping temperature (i.e. the operation temperature) of 600°C. If we reduced the

stopping temperature, the start-up time increased for both catalysts. However, the start-up

time ofthe hybrid system is always markedly lower than that of the reference experiment. The

lowest feasible stopping temperature for the platinum catalyst was 100°C and yielded in a

reduction of 47% compared to the reference value. The lowest feasible stopping temperature

for the rhodium catalyst was 300°C resulting in a reduction of 29%.

Ç
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Fig. 5.7. Start-up time tj (a) and total energy input EM (b) of the hybrid start-up with the

platinum and rhodium catalyst as functions of the stopping temperature Tstop and of the

electric start-up with the platinum (Pteiectnc) and rhodium catalyst (Rheiecmc). The solid lines

through the data points are curvefits.

For the reference experiments, the total energy input using a rhodium catalyst was

slightly higher (2.9 kJ) than for a platinum catalyst (Fig. 5.7b). We obtained the highest

reduction for the hybrid start-up if the stopping temperature was the highest, which was 55%

for the platinum and 26% for the rhodium system. For lower stopping temperatures (TstoP <

500°C) the total energy input did not vary strongly with temperature for both catalysts.

The total exergy cost can be defined as the total amount of exergy provided by the

uSOFC system to reach operation temperature. The chemical exergy of butane Exxox,butane can
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be directly included into the total exergy cost. The electrical exergy Ex^, however, must be

produced from chemical exergy in a real stand-alone uSOFC system. The overall system

efficiency has to be included in this analysis as chemical exergy cannot be converted to

electrical exergy without significant losses. A previous study predicted a maximum exergetic

efficiency of UeX - 0.19 for a uSOFC system operating at 600°C [11]. For simplicity, we

neglected losses of storage and transport of electrical energy within the system. Thus, the total

exergy cost reads

Ex

^cost = -^TOX, butane
"l

• U )
"ex

The exergy provided by total oxidation of butane corresponds to the availability of liquid

butane [24].

Fig. 5.8 shows that the total exergy cost for the reference start-up simulation in a uSOFC

was 14 kJ for the platinum system and 15 kJ for rhodium. The reduction obtained for the

platinum system was 74% and 57% for rhodium, if we applied the highest stopping

temperature. However, the largest reduction could be achieved with the lowest stopping

temperature. This was as high as 86% for the platinum system and 68% for the rhodium

system.
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points are curvefits.

5.4. Discussion

The present experiments confirm the excellent activity of platinum catalysts for total

oxidation of butane and stay in good agreement to earlier studies [25]. The flame-made

platinum catalyst was more active than the rhodium based catalyst. Our results follow the

findings of Lee et al. [16] who observed a high activity for rhodium on a different support.

The present study shows that platinum is better suited for an integrated fuel cell design since

the stopping temperature during start-up can be lowered to 100°C.

The decrease of the start-up time with increasing electrical power input makes physically

sense. The decrease in total energy input with increasing electrical power input, however, is

not straightforward. In an ideally insulated system, the total energy input is independent of

power input. In a real system a significant portion of heat is removed by convection or

absorbed by the insulation. The present data show that for high electrical power output (Pei >

5 W) the assumption of perfect insulation is reasonable.

•
""

electric

~r
Pt

••electric
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The here-observed differences between the start-up time of rhodium or platinum

containing systems (9%) using only electricity for heating was within the acceptable limit.

The optimum operation conditions require a stopping temperature of 600°C if the highest

priority is minimal start-up time. We assume that the start-up time can be further decreased by

increasing the butane / air mass flow thus increasing the chemical energy input. As stated

above, the resistive heating wire has a certain limit concerning surface power load. Thus, a

longer resistive wire with optimized coiling could provide a higher electrical power input.

The low stopping temperature of the platinum reactor is surprising, since total oxidation

activity only starts at considerably higher temperatures. We conclude that locally inside the

outer packed bed, the temperature must have reached the ignition temperature (hot spots).

The total energy requirements (Fig. 5.6b) confirm the previous findings that platinum

performs favorably during start-up. Rhodium based systems were slower during start-up: this

reflects the lower activity of rhodium for butane conversion.

The use of a hybrid start-up process led to large reductions of exergy cost for both

rhodium and platinum based systems. The increase of exergy cost with increasing the

stopping temperature can be explained with Eq (1). The chemical exergy of butane ExTox

decreases with increasing stopping temperature, since the start-up time is longer (Fig. 5.7).

Hence the exergy needed to electrically heat the wire is the dominant factor. It is worth noting

that the optimum operation point is the lowest stopping temperature if the goal is to increase

the exergetic efficiency, hence, the run time.

The results clearly showed that the use of a hybrid start-up process is advantageous if

compared to a merely electrically heated system. We further showed that a hybrid start-up can

be successfully applied using the post-combustor or the reformer for heating. The exergy cost

reduction was higher for the platinum system. However, considering the other advantages

explained above, the start-up with the reformer as heat source might be preferable.

5.5. Conclusions

The present work investigated the start-up process of a uSOFC system using the reformer

or the post-combustor as a catalytic reactor to convert butane and air to heat combined with an

electrically heated wire. As a catalyst for the post-combustor we used flame-made

Pt/Ceo sZro 5O2 nanoparticles and for the reformer Rh/Ceo sZro 5O2.
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We showed that the operation temperature of 600°C can not only be reached significantly

faster, but also in an exergetic more efficient way compared to the conventional start-up

process, where only electrical energy is used.

By using the platinum catalyst as heat source the start-up time could be reduced up to

79% and the exergy cost up to 86%. Included in the latter is the overall uSOFC system

efficiency to produce the electrical energy of the stand-alone micro power plant. The results

of the rhodium catalyst were also promising, though slightly worse than those of the platinum

catalyst. The start-up time could be reduced up to 65% and the exergy cost up to 68%. On the

other hand, there are several advantages in using the reformer as heat source during start up,

such as direct heat transfer to the other components by convective internal heating and the

prevention of coking of the fuel cell.

The ideal operation point is defined by a high electrical power input and a high stopping

temperature (i.e. the operation temperature) if the goal is the start-up time reduction. For a

high exergetic efficiency the lowest possible stopping temperature defines the optimum

operation point if a system with rapid response during start-up is designed.

Appendix 5.A

The numerical model intended to roughly estimate the difference between the measured

temperature in the inner packed bed and that of the outer packed bed that was directly heated

by chemical reaction and the resistive wire. Thus, convective and radiation heat transfer was

neglected. The geometry included the two concentric quartz tubes, the two packed beds

placed in the middle, the insulation and the (static) air inside the tubes (Fig. 5.9). The

insulation was approximated as cylindrical in order to apply a radial symmetrical model,

which is computationally less costly than a 3-dimensional model. The thermocouple, the

wires and the plugs for the packed bed were left out of the calculation. Only the heat

conduction equations were solved in this model [26].
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Fig. 5.9. The numerical model and its dimensions (in mm).

Isothermal (T = 300 K) boundary conditions were set to the whole outer boundary except

for the symmetry axis. A uniform volumetric heat source was applied to the outer packed bed

(PB) with a total power of 7 W (case 1) and 14 W (case 2). Due to simplicity, we chose

constant properties for all materials, taken at 300 K [26]. The porosity of the packed bed was

estimated as 0.5. The thermal conductivity and the heat capacity were calculated according to

Hashin and Shtrikman [27] and de Vries [28], respectively. The partial differential equations

were solved by the commercial Software CFD-ACE+, distributed by the ESI group. The

numerical model consisted of 5940 rectangular cells building a structured grid. The

convergence criterion was lxlO"4 and 40 time steps were needed to achieve 600°C at the

center of the inner packed bed of case 1. This solution was compared to one with 24000 cells,

a convergence criterion of lxlO"5 and 92 time steps. A significant difference could not be

detected, thus the model is independent of the grid and the time steps. For example the time to

reach 600°C did only differ by 1.1%.
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6. Conclusions and outlook

This dissertation investigated the hydrocarbon reforming of a uSOFC system and

underlined the importance of using numerical and experimental methods to optimize the

operation parameters. The goal was to maximize the syngas output out of a hydrocarbon input

in steady state and to minimize the time and exergy cost during the transient start-up process.

The syngas is electrochemically converted to electric power in the fuel cell.

Chapter Two showed the relevance of numerically modeling the reactor wall, including

its thermal properties, for an accurate prediction of the reformer product gases. It was also

found that the methane reforming process can be divided into two characteristic zones, the

oxygen rich and the oxygen deficient region, where partial oxidation of methane and steam

reforming, respectively, are the main hydrogen producing mechanisms. The variation of axial

heat conduction with varying thermal conductivity or wall thickness shifts these regions and

thus changes hydrogen yield. In technical applications, most channel walls are made of a

ceramic or a metal alloy, hence a wide range of thermal conductivities must be covered.

Neglecting the thermal transport of the solid part overpredicts significantly the hydrogen

yield.

In Chapter Three, the effect of the catalyst amount and the channel size on the syngas

production of the same micro-reformer was investigated. The simulations showed that the

catalyst density on the channel wall influences the complex exo-/endothermic reaction

pathways and thus hydrogen production in the different regimes. A high catalyst density in

the oxygen rich region leads to a faster splitting of methane on the catalytic surface and

therefore higher hydrogen yield. For a slow splitting of methane, the released hydrogen atoms

immediately combine with surface adsorbed oxygen atoms to form water. Hence, the activity

of total oxidation is high. The findings also support the necessity of coordinating the selection
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of reactor diameter, inlet volume flow rate and catalyst amount to obtain a maximum syngas

yield.

The thin, porous ceramic layer containing the catalyst, named washcoat, was included

into the numerical model in Chapter Four, extending the micro-reformer of the previous

chapters. The variation of the washcoat thickness changed the diffusive resistance and the

thermal transport in radial and in axial direction, respectively. By implementing a relatively

simple analytical model of the transport inside the porous medium, the experimentally

determined diffusion coefficients of former studies could be reproduced. Furthermore, an

optimum washcoat thickness was found where syngas yield was maximal, by simulating the

common experimental conditions, which are constant volume flow and constant ratio of

catalyst amount to washcoat volume. The thickness of the washcoat also has an economic

impact, since it contains the precious noble metal rhodium, whose amount should be

minimized.

Chapter Five presented a novel start-up method of a uSOFC system that significantly

reduces start-up time and exergy cost. It employs the platinum catalyst of the post-combustor

or the rhodium catalyst of the reformer to totally oxidize butane and thus release heat. To

reach the ignition temperature, a heating wire was embedded inside the catalyst bed. It was

compared with a conventional method that uses only electrical energy by joule heating to

reach the operation temperature of the fuel cell. The experimental results showed that the

novel method is feasible and efficient with both catalysts. For the butane conversion the

platinum catalyst is better suited and featured the largest reduction of start-up time and exergy

cost. However, considering other criteria, such as prevention of coking or the efficiency of

heat transport to the other components, the reformer may be preferred as the heat source.

Focusing on miniaturization in micro-fuel cell system applications, the surface to volume

ratio increases inherently with size reduction. Therefore, the pressure drop gains in

importance. The employment of tree-like channel structures successfully showed its potential

to overcome this problem in micro polymer electrolyte and direct methanol fuel cell systems

[1,2]. Combining a reformer with the concept of such structures could be of high interest. The

prediction of the reformer improvement can be performed by adapting the numerical models

used in Chapter Two to Four.

Internal reforming of a hydrocarbon fuel on the anode side of a SOFC has the advantage

that the reformer can be omitted and thus the number of components can be reduced. The
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numerical modeling of such a cell has been performed by Zhu et al. [3] with a nickel catalyst.

Employing a rhodium catalyst or a combination of it with nickel could be of interest and is

expected to enhance the fuel cell performance, since rhodium is known to be a better catalyst

for steam reforming of hydrocarbon fuels than nickel [4]. Another indication that such a cell

could improve the performance is the finding that the addition of noble metals on the anode

side enhances the performance [5]. A numerical model could help to predict this

improvement.

It is known from the numerical modeling that the total oxidation is only active near the

inlet of the reformer. One idea for a new design is a double-stage packed bed with a first

packed bed containing a platinum or palladium catalyst and a second employing rhodium as a

catalyst. It is probable that the first stage, designed for total oxidation, does not significantly

disturb the reforming reaction in the second stage and thus does not lower the performance.

However, this serial arrangement of catalysts is likely to enhance the start-up performance if

the reformer is used as an additional heat source with the improved start-up method.

[1] S.M. Senn, D. Poulikakos, Tree network channels as fluid distributors constructing

double-staircase polymer electrolyte fuel cells, Journal of Applied Physics 96 (2004)

842-852.

[2] S.M. Senn, D. Poulikakos, Pyramidal direct methanol fuel cells, International Journal

of Heat and Mass Transfer 49 (2006) 1516-1528.

[3] H.Y. Zhu, R.J. Kee, V.M. Janardhanan, O. Deutschmann, D.G. Goodwin, Modeling

elementary heterogeneous chemistry and electrochemistry in solid-oxide fuel cells,

Journal of the Electrochemical Society 152 (2005) A2427-A2440.

[4] G. Kolb, R. Zapf, V. Hessel, H. Lowe, Propane steam reforming in micro-channels -

results from catalyst screening and optimisation, Applied Catalysis a-General 277

(2004) 155-166.

[5] R.J. Gorte, J.M. Vohs, S. Mcintosh, Recent developments on anodes for direct fuel

utilization in SOFC, Solid State Ionics 175 (2004) 1-6.

Ill



112



Curriculum vitae

Michael Jun Stutz

Born on August 8th, 1978

Citizen of Ettiswil LU, Seuzach ZH, Switzerland, and Kumagaya, Japan

Education

1991 - 1998

1998-2004

08/2002 - 02/2003

07/2004

10/2004-10/2007

Kantonsschule Zürcher Unterland, Matura, Typus C, Switzerland

Studies at the Department of Mechanical and Process Engineering,

ETH Zurich, Switzerland

Exchange semester, TU Delft, Netherlands

Diploma in Mechanical Engineering, ETH Zurich

Ph. D. candidate, research and teaching assistant,

Laboratory of Thermodynamics in Emerging Technologies,

Institute of Energy Technology,

Department of Mechanical and Process Engineering,

ETH Zurich, Switzerland

Advisor: Prof. Dr. Dimos Poulikakos

Professional Experience

02/1999 - 03/1999 Internship, Landert Motoren AG

03/2001 - 06/2001 Internship, Gretag Imaging AG

03/2002 - 07/2002 Hilfsassistent, Mechanics III, ETH Zurich

03/2005 - 07/2006 Supervisor of 2 bachelor theses and 1 semester theses, ETH Zurich

113



10/2004 - 03/2005 Assistant, Thermodynamics I, ETH Zurich

04/2005 - 09/2006 Assistant, Thermodynamics II, ETH Zurich

10/2006 - 03/2007 Assistant, Thermodynamics I, ETH Zurich

04/2007 - 09/2007 Assistant, Thermodynamics II, ETH Zurich

Publications

A. Patents

A.l. Stutz, M.J., Stark, W.J. and Poulikakos, D., 2007. Method for starting up a fuel cell

assembly. Patent EP07012131.

B. Refereed journal articles

B. 1. Stutz, M.J. and Poulikakos, D., 2005. Effects of microreactor wall heat conduction on

the reforming process ofmethane. Chemical Engineering Science 60, 6983-6997.

B.2. Stutz, M.J., Hotz, N. and Poulikakos, D., 2006. Optimization of methane reforming in

a microreactor - effects of catalyst loading and geometry. Chemical Engineering

Science 61, 4027-4040.

B.3. Hotz, N., Stutz, M.J., Loher, S., Stark, W.J. and Poulikakos, D., 2007. Syngas

production from butane using a flame-made Rh/Ce0.5Zr0.5O2 catalyst. Applied

Catalysis B: Environmental 73, 336-344.

B.4. Stutz, M.J. and Poulikakos, D., 2007. Optimum washcoat thickness of a monolith

reactor for syngas production by partial oxidation ofmethane. Submitted for

publication to Chemical Engineering Science.

B.5. Stutz, M.J., Grass, R.N., Loher, S., Stark, W.J. and Poulikakos, D., 2007. Fast,

Energy and Exergy Efficient Start-up of Micro Solid Oxide Fuel Cell Systems.

Submitted for publication to Applied Catalysis B: Environmental.

B.6. Bieberle-Hütter, A., Beckel, D., Infortuna, A., Muecke, U.P., Rupp, J.L., Gauckler,

L.J., Rey-Mermet, S., Murait, P., Bieri, N.R., Hotz, N., Stutz, M.J., Poulikakos, D.,

Heeb, P., Müller, P., Bernard, A., Gmür, R. and Hocker, T., 2007. A Micro-Solid

Oxide Fuel Cell System as Battery Replacement. Submitted for publication to Journal

ofPower Sources.

114



B.7. Raberger, N.B., Stutz, M.J., Hotz, N. and Poulikakos, D., 2007. Simulation of the

Post-Combustor for the Treatment of Toxic and Flammable Exhaust Gases of a Micro

SOFC. Submitted for publication to Journal of Fuel Cell Science and Technology.

C. Refereed conference article

C.l. Stutz, M.J. and Poulikakos, D. Disk Shaped Fuel Processor for Hydrogen Production

in Micro Fuel Cell Systems, 13th International Heat Transfer Conference (IHTC-13),

Sydney Convention and Exhibition Centre, Sydney, Australia, August 13-18, 2006.

D. Conference and symposium proceedings

D.I. Stutz, M.J. and Poulikakos D. Effects of microreactor wall heat conduction on the

reforming process of methane, 2nd Fuel Cell Research Symposium - Modeling and

Experimental Validation, German Aerospace Center, Stuttgart, Germany, March 3-4,

2005.

D.2. Stutz, M.J., Hotz, N. and Poulikakos D. Optimization of methane reforming in a

microreactor - effects of catalyst loading and geometry, 3rd Fuel Cell Research

Symposium - Modeling and Experimental Validation, EMPA, Dübendorf,

Switzerland, March 16-17, 2006.

D.3. Stutz, M.J. and Poulikakos D. Effects of the Wall Heat Conduction on the Reforming

Performance of Methane - Modeling the Detailed Catalytic Surface Reaction Inside a

Micro-Reactor, 16th EuroPAM, Centre de Congrès Pierre Baudis, Toulouse, France,

October 10-12, 2006.

115


