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Abstract

Aldolases constitute a class of biotechnologically promising enzymes that can catalyze the

stereoselective formation of carbon-carbon bonds. However, their wider application on a

process scale has been hampered as they mostly suffer from an unfavorable position of the

reaction equilibrium.

Continuous chromatography, realized as simulated moving bed (SMB), has matured into a

reliable and frequently used process option in biotechnology and the pharmaceutical industry

over the last years. The high resolution power of continuous chromatography should make it

well suited for the purification of products from complex reaction mixtures.

The integrated operation of a SMB unit and an enzyme reactor is proposed in this thesis, as

this should theoretically enable to obtain 100 % yield from a thermodynamically limited

reaction. The product can be continuously removed while the remaining substrates can be

recycled.

The formation of L-a//o-threonine from glycine and acetaldehyde, catalyzed by the serine

hydroxymethyltransferase GlyA from Escherichia coli, is used as a model reaction to explore

this concept of an integrated process. The enzyme can be functionally categorized as a

glycine-dependent aldolase, which introduces two new chiral centers in the product. GlyA

was produced in fed-batch fermentations of E. coli JM101(pESM3), achieving a yield of

120 mg recombinant protein per gram cell dry weight. This high expression level allowed the

direct use of cell free extract in an enzyme membrane reactor (EMR) for the continuous

production of L-a//o-threonine. The stability and activity of the enzyme, with regard to the

content of organic co-solvent in the reaction medium, was investigated. A kinetic model was

proposed and the according kinetic parameters were estimated for purely aqueous and 20 %

methanol-containing reaction medium. The experimental data agreed well with the model,

which allowed the development of a suitable model for the EMR.

For the chromatographic separation, a suitable stationary phase was identified that is capable

of separating the main components of the reaction mixture, the amino acids glycine and

threonine. The separation takes place under enzyme-compatible conditions, i.e. in aqueous

buffer at neutral pH, with minor content of organic co-solvent. Experimental SMB runs were

performed using the selected stationary phase. High purities were achieved, both in the extract

and raffinate outlet stream, indicating the overall feasibility for the integrated process concept.
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Zusammenfassung

Aldolasen bilden eine Klasse biotechnologisch vielversprechender Enzyme, welche die

stereoselektive Bildung von Kohlenstoff-Kohlenstoff Bindungen katalysieren können. Deren

weitverbreitete industrielle Anwendung wird jedoch behindert durch eine ungünstige Position

des Reaktionsgleichgewichtes.

Kontinuierliche Gegenstromchromatographie, basierend auf Simulated Moving Bed (SMB)

Technologie, hat sich in den letzten Jahren zu einem zuverlässigen und häufig genuzten

Prozess in der Biotechnologie und der pharmazeutischen Industrie entwickelt. Die

hervorragende Trennleistung der kontinuierlichen Gegenstromchromatographie prädestiniert

sie für die Trennung komplexer Reaktionsgemische.

In dieser Arbeit wird der integrierte Betrieb einer SMB-Anlage und eines Enzymreaktors

vorgeschlagen, da dies theoretisch eine hundertprozentige Ausbeute in einer

thermodynamisch limitierten Reaktion erlaubt. Das Produkt kann kontinuierlich abgezogen

und die verbleibenden Substrate zurückgeführt werden.

Die Bildung von L-a//o-Threonin aus Glycin und Acetaldehyd, katalysiert durch GlyA, einer

Serin-Hydroxymethyltransferase aus Escherichia coli, wurde als Modellreaktion ausgewählt

zur Untersuchung diese Konzepts des integrierten Prozesses. Funktionell kann das Enzym als

eine Glycin-abhängige Aldolase bezeichnet werden, welche im Produkt zwei neue chirale

Zentren einführt. GlyA wurde in gefütterten Satzkulturen von E. coli JM101(pESM3)

produziert, wobei eine Ausbeute von 120 mg rekombinantem Protein pro Gramm

Zelltrockenmasse erreicht wurde. Dieses hohe Niveau der Überexprimierung erlaubte den

direkten Gebrauch des zellfreien Extrakts in einem Enzym-Membranreaktor (EMR) zur

kontinuierlichen Produktion von L-a/Zo-Threonin. Die Stabilität und Aktivität des Enzyms

wurde untersucht in Bezug auf den Gehalt an organischem Lösungsmittel im

Reaktionsmedium. Ein Modell für die Kinetik wurde aufgestellt und die entsprechenden

Parameter dazu wurden bestimmt, sowohl für rein wässriges als auch 20 % Methanol

enthaltendes Reaktionsmedium. Die gute Übereinstimmung der experimentellen Daten mit

den Modelldaten ermöglichte die Erstellung eines Modells für den EMR.

Eine stationäre Phase konnte gefunden werden, welche für die Trennung der

Hauptkomponenten des Reaktionsgemischs, den Aminosäuren Glycin und Threonin, geeignet

ist. Die Trennung erfolgt unter enzymkompatiblen Bedingungen, d.h. in gepufferter Lösung

bei neutralem pH mit einem geringen Anteil organischen Lösungsmittels. Mit der

ausgesuchten stationären Phase wurden experimentelle SMB-Versuche durchgeführt. Die
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hohen Reinheiten, welche sowohl im Extrakt als auch im Raffinat erreicht werden konnten,

deuten auf die Durchführbarkeit des integrierten Prozesses hin.
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1 Introduction

1.1 General introduction

Biotransformation is today a widely accepted technique in the pharmaceutical and fine

chemical industry, for example in the production of drug intermediates [145]. Biocatalysis

also receives attention in the development of sustainable technologies for bulk chemicals in

the chemical industry. The frequently encountered chemo- and regioselectivites of enzymes as

well as high stereoselectivities leading to enantiopure products are attractive features of

biotransformation [147]. Product examples range from amino acids, carbohydrates, steroids to

bulk chemicals like acrylamide [95; 161]. On the other hand, the widespread application of

biotransformation is still hampered by several limitations such as the availability of the

biocatalyst, a frequently narrow substrate spectrum, and a limited process stability [147].

Furthermore, many promising applications suffer from product inhibition or an unfavorable

position of the reaction equilibrium, which is the topic of this thesis.

1.2 Chirality

A molecule is called chiral when it is not superimposable on its mirror-image [150].

Typically, a carbon atom that is attached to four different groups is the stereogenic center of

the molecule. The two existing mirror image forms of such a molecule are called enantiomers

and they exhibit essentially identical physical properties, with the exception of the rotation of

polarized light. Molecules containing n stereogenic center can exist in up to 2n different

stereomeric forms. The stereoisomers that are not mirror-images of each other are called

diastereomers, their physical properties differ from each other [150]. The topic in this work is

the diastereospecific production of L-a//othreonine, one of the four stereoisomers of

threonine (Fig. 1.1).

Due to their different three-dimensional configuration, enantiomers can differ in their

chemical and hence in their biological activity, which led to new guidelines for the production

of pharmaceutical drugs promoting the use of chiral drug molecules in enantiopure form [45].

Hence, the production of single stereoisomers gained increasing attention in the

pharmaceutical industry. Some of the motives to produce optically pure materials are: (i)

biological activity may be associated to only one enantiomer; (ii) enantiomers can have very
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different activities of which one may be unwanted, (iii) improved cost-efficacy, (iv) improved

activity of the pure enantiomer over the racemate due to antagonism [34]

There are mainly two production routes to enantiomerically pure products (i) kinetic and

dynamic kinetic resolution and (ii) asymmetric synthesis

OH

L-threo isomer

OH

L-allo isomer

OH O

OH

NH,

D-threo isomer

OH 0

OH

NH,

D-a//o isomer

Fig 1 1 The four stereoisomers of threonine L-threo and D-threo, as well as L-allo and

D-allo threonine form pairs of enantiomers, whereas L-threo and L-allo, respectively D-threo

and D-allo threonine form pairs of diastereomers

1.3 Asymmetric carbon-carbon bond formation

The stereoselective formation of carbon-carbon bonds is a key topic in today's synthetic

organic chemistry [147] The aldol reaction, the addition of an enolate donor to a carbonyl

acceptor, has attracted much attention, as it is one of the most powerful tools in organic

chemistry [106] Chemical synthesis routes, which mimic biochemical methods and broaden

the substrate acceptance, represent an extended area of research [106] Enzymes applied in

biocatalytic C-C bond forming reactions are aldolases, transaldolases, transketolases [17] and

hydroxynitrile lyases [42](Fig 1 2)
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Aldolase

Transaldolase

Traoskelolase

HO

O R,

Hydroxynitrile lyase

_*^ R:

HO.

ilv. ±N "—""sr—

O OH

*

OH

OH

*

R' CN

Figure 1.2: Enzymes frequently used for carbon-carbon coupling, the newly formed

stereogenic centers are marked by asterisks (Adapted from [17; 42]).

A major advantage of C-C bond formation using aldolases over the chemical methods is the

possibility to work without the need of protection groups. Consequently, aldolases are already

applied on industrial scale [96; 128]. Aldolases can be ordered in groups according to their

natural donor substrates (Fig. 1.3). The capability of aldolases to accept a broad spectrum of

unnatural acceptor substrates makes them particularly interesting for asymmetric synthesis.

On the other hand, many of the attractive reactions for synthetic purposes suffer from an
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unfavorable position of the thermodynamic equilibrium, leading to incomplete use of the

substrates. A further difficulty in aldolase catalyzed reactions is the similarity of substrate and

product, complicating the downstream processing. The application of in situ product removal

techniques [105] could limit the aforementioned problems in aldolase processes. In this thesis,

the integration of continuous chromatography, as an on line product recovery tool, with the

enzymatic reaction is proposed.

glycine-
dependent
aldolase

acetaldehyde
dependent
aldolase

oh o

opo,2-

0H di hydroxyacetone

phosphate-dependent
aldolase

opo,2-

pyruvate-dependent
aldolase

OH O

Fig. 1.3: The four main groups of aldolases, classified according to their natural donor

substrate, the newly formed stereogenic centers are marked by asterisks (adapted from [155]).
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1.4 Continuous chromatography

Chromatography is widely used as analytical and preparative tool. Continuous

chromatography has been used in the oil and sugar industry over the last 3 decades and is

nowadays gaining more and more attraction in the pharmaceutical and fine chemical industry.

The concept of continuous chromatography is mostly realized as simulated moving bed

(SMB). This technology allows the efficient separation of biotechnological products in the

downstream processing [149].

1.5 The scope of this thesis

The enzyme GlyA, a serine hydroxymethyltransferase from Escherichia coli, is investigated

regarding the formation of L-a//o-threonine from the substrates glycine and acetaldehyde. The

enzyme can functionally be described as a glycine-dependent aldolase. The discussed aldolase

catalyzed reaction displays all characteristics for biotransformations as mentioned previously:

the diastereoselective C-C bond formation leads to ß-hydroxy-a-amino acids of considerable

interest as precursors for more complex molecules in the pharmaceutical industry, but the

reaction suffers from thermodynamic limitation. In addition, the excellent diastereoselectivity

of the reaction is kinetically controlled, which means that the formation of a product mix of

high diastereomeric excess is favored at the beginning of the reaction, but towards long

reaction times, the reaction moves towards the thermodynamically determined and less

favorable diastereomeric excess. This adds a further incentive to quickly remove the product

from the reaction mixture and to maintain the reaction conditions for kinetic control. The

integration with a simulated moving bed to continuously remove the product and return the

remaining substrate should theoretically drive the reaction to completion.

Chapter 2 discusses the advantages of the integration of biotransformation and continuous

chromatography. Different strategies to achieve the integration will be explored. The

constraints that have to be taken into account and some general guidelines for the design of

integrated processes are described.

Chapter 3 addresses the availability of the biocatalyst and describes the recombinant

overproduction of the aldolase in fed-batch fermentations applying the AlkS/Paa5-expression

system.
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In chapter 4, the enzyme kinetics of the aldolase are described, with respect to the integration

with continuous chromatography. The enzyme was used for the continuous production of

L-a/fo-threonine in an enzyme membrane reactor.

Chapter 5 describes the implementation of a SMB separation for glycine and threonine under

conditions suitable for the integrated process.

Chapter 6 presents a summary and presents an outlook, discussing the further steps for the

technical realization of the integrated process at lab-scale.

Chapters 2 to 5 can be treated as independent studies and contain therefore the corresponding

introduction and conclusions.
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2 Integrated operation of continuous chromatography

and biotransformations for the generic high yield

production of fine chemicals

Stefan Makart*, Matthias Bechtold*, Matthias Heinemann, Sven Panke

* The authors contributed equally to this work.

SM contributed chapters 2.1, 2.3.2, 2.3.3 and 2.4.1

also published in J Biotechnol 124:146-162 (2006)
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Abstract

The rapid progress in biocatalysis in the identification and development of enzymes over the

last decade has enormously enlarged the chemical reaction space that can be addressed not

only in research applications, but also on industrial scale. This enables us to consider even

those groups of reactions that are very promising from a synthetic point of view, but suffer

from drawbacks on process level, such as an unfavourable position of the reaction

equilibrium. Prominent examples stem from the aldolase-catalyzed enantioselective carbon-

carbon bond forming reactions, reactions catalyzed by isomerising enzymes, and reactions

that are kinetically controlled. On the other hand, continuous chromatography concepts such

as the simulating moving bed technology have matured and are increasingly realized on

industrial scale for the efficient separation of difficult compound mixtures - including

enantiomers - with unprecedented efficiency. We propose that coupling of enzyme reactor

and continuous chromatography is a very suitable and potentially generic process concept to

address the thermodynamic limitations of a host of promising biotransformations. This way, it

should be possible to establish novel in situ product recovery processes of unprecedented

efficiency and selectivity that represent a feasible way to recruit novel biocatalysts to the

industrial portfolio.
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2.1 Introduction

Biocatalysis has become a workhorse in the chemical industry for the production of

pharmaceutical intermediates [161; 177]. In particular, reactions with enzymes from the

classes 1 (redox enzymes) and 3 (hydrolases) have been exploited. The most prominent

reasons for this are ease of access to starting materials and enzymes. In particular the latter

point has undergone some drastic improvements over the last 15 years due to a variety of

developments, such as [i] large genome-scale [43] and metagenomic sequencing programs

[175]; [ii] the screening of large metagenomic expression libraries [102]; [iii] constantly

increasing abilities of tailoring enzymatic properties to specific needs (such as improved

enantioselectivity or process stability [132]), and [iv] recombinant enzyme production. These

facilitate drastically the potential transition of new biocatalytic concepts from the stage of

fundamental chemical research to application in industrial processes [50; 54].

With the enzyme sourcing problem reduced, process considerations come more and more into

focus, addressing such important questions as suitable cofactor regeneration protocols [158;

177], or reactions in non-conventional media [80; 86].

Thus, we can pose now the question whether by smartly coupling biocatalytic and process

engineering steps we can design generic process schemes that extend our arsenal of industrial

biocatalysis. One such area could be, for example, reactions whose yield is limited by

thermodynamic constraints, which might require carrying out biocatalysis and product

removal in one unit at the same time. A prominent example is isomerase catalyzed reactions.

Usually, in such reactions the operator is left with a potentially difficult to process mixture of

starting material(s) and product(s). In addition, in order to achieve decent yields on an

expensive starting material (in reactions involving at least two starting materials), the cheaper

starting material is often applied in (large) excess, adding to the difficulty of purification.

Consequently, such reactions have remained largely unexplored on preparative level. A

general process option to increase the yield could recruit entire new groups of enzyme with

already proven synthetic merit to the preparative fine chemist's tool-box. This would include

such exciting areas as the manufacturing of saccharides and enantioselective formation of C-C

bonds, but also more established product groups such as amino acids. In particular enzymes

from the classes 4 (lyases) and 5 (isomerases), which are frequently used in these groups of

reactions, suffer from an unfavourable position of the reaction equilibrium [52], but also

many hydrolase-catalyzed kinetically controlled synthetic reactions face essentially the same

problem [174; 178].
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An obvious solution to the problem is to selectively remove the product immediately or

shortly after its formation from the reactor. This can be achieved, for example, by separating

the compound mix in a continuous Chromatograph, removing the product, and returning the

remaining starting material to the reactor (Fig. 2.1.). Depending on the type of reaction, both

operations could even be carried out in one reactor (see below). The required continuous

chromatography has emerged over the last decade as an excellent and industrially viable

process option for the separation of a wide range of product mixtures in two or more fractions

[70]. Chromatography's high resolution power provides also a unique opportunity to

accommodate the fact that (bio)catalysts frequently do not change the physicochemical

properties of a molecule by much, usually rendering work-up of mixtures difficult.

Furthermore, continuous chromatography considerably reduces the eluent consumption and

product dilution compared to traditional batch chromatography schemes, making it a much

more attractive procedure [55; 117; 119; 163; 164].

Figure 2.1: Concept of an on-line coupling of continuous chromatography and

biotransformation.

Obviously, such a coupled operation of a continuous chromatography installation and an

enzyme reactor creates a set of constraints for the applicable conditions. This extends at least

to the choice of eluent (which is at the same time the reaction medium of the enzyme reactor),

which leads to the question of suitable column materials (stationary phases) in the

chromatography unit. In this work, we will explore the feasibility of coupling continuous

chromatography and enzyme reactors based on previous experiences. We will first discuss

possible configurations that combine biotransformation and chromatographic separation and

analyze them in terms of for which types of enzyme-catalyzed reactions they might be used.
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Next, we will discuss the most prominent enzyme classes that suffer from an unfavourable

position of the reaction equilibrium. Finally, the continuous operation of a chromatographic

unit requires particularly robust stationary phases (SPs) to be used in the chromatography

columns. On the other hand, the material must be suitable to separate the most likely product

classes with enzyme compatible eluents (Fig. 2.1). Thus, we investigate in the subsequent part

whether there are materials that comply with both requirements. Based on these three

elements, we will give some guidelines on how promising biotransformation processes for

specific thermodynamically limited reactions can be realized in the future.

2.2 Biocatalysis integrated with continuous chromatography

2.2.1 The principle of continuous chromatography

Continuous chromatography has so far been most successfully realized as simulated moving

bed technology (SMB). This technology is best understood as a hypothetical true

countercurrent chromatography (TCC) (Fig. 2.2a). TCC is characterized by the countercurrent

movement of a liquid and a solid phase. The two inlet flows (eluent make-up and feed) and

the two outlet flows (raffinate and extract) are dividing the process into four distinct zones.

Separation takes place in zone II and III, and regeneration of liquid and solid phase takes

place in zone IV and I. The flow ratio (ratio of velocities) between liquid and solid phase has

to be set such that the less retained compound is moving in direction of the liquid phase and is

collected at the raffinate port while the more retained compound spends more time adsorbed

on the solid phase and moves in the direction of the solid phase, so that it can be collected at

the extract port. The fluid flow velocities in the zones can be controlled by the inlet and outlet

volumetric flows.

Obviously, the technical realization of such a system is rather difficult, because of the

required continuous movement of the solid phase. Therefore, the concept is realized as a

simulated moving bed (SMB). In the scope of this discussion only a brief outline of the most

important features is presented. A typical SMB consists of 4 to 24 columns that are connected

in an annular alignment by multi-way valves. The true countercurrent movement of liquid and

solid phase is simulated by periodically switching the inlet and outlet flows from column to

column in the direction of the fluid flow. Consider for the sake of simplicity a 4-column SMB

(Fig. 2.2b) with one column in each zone and a mixture of species A and B dissolved in the

applied eluent entering the SMB between zone II and III at the beginning of a cycle; the
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weaker retained species A reaches the outlet of zone III first. Before B reaches the end of

zone III, the in- and outlets are switched in the direction of the fluid flow, so the zones are

moved by one column in the direction of fluid flow. This translates into a hypothetical

movement of the columns (i.e. the SP) in the direction opposite to the fluid flow.

Analogously to TCC, port switching moves the more retained compound from zone III to

zone II and eventually to zone I, where complete desorption takes place and pure B can be

collected at the extract port between zone I and II. Pure A can be recovered continuously from

the raffinate port between zone III and IV, while in zone IV residual A is adsorbed in order to

achieve a complete regeneration of the solvent. Possible SMB operating points can be easily

derived by application of the triangle theory [111], which requires only the adsorption

isotherms, which in turn can be obtained easily from HPLC runs.
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Figure 2.2: (a) Schematic diagram of a four-zone true countercurrent chromatography (TCC)

unit consisting of four countercurrent chromatography columns with the corresponding axial

concentration profile for a binary separation, (b) Schematic diagram of a four zone SMB, the

experimental counterpart of a TCC with four columns. (A) less retained compound; (B) more

retained compound; (E) eluent.
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2.2.2 Continuous chromatographic bioreactor concepts

When such a continuous chromatography unit is now connected to an enzyme reactor, the

potentially improved yield gained by the coupling of the two process steps has to be paid for

by a decrease in the degrees of operational freedom as separation and reaction need to be

operated under identical process conditions (Fig.2.1). There are basically three ways to

achieve the coupling of biochemical reactions and continuous chromatography, which vary in

the degrees of freedom in operation and design.

SimulatedMoving BedReactor (SMBR):

The basic operating concept of an SMBR (Fig. 2.3a) is analogous to that of an SMB. The

enzyme is simply added throughout the SMB unit, either to the SP in immobilized form or to

the mobile phase in soluble form. Consequently, starting material can be continuously

converted in all sections of the SMBR. Consider a thermodynamically limited reaction of type

A to B and C. Species A is added to the SMBR in the feed flow and is enzymatically

converted to B and C. Species B and C are separated from each other due to their different

adsorption behaviour. This separation prevents the backward reaction and enables complete

conversion of A. Species B and C can be collected at the extract and raffinate port,

respectively, in high purity. Ideally the retention of A should be between that of B and C

[100]. Separation and reaction are not separated in time and space, constituting a high degree

of integration. On the other hand, the number of operation points that would be feasible were

the SMB operated without reaction is much reduced because reaction kinetics and equilibrium

have to be taken into account [100]. Obtainable productivities at complete separation and

complete conversion are generally decreased in comparison to a purely separative SMB [162].

The few realized model processes combining biotransformation and SMB technology are

almost exclusively based on the SMBR concept (Table 2.1) with reactions leading to at least

two products. In earlier works, the SMBR was investigated as a two zone SMBR without the

zones for regenerating eluent and SP [3; 7; 8; 151; 152]. Regeneration of the SP was

accomplished by decoupling the last column of the extract zone (equivalent to zone II of Fig.

2.3a) and eluting the strongly adsorbed compound with fresh eluent. Regeneration of the

eluent was omitted and the complete effluent from the raffinate zone (SMB zone III) was

collected (open loop arrangement). The enzymes were dissolved in the mobile phase in all
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Figure 2.3: (a) Simulated moving bed reactor (SMBR) with axial concentration profile of

substrate A and products B and C. (b) Hashimoto process with axial concentration profile of

substrate A and product B. (c) Coupled SMB and bioreactor (cSMB&R) with axial

concentration profile of substrates A and B and product C. Striped rectangles:

chromatography columns. Empty rectangles: enzyme reactors.
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these cases. Rather than thermodynamic limitations, the model reactions addressed product

inhibition and reaction selectivity. It was shown that the applied concept required only 34-

72% of the amount of enzyme needed in a corresponding conventional batch reactor of the

same productivity [152]. Later, the concept was further developed into a closed-loop four

zone SMBR by Azevedo and Rodrigues [6].

This concept was also used for overcoming thermodynamic limitations in lipase catalyzed

esterifications [114]. Mensah and Carta [114; 115] realized a simplified SMBR, consisting of

only one zone of several columns, constituting the separation and reaction zone. Two thirds of

the SP on a weight basis consisted of immobilized lipase, the rest of ion exchanger material.

The alcohol and acid, dissolved in hexane, were fed to the first column, which was

periodically removed by elution with pure alcohol in order to recover the adsorbed water

separately. The column was then added to the separation and reaction zone at the last position.

Later, a three zone SMBR was applied in an open loop arrangement that omitted only the

solvent regeneration zone [113]. Hexane and the alcohol were used as eluent, whereas the

acid was added with the feed. Water accumulation on the immobilized enzyme was reduced

by removing the water at the extract port. Both concepts keep water adsorption on the

immobilized enzyme below a threshold value and thus prevent product hydrolysis.

The Hashimoto Process

In order to prevent reactions from occurring in all SMB zones, a partial disintegration of

separation and reaction is required. The enzymatic reaction is then no longer distributed

throughout the SMB, but localized in enzyme reactors that are fixed to specific SMB zones

(e. g. zone III) while the columns are switched from zone to zone [59] (Fig. 2.3b). The

advantage of such an alignment in comparison to an SMBR can easily be understood from a

thermodynamically limited reaction of type A to B. The weaker retained species A moves

with the mobile phase and is step-wise converted to species B in the reactors present in zone

III. This process concept creates the possibility to install reactors only in those SMB zones,

where reaction is advantageous. In zones where enriched product is present (zone I and II),

enzyme reactors would only promote the backward reaction counteracting the conversion and

resolution achieved before. Theoretically, the fraction of not converted A could be collected at

the raffinate port and recycled to the feed flow in order to increase the product yield [15].
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Experimentally, this concept was used for the production of high fructose syrup. The

enrichment of fructose beyond equilibrium was established by the stepwise conversion of

glucose in the bioreactors present in zone III while the more retained fructose could be

collected at the extract port. Since in the realized process alignment no regeneration of the

mobile phase was implemented (no zone IV), considerable amounts of residual glucose could

reach the fructose outlet and thus limit the achievable purities [59].

On-line coupling o/SMB and reactor (cSMB&R)

In this concept, SMB and bioreactor constitute two separate units interconnected by a loop.

The SMB continuously separates product and starting material leaving the bioreactor.

Considering for example a thermodynamically limited biochemical reaction of type A to B,

the starting material A is recycled from one port of the SMB unit to the bioreactor while the

product B can be collected at the other effluent flow ideally completely separated from A.

Thus theoretically 100% yield can be achieved. In SMB operation, generally dilution of the

compounds to be separated occurs with respect to the feed concentrations. Since the effluent

flows are usually higher than the feed flow only a fraction of the volume of the effluent can be

recycled for continuous operation. This needs to be compensated for by e.g. nanofiltration

resulting in a concentration of the residual starting material before recycling. In cSMB&R

reaction and separation are decoupled as far as possible, establishing a broad range of possible

applications.

Although the cSMB&R concept has - to the best knowledge of the authors - never been

experimentally realized, various authors have compared the potential performance of the

cSMB&R concept by model based simulations to other process concepts. For the

glucose/fructose isomerisation, the Hashimoto process was superior compared to a cSMB&R

process with respect to eluent consumption for fructose contents in the range of 45-65% [59].

At higher fructose purities application of the cSMB&R concept would prove advantageous

[59]. This result was extended by later work, where the SMBR, an cSMB&R-Hashimoto

hybrid and an cSMB&R process were compared, again for glucose/fructose isomerisation

[15]. The SMBR process appeared to be the most advantageous for fructose purities smaller

than 65%), the cSMB&R-Hashimoto hybrid process for purities between 65%>-95%>, and the

cSMB&R for purities >95%>. The fact that highest purities can be obtained from the cSMB&R

configuration, can be easily explained by the fact that in SMBR for equilibrium reactions of

type A to B the backward reaction is constantly catalyzed (the enzyme being present

throughout the reactor). This way, high productivity at high purities is prevented. Due to the
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continuous recycling of residual glucose in the cSMB&R process, the best performance in

terms of productivity can be obtained at very high purities.

In summary, it becomes clear that coupled continuous reaction and chromatographic

separation systems have addressed mostly food-related biotransformations that suffered form

product inhibition and so far have not played a major role for fine-chemical purposes, and in

particular have not addressed thermodynamically limited reactions in considerable depth. On

the other hand, even the rather limited set of examples from various application areas already

indicates that such integrated process concepts represent unique options to drive reactions to

complete conversion by realizing a highly selective in situ product recovery. Their potential

for producing products at high purities and decent productivities makes them particularly

attractive for the fine chemical field with pharmaceutical applications in mind.

Next, we will investigate the scope of the opportunity with respect to the interesting catalysts

that would benefit from a combined enzyme reactor/SMB operation.

2.3 Accessible enzyme classes

As the structure of the catalyzed reactions (one or more products) has obviously an impact on

the most advantageous configuration of the coupled enzyme reactor/SMB, it appears useful to

arrange the type of enzyme reactions according to number of reactants involved:

2.3.1 Reactions of type A to B

The easiest reactions that can be considered for integrated operation with a continuous

chromatography installation are those that convert a starting material A into a product B, i.e.

isomerases, epimerases, or racemases (Table 2.2). Most of the reactions catalyzed by this

group have starting materials and products of very similar Gibbs' energy of formation,

resulting in equilibrium positions that leave mixtures of substrate and product. The most

prominent model system here is the conversion of glucose to fructose by a D-xylose

isomerase (see above) to produce high fructose corn syrup [60]. From a fine chemical point of

view, this reaction might not be the most interesting one, but it serves well to illustrate the

potential of the concept for another set of isomerase-catalyzed reactions that open access to

interesting ketoses via the corresponding aldoses whose chemistry is much better developed

[60]. Here, quite a range of interesting isomerases is available, including D-xylose isomerases

for the synthesis of iminoalditol-based glycosidase inhibitors [60],
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Table 2.2

Overview of accessible enzyme classes in combination with SMB

Enzyme (example) EC Requirements
number

Isomerases

- D-xylose-isom erase

OH ^oH

Mn Mg
5 3 15 Co2

Epimerases
- D-tagatose-3-epimerase

OH O

OH OH

OH O

OH OH

5 13X None

Racemases

- amino acid racemase

NH2

R COOH

51110 PLP

Pyruvate-dependent aldolases

- N-acetylneuraminic aldolase

H R 02C

O OH

Glycine-dependent aldolase

- L-threonine aldolase O OH

Glycosidases

- ß-glucosidase H0^^\^o
reversed hydrolysis

HO—^^rA,
OH \)H

.0.
T

n2^

3 2 1 X Mg' Na

Transketolase

transglycosylation

+ R2 OH

2211 Mg2 TPP

Transaminases

- L-aspartate aminotransferase

Kinetically controlled reactions

- penicillin acylase

R3 R4 R

NH2

r\2 r\3

/

261X

2611

35111 None

X = OCH, NH,

V-

/-

PLP: pyridoxal phosphate; TPP: thiamine diphosphate.
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L-fucose and L-rhamnose isomerase for the production of rare sugars such as L-lyxose [53],

and L-arabinose isomerase to produce D-tagatose as a potential bulk sweetener [76].

The epimerases represent another interesting set of enzymes that interconvert either different

aldoses or different ketoses into each other. In particular D-tagatose-3-epimerase offers access

to a number of rare D-sugars e.g. D-sorbose [66] and the potential bulk sweetener D-psicose

[169].

Racemases (Table 2.2) catalyze the interconversion of enantiomers and are therefore

potentially of particular interest in fine chemistry. In the context of integrated processes, they

might allow a novel perspective on the relationship between the number of directly accessible

enantiomers and the number of required enzymes. For example, the classic resolution routes

to amino acids usually start from racemic amino acid intermediates that are then

enantioselectively hydrolyzed. Direct access to either one of the enantiomers with 50% yield

requires two enzymes, one for each enantiomer. Getting to 100% yield requires a third

enzyme, the racemase (or a suitable alternative chemical procedure). Using a combination of a

racemase and a continuous chromatography system, only one enzyme would be required to

access both enantiomers in a theoretical yield and enantiomeric excess of 100% from the

same installation (Fig. 2.4).

feed racemic

extract S.

direction of fluid flow and port switching

Figure 2.4: Process scheme for the production of enantiopure compounds by the integrated

operation of chiral SMB and a racemase reactor. Sr: i?-enantiomer; Ss: ^-enantiomer.
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Racemases have already found their way into industrial catalysis [110; 146] in order to

remove some of the 50% yield limitation in classical resolution processes of activated amino

acid intermediates. A number of racemases that operate on amino acids directly (rather than

their derivatives) have been reported [146], indicating that this product group might be as well

accessed directly by integrated operations rather than via activated intermediates. Other

efforts to develop racemases for biotransformations have mainly focused on racemases acting

on a-hydroxy carbonyl derivatives such as mandelic acid [146].

2.3.2 Reactions of type A+B to C

Lyases are important in fine chemistry due to their capacity of enantioselective C-C bond

formation. In the group of aldolases, a typically essential donor substrate reacts with one of a

variety of possible acceptor aldehydes. Consequently, aldolases are organized along the

essential donor into dihydroxyacetonephosphate- (DHAP), acetaldehyde-, pyruvate-, or

glycine-dependent aldolases. The latter two aldolase classes (Table 2.2) catalyze many highly

interesting reactions with unfavourable reaction equilibria. One important example here is the

conversion of pyruvate and iV-acetyl-D-mannosamine (ManNAc) to iV-acetylneuraminic acid

by the pyruvate-dependent iV-acetylneuraminic aldolase. This reaction is of interest for the

production of, for example, neuraminidase inhibitors such as Relenza (Glaxo Smith Kline).

As the manufacturing of ManNAc from iV-acetylglucosamine is also challenging, only

relatively dilute substrate mixtures are applied and the product is quite heavily contaminated

with substrates (Keq=28.7 M"1 at 25°C) [84]. A number of approaches have been followed to

address the problem, all involving an excess of pyruvate to drive the reaction [13; 84; 107].

As this behaviour is a general property of the pyruvate-dependent aldolases for the production

of 2-ketoaldonic acids, the removal of pyruvate as an end-of-pipe treatment received

considerable attention [107; 184]. This example illustrates clearly the underlying problems of

this specific enzyme class.

The same problem is encountered in the manufacturing of ß-hydroxy-amino acids with

glycine-dependent aldolases (Table 2.2). Here, threonine aldolases represent a synthetically

interesting group of enzymes because they have the potential for selective production of

diastereomerically complete sets of ß-hydroxy-amino acids (theoretically consisting of 4

enzymes for all 4 stereochemically possible permutations of the Ca and Cp atom of an amino

acid). Although the enzyme set is not (yet) complete [98], the industrial potential for these

enzyme is already clear [87; 97].
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Furthermore, there is strong evidence that glycine-dependent aldolases that are reported as

indifferent to the configuration at Cp are in fact diastereoselective to a considerable extent, but

the diastereomeric excess suffers from extended reaction times because the kinetically

preferred isomer has time to be converted until the diastereomerically more unfavourable

thermodynamic equilibrium has been reached [78] (see also below - note that this behaviour

does not make these enzymes of the A + B to C + D type, because for the reverse reaction the

enzyme requires only C or D, not both). We will address this behaviour in the next paragraph

in more detail.

2.3.3 Reactions of type A+B to C+D (+E)

This type contains mostly hydrolase reactions, for many of which it would be interesting to

reverse hydrolysis, as it is done in lipase catalyzed synthesis in organic media. One prime

example for a reaction that requires an aqueous medium and would therefore potentially

benefit a lot from the enzyme reactor/SMB concept is the alkylation of glycosides with

glycosidases. Although these enzymes catalyze in vivo the hydrolysis of glycosides, they are

heavily explored as biocatalysts in the synthetic direction as well, either in reverse hydrolysis

or in transglycosylation [174]. For reverse hydrolysis, by adding alcohols as glycosyl

acceptors to the aqueous reaction medium and thus reducing the water activity in the reaction

mixture considerably (aw < 0.4), promising yields up to >60% (for the acceptor) can be

obtained [26; 176] which make this a potentially highly attractive class of reactions for

integrated processing.

Transketolases catalyze in vivo the reversible transfer of a two-carbon ketol unit from a ketose

to an aldose. Synthetically, they open the door to the manufacturing of commercially

interesting enantiomerically pure diols and triols with D-^reo-stereochemistry [170] and have

attracted a lot of interest because a promising way to overcome the problem of equilibrium

position is available: By using hydroxypyruvic acid (HPA) as ketol donor, C02 is produced

and this drags the reaction theoretically to completion [28]. However, HPA is expensive, and

the ability to substitute this ketol donor by one of a host of others that are accepted by

transketolases might very much broaden the interest in this class of enzymes [14].

A similar strategy has been applied for transaminases that can be used to produce for example

unnatural amino acids from the corresponding a-keto acids [2; 46]. Using L-aspartate as the

amino donor, oxaloacetate remains which spontaneously decarboxylates to pyruvate and thus

prevents the reverse reaction. Again, removing the requirement for a particular amino-donor
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might broaden the utility of this class of enzymes. However, in both of the above examples, a

one- (transketolases) or two-(transaminases) compound mix at the end of the reaction would

need to be exchanged for a complex four-compound-mixture that would need to be suitably

separated by the continuous chromatographic system.

In a number of interesting biocatalytic reactions of this class, the composition of the product

mixture varies over time, i.e. first a kinetically controlled product is formed before after

longer residence times in the reactor the product mixture approaches the thermodynamically

most favourable composition. In fact, this has already been briefly discussed for threonine

aldolases (see above). However, kinetically controlled syntheses play also an important role

with hydrolases that are used in synthetic direction. In transglycosylation, a disaccharide (or

any other "activated" glycoside) is used as a glycosyl-donor in the synthesis of substituted

glycosides. This allows to accelerate the reaction considerably (relatively to the above

discussed reverse hydrolysis), but bears the problem that water can act as a nucleophile in the

enzymatic reaction as well and can cause the donor or the product to hydrolyze, thus creating

an undesired dead-end product [174]. The same strategy is followed in the manufacturing of

semisynthetic antibiotics, where an activated side-chain is coupled to the ß-lactam-nucleus

using a penicillin acylase. Again, either the activated side chain or the product might be

hydrolyzed in the presence of the enzyme [178]. Obviously, a strategy that limits the time of

exposure of the reactants to the enzyme and allows the selective removal of the "sensitive"

product from the mixture should increase the yield (calculated based on either the activated

donor or the desired nucleophile).

In summary, there is a large variety of enzymes available that have already proven their merit

in terms of chemical utility but face intrinsic processing problems because of the position of

the corresponding reaction's equilibrium. Consequently, it appears that there is ample

motivation to investigate process concepts to exploit their synthetic power. Conceptually, they

fall in two classes: reactions that lead to only one product and reactions that lead at least to

two products. In terms of product, most examples address sugars and sugar-like compounds,

and amino acids and their derivatives. The required separations cover separations of entirely

different molecules, of stereoisomers, or of enantiomers. Consequently, a large variety of

product groups would need to be separated on the SMB. Next, we will analyze whether the SP

materials that are currently available are likely to be sufficient to address these diverse tasks.
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2.4 Stationary phases

Due to the integrated operation of enzyme reactor and chromatographic separation unit,

possible SPs have to comply with a number of requirements: if an organic solvent has to be

added to the eluent, its fraction should be low enough to permit efficient enzyme function,

and eluent pH should be adjusted to close to neutral conditions including buffering when

necessary. Another point is that enzyme reactions will require buffering or at least some salt

addition to adjust the pH properly. This can have important effects on the separation

characteristics of the SP. Consequently, we need to investigate the different materials with

respect to their behaviour in eluents with a high water content and (close-to) physiological

pH.

2.4.1 Potential stationary phases for coupled enzyme reactor/SMB operation

Non-chiral stationaryphases

Non-chiral SPs can be applied for most of the potential applications of the coupled enzyme

reactor/SMB concept, because the separation task does not involve the separation of

enantiomers form each other. For these separations, reversed-phase silica is the most widely

used packing materials in preparative chromatography [108]. In its important Ci8- and C%-

form, it is mostly applied for preparative separations of weakly basic or polar compounds, but

cannot tolerate pure aqueous eluents as the alkyl chains bonded to the silica core would

collapse. However, this is no issue as long as the enzyme used for biotransformation tolerates

a minor content of organic solvents, which is frequently the case. On the same note, the

slightly acidic conditions that are preferred to counter the alkaline susceptibility of the

material are typically not a problem for biotransformation.

Ion-exchange materials are commonly used in the analysis of amino acids and are also good

SPs for preparative applications. The group of Yonemoto separated glutamic acid and valine

by continuous chromatography [79] and also a ternary mixture of glutamic acid, valine, and

leucine [48] on a cation-exchange resin in the Na+ form using sodium acetate buffer (pH 5) as

eluent. Wu and co-workers separated a mixture of the amino acids tryptophan and

phenylalanine in SMB using PVP resin (poly-4-vinylpyridine cross-linked) and water [186].

Also for the separation of saccharides, ion-exchange is among the most suitable techniques

for preparative chromatography due to size exclusion and ligand-exchange effects [180].

Strong acid-type polystyrene/divinylbenzene-based cation-exchangers in Ca2+ form were

already used in continuous chromatography for the separation of fructose, glucose and
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sucrose in water with 0.5 g/1 CaCl2 [65], of fructose and dextran in water [32], and of glucose

and fructose in an SMBR in a calcium acetate buffer at pH 4.5 [6]. Zeolites are an attractive

alternative for the separation of sugars as was demonstrated for glucose and fructose with

Ca2+ exchanged Y zeolites in an SMB with water as eluent [30; 59].

Chiral stationaryphases

When the enzyme reactor/SMB concept is applied to racemases, enantiomers need to be

separated from each other. Given the importance of chirality in pharmaceutical chemistry, it is

obvious that this is an important potential application. However, there has been no integrated

operation of enzyme reactor and chiral SMB before, so there is hardly any information about

the behaviour of chiral SPs under enzyme-compatible conditions.

Polysaccharide SPs are considered the workhorse for chiral separation on both analytical and

preparative scale due to the broad range of applicable molecules [197] and an outstanding

saturation capacity of up to 100 mg/g chiral SP [47]. They can be operated in reverse mode

with water contents up to 90% (manufacturer's information), however sufficient interaction

with the SP requires neutral analytes as solvation of ionic analytes presumably prevents

proper interaction with the SP. Hence, for the separation of basic and acidic compounds pH

adjustment or addition of a counterion for ion pair formation is required. Furthermore the

interactions in chiral discrimination of polysaccharides SPs are considered to be less efficient

in highly polar aqueous eluents such as water [168] Other preparatively applicable chiral SPs

include tartardiamide chiral SPs, SPs with low molecular-mass chiral selector (i.e. Brush type,

Pirkle type) and Polyacrylamide chiral SPs. Those SPs show saturation capacities of

approximately 1-20 mg/g CSP and are stable in reverse and normal phase, but are usually

operated in normal phase mode [5; 47].

Another broadly applicable class of preparative chiral SPs that received considerable attention

over the last years is macrocyclic glycopeptide bonded phases that are reported to show good

separation characteristics for a variety of compounds, in particular amino acids, when

employing aqueous eluents [187]. For example, baseline resolution of racemic methionine

was obtained on an analytical teicoplanin-based SP column employing pure water as solvent

[12].

The different types of chiral SPs are complementary and frequently mutually exclusive in

their separation characteristics. A screening of 55 different enantiomeric pairs employing

different polysaccharide and macrocyclic glycopeptide chiral SPs revealed that - except for
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two - all enantiomeric pairs could be separated with five compounds being only separated on

the macrocyclic glycopeptide chiral SPs and 17 only on the polysaccharide chiral SPs [4].

Next to these fundamental considerations, selection criteria for the best SP include separation

efficiency, mechanical stability at elevated pressure and chemical stability [70]. However

little specific information is documented for these issues.

Table 2.3

Overview of potentially suitable preparative stationary phases for a potential integration with

enzyme reactions

Stationary Phase Accessible

compounds

Applicable enzyme

compatible eluents

Potential accessible enzyme

reactions

Reversed phase

silicas (C18)

Ion-exchanger

(Organic polymers,

zeolites)

Macrocyclic

Glycopeptides*

Water soluble, non- Aqueous buffer,

polar or weak polar 10% organic modifier

required

Charged molecules, Aqueous buffer

sugars

Amino acids,

carboxylic acids,

ß-lactams

Aqueous buffer usually

containing >20% organic

modifier

L-aspartate aminotransferase,

penicillin acylase,

N-acetylneuraminic aldolase,

transketolase

ß-glucosidase D-xylose isomerase,

D-tagatose-3-epimerase,

L-threonine aldolase, L-aspartate

aminotransferase, transketolase

Amino acid racemase

only preparative chiral stationary phase yet applied with high water systems

In summary, it is clear that sufficient materials are available to select SPs for coupled enzyme

reactor/SMB operation for the most interesting product classes (Table 2.3). Of course, this

very general statement has to be verified in each specific case, because it is based on some

rule of thumb assumptions about enzyme behaviour in the presence of low amounts of organic

solvents.
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2.5 Guidelines

In the sections above, we have analyzed the available reactor configurations for coupled

enzyme reactor/SMB operation, the chemical opportunities that could be addressed by such a

concept, and in how far proper SP material is available so that novel processes might indeed

be realized. We will now try to accommodate the separate points into some design guidelines.

2.5.1 Choice of process configuration

The Hashimoto process requires the most complex process control of the three investigated

configurations due to additional equipment such as reactors, valves etc. Furthermore, the

purities that can be obtained for thermodynamically limited reactions are generally lower than

in SMBR and cSMB&R configuration due to the cascade-like arrangement of reactors and

separators. Recycling concepts (e.g. Hashimoto-cSMB&R hybrids) for residual substrate

might increase the product yields for the Hashimoto process. However the additional

equipment expenses and design complexity will only in very exceptional cases justify an

application in coupled enzyme reactor/ SMB operation.

For the remaining two concepts - SMBR and cSMB&R - selection depends on the applied

type of reaction. The SMBR concept is most advantageous for reactions forming two different

molecules, e.g. the A and B to C and D, or A to B and C type, that is for reverse hydrolysis of

glycosides, transketolase- and transaminase-catalyzed reactions. Due to the rather long

residence times in the SMBR combined with the instantaneous separation of substrate(s) and

products, complete conversion can usually be achieved for thermodynamically limited

reactions. At the same time, the products are separated to high purities at decent

productivities. When applying the SMBR concept to reactions that lead to only one product,

the permanent back-reaction throughout the whole unit interferes with high product purity, so

the concept is less suitable. Similarly, in batch reactive chromatography (e.g. a single column

equipped with both catalyst and adsorbent) this would translate to a considerable

contamination of the product elution profile with substrate. Furthermore, there is considerable

loss of enzyme if this is added to the eluent.

On the other hand reactions resulting in the formation of only a single product, e.g. A to B, or

A and B to C are preferably carried out in a cSMB&R. This covers aldolases and isomerases,

epimerases, and racemases. Here the product can be rapidly removed from the enzyme reactor

and the starting material is recycled to the enzyme reactor. This leads to high purities,

theoretically 100% yield, and short residence times in the enzyme reactor, making this a
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suitable configuration for kinetically controlled reactions. However as dilution of the

compounds is common in SMB operation - especially for the extract - an additional

concentration device for the starting material might be necessary adding to the process costs

and complexity. Nevertheless, there is strong motivation to explore this configuration.

2.5.2 Choice of stationary phase

The choice of the appropriate SP mostly depends of the product class to separate. Considering

the enzymes shown in Table 2.2, most products will have sugar-like or amino acid-like

characteristics. This narrows down selection of materials to ion-exchangers or zeolites for

sugars and sugar-like compounds and adsorbers or ion-exchangers for amino acids (Table

2.3). A wide range of these materials have already been applied successfully in preparative

applications as described above.

Furthermore, enzyme reactions commonly take place in buffered systems and sometimes

require the presence of cofactors (Table 2.2). Simple salts are mostly used as buffer, whereas

cofactors might vary from divalent cations like Mg2+ to larger molecules like pyridoxal

phosphate (PLP). The presence of these compounds may strongly influence separation

characteristics especially if ionic interactions are governing the retention of the compounds to

be resolved. This, for example, excludes the use of anion-exchangers for enzymes requiring

PLP as cofactor, as PLP carries a double negative charge and would therefore be strongly

retained on anion exchanger.

Still, given the many materials that are available to realize the different separation tasks, it

appears likely that coupled enzyme reactor/SMB will be a very versatile concept to address a

broad variety of different reactions. However, many of the potential materials have not been

tested under enzyme compatible conditions yet, so care has to be taken here.

2.5.3 Economics

SMB units require high investments but on the other hand offer a high degree of automation.

Hence, with increasing scale the plant costs' contribution to the total costs generally decreases

while stationary and mobile phase costs dominate. Strube and co-worker have calculated the

cost distribution for SMB separation of fructose and glucose (100% purity) on a 20'000 to

200'000 t/a scale and the production of an enantiopure drug on a 1 to 5 ton/a scale. The costs

for the non-chiral SP employed in the sugar separation are negligible, while about two thirds

of the total costs are generated by solvent costs (water in this case). For chiral separations, the

costs for the SP make a considerable contribution to the total costs but still solvent costs are
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the major cost driver [163]. Desirable productivities for chiral SMB as rule of thumb are 0.3

kg enantiomer per kg CSP per day [120] and reported SMB applications with chiral

polysaccharide SPs realize a productivity of 0.5 to 1.5 kg/kg CSP/day [47].

Such productivities can be translated roughly into separation prices per kg of product that

have to be added specifically to the enzyme catalysis step. For the production of enantiopure

naproxen on 100 t/a scale by SMB separation of the racemic mixture, the separation costs

were calculated to be up to 31 $/kg assuming a productivity of 1 kg/kg CSP/day. With

increasing productivity the manufacturing costs decrease drastically e.g. via 10 $/kg at

2 kg/kg CSP/day down to 3 $/kg at 5 kg/kg CSP/day [20]. With the ongoing improvements

made in SMB operation (e.g. Varicol [104], PowerFeed [198], ModiCon [148]) as well as in

the development of new powerful SPs such productivities should be achievable and thus costs

reduced.

2.6 Conclusions

The advances in biotechnology allow us to consider a whole new range of enzymes for

industrial-scale fine chemistry. Some of these novel opportunities - such as those enzymes

that catalyze thermodynamically limited reactions - require novel processing concepts.

Realizing such concepts by integrating continuous chromatography as SMB and enzyme

reaction appears to be a very attractive option - the SMB concept is sufficiently mature,

financially attractive, and flexible for this purpose, and enzyme-compatible stationary

phases/eluent systems are likely to be found for many of the potential biocatalytic

opportunities. We suggest that there will be many applications of this technology in the near

future.
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Abstract

The availability of suitable, well-characterized, and robust expression systems remains an

essential requirement for successful metabolic engineering and recombinant protein

production. We investigated the suitability of the Pseudomonas putida GPol-derived

AlkS/Pa/fcs expression system in strictly aqueous cultures. By applying the apolar inducer

dicyclopropylketone (DCPK) to express green fluorescent protein (GFP) from this system in

Escherichia coli and analyzing the resulting cultures on single cell level by flow cytometry,

we found that this expression system gives rise to a homogeneous population of cells, even

though the overall system is expected to have a positive feed-back element in the expression

of the regulatory gene alkS. Overexpressing E. coif?, serine hydroxymethyltransferase gene

glyA, we showed that the system was already fully turned on at inducer concentrations as low

as 0.005% (vol/vol). This allows efficient mass production of recombinant enzymes even

though DCPK concentrations decreased from 0.05% to 0.01% over the course of a fully

aerated cultivation in aqueous medium. Therefore, we elaborated the optimum induction

procedure for production of the biocatalytically promising serine hydroxymethyltransferase

and found volumetric and specific productivity to increase with specific growth rate in

glucose-limited fed-batch cultures. Acetate excretion as a result of recombinant protein

production could be avoided in an optimized fermentation protocol by switching earlier to a

linear feed. This protocol resulted in a production of a final cell dry weight concentration of

52 g L"1, producing recombinant GlyA with a maximum specific activity of 6.3 U mg"1 total

protein.
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3.1 Introduction

Suitable recombinant expression systems are a fundamental prerequisite for the

overproduction of recombinant proteins, for example for therapeutic or biocatalytic purposes

[31], or for rational metabolic engineering [71]. The production of recombinant proteins has

become standard practice within the last decades. To improve the yield, a wide variety of host

and expressions systems and fermentation regimes have been developed and successfully

implemented [68]. Nevertheless, E. coli remains an attractive recombinant host with cell dry

weight (CDW) concentrations as high as 148 g L"1 CDW [82] and 145 g L"1 CDW [64] and a

variety of expression systems available. However, disadvantages remain with frequently

applied model E. coli expression systems, such as expensive and toxic inducers (e.g.

isopropyl-ß-thiogalactoside (IPTG) in the LacI/P/acz-system [36]), catabolite repression which

makes the use of glucose as carbon source in mineral media difficult (e.g. the LacI/P/acz [166]

or the PrpR/Pprps expression system [91]), the requirement for dedicated strains (as for the T7

system [165] or the GalR/Pga/p_2 system [116]) or - on process level - difficult induction

procedures (such as heat induction for Ci857/^PlPr system [27]). Moreover, some well

established expression systems - LacI/P/acZ and AraC/Para5 - can display bistable rather than

graded expression behaviour: upon induction they can produce two subpopulations of cells,

one fully induced and the other not at all [74; 124; 154]. Although the expression response on

population level appears to be increasing with the inducer concentration, this reflects on

single cell level only the increase of one population over the other [74; 124]. This property

has been attributed to an autocatalytic behaviour of these systems, as the inducers - lactose

and thio-methylgalactoside for the lac or arabinose for the ara system - also induce the

expression of a transporter gene which in turn facilitates the entry of the inducer into the cell

[24; 124]. To allow truly graded responses, these systems require inducers not depending on

transporter gene expression for membrane crossing, such as IPTG [74], or decoupling of the

regulation of the expression of the transporter gene from the actual expression system [72;

73].

Here, we characterize another expression system, the AlkS/Pa&a system originally derived

from Pseudomonasputida GPol [172; 173], for biotechnological purposes in strictly aqueous

media. AlkS senses the presence of alkanes and induces the expression of genes from its

cognate promoter VaikB [81], but also from its own promoter VaikS2 [23]. Natural inducers of the

system are «-alkanes (Co to C12) [56; 172], but the system can also be induced by the ketone
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DCPK [56; 159], which is well water soluble and less volatile. These inducers do not require

transport proteins to enter the cell. The MkSfPaikB system has been successfully applied for

whole-cell biocatalysis in two-liquid phase cultures, where an additional organic phase could

serve as a reservoir for the inducer «-octane at rather high concentrations, which would

otherwise be quickly stripped from strictly aqueous cultivations [21; 22; 126; 127]. The

various parts of the system have been assembled into a series of convenient and self-sufficient

expression vectors [126; 156], which can be freely exchanged between E. coli strains without

additional strain engineering efforts. The strength of the promoter is comparable to the strong

tac system, and it is tightly shut in the uninduced situation [126; 127]. Carbon catabolite

repression - although present in the wild-type - does not occur in E. coli [157; 195]. First

efforts to extend the expression system into protein production in E. coli in aqueous systems

involved the production of oxygenases: One part, StyA, of a two-component styrene

monooxygenase, StyAB, was produced, but to relatively low cell densities [123]. Other

proteins were a two-component xylene oxygenase, the membrane protein part of which had a

major impact on the host physiology [101], and a chlorobenzene dioxygenase [190; 191]

which was used for concomitant biotransformations and the toxic effects of the product

interfered with the cultivation.

In order to explore the more general suitability of the AlkS/Paa5 expression system for

metabolic engineering or protein production purposes in aqueous systems, we characterized

the response of the expression system to different inducer concentrations and whether the

culture is homogeneously induced, and subsequently elaborated an optimized induction

protocol for the overproduction of enzymes for biocatalysis. To prevent additional

interference of the synthesized protein with cell physiology, we overproduced an intracellular

E. coli protein with promising potential as a biocatalyst: GlyA, a serine

hydroxymethyltransferase, which is a functional member of the group of glycine-dependent

aldolases [155].
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3.2 Materials and methods

3.2.1 Chemicals

All chemicals were either from Sigma-Aldrich Chemie GmbH (Buchs, Switzerland) or Roth

(Reinach, Switzerland) unless mentioned otherwise. Restriction enzymes were from New

England Biolabs (Beverly, MA USA).

3.2.2 Strains and plasmids

Relevant strains and plasmids used in this study are listed in Tab. 3.1. Standard cloning

procedures were performed as described [139]. Helper plasmid pSPZ4 was constructed by

digestion of pSPZ3 with Pad and BamHI and ligation to a polylinker

5'TAACCTAGGGGCGCGCC 3' and 5'GATCGGCGCGCCCCTAGGTATAAT 3'

maintaining the Pad site inside alkS next to an Avril and an Asd site. To eliminate an

additional Ndel site on pSPZ4, site-directed mutagenesis was performed (CATATG changed

to CATAAG) using the QuikChange XL Site-Directed Mutagenesis Kit from Stratagene

(Amsterdam, The Netherlands), yielding pSPZ4AN, which facilitates future cloning

procedures. The glyA gene was amplified by PCR from E. coli W3110 genomic DNA, adding

on the 5' end an EcoRl and Ndel site and on the 3' end a BamHI site. The PCR product was

cloned into pSPZl(+) as an EcoRllBamHl fragment. The glyA gene was removed from the

resulting plasmid pESMl as a BamHIINdel fragment and inserted into equally digested

plasmid pSPZ2Not, resulting in pESM2. From there, a PacllAsd fragment covering the 5'

part of alkS* (the star indicates an alkS gene in which an internal Ndel site has been silently

mutated [126]) and the glyA gene was excised and inserted into pSPZ4AN, where it

reconstituted the alkS* gene. This resulted into the functional expression plasmid pESM3.

Plasmid pGEM-7Zf(+) was digested with Nsil/EcoRl and ligated to a polylinker consisting of

the oligonucleotides: 5' TCATATGGTCGACGGATCCAAGCTTCACGTGCTCGAGGGCG

CGCCG3' and 5' AATTCGGCGCGCCCTCGAGCACGTGAAGCTTGGATCCGTCGACC

ATATGATGCA 3'. This linker was excised as NdellAsd fragment and ligated into equally

digested pESM3 to yield pESM5, a vector containing the AlkS/Pa&a expression system and a

multiple cloning site.
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A mutation was introduced into the gfpuv gene in order to eliminate its internal Ndel

restriction site without altering the amino acid sequence using the QuikChange XL Site-

Directed Mutagenesis Kit. The mutated gfpuv gene was amplified by PCR, flanking the gene

with Ndel and Ascl restriction sites, which enable the cloning into NdeVAscl digested pESM3,

resulting in vector pESM7.

Table 3.1: Bacterial strains and plasmids

Strain or plasmid Characteristics Source or reference

E. coli strains

W3110

DH5a

XLIO-Gold

JM101

Plasmids

pGEM-7Zf(+)

pGFPwv

pSPZl(+)

pSPZ2Not

pSPZ4

pSPZ4AN

pESMl

pESM2

pESM3

pESM4

pESM5

pGFPwvAN

pESM7

F", X, TN(rrnd-rrnE)X

supE44 Alac\JX69 (O80 lacZ AMI5)
hsdRll recAX endAX gyrA96 thi-l relAl

TetrA (mcrA)183 A(mcrCB-hsdSMR-mrr)
173 endAX supE44 thi-X recAX gyrA96 relAX

lac Hte [F' proAB lacPZ AMI5 Tn70 (Tetr) Amy
Camr]

SupE thi A(lac-proAB) F' [traD36

proAB+ lacP lacZ AMI 5]

lacZa, phage flori, Apr
pUC, lacZ, gfpuv, Apr
pGEM-7Zf(+) with a new polylinker, Apr
pUC 18 derivative with alkBp and T4

transcriptional terminator, Apr
pBR322 derivative with incomplete
alkS* and a polylinker, Kmr

Same as pSPZ4, but Ndel site deleted, Kmr

pSPZl(+) containing glyA, Apr
pSPZ2Not containing glyA, Apr
AlkS expression vector, containing glyA, Kmr

pGEM-7Zf(+) with a new polylinker, Apr
AlkS expression vector with a new polylinker, Kmr

Same as pGFPwv, but GFP- internal Ndel site deleted,

Apr
AlkS expression vector, containing gfpuvAN

Gentic Stock

Center, Yale

University, USA

Gentic Stock

Center, Yale

University, USA

Stratagene

New England
Biolabs (Beverly,
MA USA)

Promega
Clontech

Pankeetal. 1999

Pankeetal. 1999

This study

This study
This study
This study
This study
This study
This study
This study

This study
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3.2.3 Induction experiments

The induction experiments with E. coli XL 10 (pESM7), addressing homogeneous expression

from the AlkS/Pa/^ expression system, were performed in LB medium, supplemented with 50

ug mL"1 kanamycin at 30°C. Cells were taken from a common preculture, inoculated into 50

mL cultures and grown to an OD60o of 0.3 prior to induction with DCPK to concentrations

specified in the text. Cells were collected after 4 h by centrifugation, washed with phosphate

buffered saline (PBS), centrifuged again, and resuspended in PBS. Prior to the analysis, the

cells were diluted to an OD6oo between 0.05 and 0.1 in PBS and filtered through a 50 urn pore

size sieve (Partec GmbH, Münster, Germany). Flow cytometry was performed on a Becton

Dickinson FACS Aria (BD Biosciences, San Jose, CA USA) flow cytometer with an emission

wavelength of 488 nm and a 530/30 nm wavelength band pass filter. Each sample was

processed at a rate between 12 and 15'000 events s"1 and 200'000 events were analyzed.

Induction experiments with E. coli JM101 (pESM3) expressing glyA, addressing the potential

of the expression system for protein production, were performed in M9* medium [126]

containing 5 g L"1 glucose, 1 mL L"1 of trace element solution US [126] and supplemented

with 5 mg L"1 thiamine. Cells were grown in a common preculture at 30°C and then diluted to

an OD6oo of 0.1 into 50 mL cultures, where they were induced at an OD6oo of 0.3 by the

addition of DCPK to concentrations specified in the text. Cells were harvested 6 h after

induction by centrifugation and stored at -20°C until determination of enzymatic activity.

All concentrations reported for DCPK refer to a volume to volume ratio.

3.2.4 Fed-batch fermentations

The defined mineral medium used for precultures of the fermentation and the fed-batch

fermentations themselves contained (g per liter): glucose, 10 (5 for the preculture medium);

(NH4)2HP04, 3.0; MgS04*(7H20), 0.7; KH2P04, 10; Na2HP04, 1.5; CaCl2*(2H20), 0.03;

citric acid, 1.0; thiamine, 0.02; kanamycin, 0.05; and trace element solution TES, 7 mL. The

pH was adjusted to 7.0 by the addition of 10 N NaOH. TES contained (g per liter):

CaCl2*(2H20), 2.28; FeS04*(7H20), 10; ZnS04*(H20), 1.4; MnS04*(H20), 0.38;

CuS04*(5H20), 1; Mo04Na2*(2H20), 0.5; Na2B4O7*(10H2O), 0.23; 35% HCl 10 mL. The

feeding solution contained (g per liter): glucose, 500; MgS04*(7H20), 20; thiamine, 0.2; and

TES 6 mL. Glucose, MgS04 and CaCl2 were autoclaved separately, while the trace element

solution, thiamine and kanamycin were added by sterile filtration. For fermentations, the
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strains were taken from a glycerol stock stored at -80°C and plated on LBKm agar. Some

colonies were then transferred to an M9Km agar plate with glucose and incubated over night at

37°C to ensure maintenance of E. coli JMlOl's F-plasmid that carries the proline synthesis

genes. A single colony from such a plate was used to inoculate 4 mL LBKm which was then

incubated for 12 h at 37°C. 2.5 mL of the LBKm culture were used to inoculate 100 mL of the

preculture medium. This seed culture was incubated for 11 h at 30°C and used then for the

inoculation of the reactor. All fermentations were carried out in a 5 L Biostat A bioreactor

(Sartorius BBI Systems GmbH, Melsungen, Germany) with a starting volume of 3 L. When

the glucose in the medium was depleted, the feeding solution was added exponentially

following the equation (adapted from [92]):

Feed(t)
Y

K
CJ0^/'"' Eq. 3.1

Cs

where Feed (in L h"1) is the feeding rate, fiset (h"1) is the desired specific growth rate, YX/s (g

g"1) is the cell yield on carbon substrate (assumed to be 0.5 for glucose), m (0.04 g g"1 h"1) is

the specific maintenance coefficient [133], Cxo (g L"1) is the cell dry weight concentration at

the beginning of the feed, V0 (L) is the liquid volume in the reactor at the start of the feed, Cs

(g L"1) is the concentration of glucose in the feeding solution, and t (h) is the time that has

elapsed since the start of the feed. To maintain a dissolved oxygen value of above 20% of

saturation, first the stirrer speed and then the aeration rate were increased to maximum values

of 1200 RPM and 2 volume per volume per minute (vvm), respectively. After that, the feed

regime was changed from exponential to linear when the dissolved oxygen concentration

reached below 20% or an accumulation of acetate in the fermentation broth was detected as

specified in the text. Temperature, pH and oxygen saturation were measured online. The pH

was maintained at 7.0 by the automatic addition of 25% (wt/vol) NH4OH or 1 M H2SO4.

Foaming was suppressed by the initial addition of 5 mL L"1 20% polypropylenglycol (PPG

2000). The fermentation parameters were controlled by the Micro DCU 300 control unit and

the MFCS/win 2.0 software package of Sartorius BBI Systems.

3.2.5 Off-line analytical procedures

Growth was monitored by measuring the optical density at 600 nm. Cell dry weight (CDW)

was determined by centrifuging 1.5 mL of cell suspension in preweighed 2 mL Eppendorf

tubes, washing, and re-centrifuging, drying at 95°C for at least 24 h and then transferring into
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a desiccator and cooling to room temperature. Glucose, acetate and ammonia concentrations

were determined by enzymatic test-kits (R-Biopharm, Darmstadt, Germany). DCPK

concentration in the medium was determined by HPLC on a Prontosil Eurobond C18 124 x

4.0 mm column (Bischoff Chromatography, Leonberg, Germany) using a gradient from 15%

to 40%) (vol/vol) acetonitrile in water over 12 minutes with detection at 210 nm on a Merck

Hitachi LaChrom HPLC system.

For determination of GlyA activity, samples were resuspended in buffer G (20 mM Tris (pH

8.0) containing 10 mM dithiothreitol (DTT)). Cell walls were disrupted by grinding with glass

beads in a mixer-mill (Retsch, Haan, Germany) for 90 seconds at a frequency of 30 Hz. Cell

debris was removed by centrifugation at 10'000 g for 10 min. Total protein concentration was

measured using the Bradford assay from BioRad (Hercules, CA USA) against BSA as

standard and analyzed by SDS-PAGE. The activity of the serine hydroxymethyltransferase

was quantified using 3-phenylserine as substrate and the assay was performed as described

[171].

For determination of inclusion bodies and estimating the amount of recombinant protein

produced, frozen cell pellets were resuspended in 50 mM sodium phosphate buffer (pH 7.0) to

OD6oo = 20-30 and disrupted in a French press. Soluble and insoluble fractions were separated

by centrifugation for 30 min at 40'000 g and 4°C and further analyzed by SDS-PAGE.

Purification of GlyA was performed on an Äkta prime system (GE Healthcare, Uppsala,

Sweden). 100 ul of the soluble fraction were loaded on an anion exchange column (1 ml

HiTrap Q FF, GE Healthcare, Uppsala, Sweden) equilibrated with buffer G. Elution was

carried out with an increasing KCl gradient in buffer G. GlyA eluted at a KCl concentration

of250mM.

3.3 Results

3.3.1 Adaptation of the expression system

We wanted to investigate the AlkS/Paa5 expression system for its capacity to produce a

homogeneously induced culture of recombinant E. coli cells and its suitability for metabolic

engineering and recombinant protein production in strictly aqueous systems. Therefore, we

adapted the pSPZ-series of expression vectors [126] for direct insertion of recombinant genes

as NdellAscl fragments and inserted a variant of the gfp gene [33] and E. coif?, glyA gene

encoding a functional threonine aldolase [78] (Fig. 3.1).
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Figure 3.1: Structures of the central genetic elements used. All plasmids are medium-copy

pBR322 derivatives. Plasmid pESM5 contains the MkSlPaikB expression system and a

multiple cloning site. In plasmid pESM3, E.colfs glyA gene, and in pESM7, the gfpuv gene

are under control of the ¥am promoter. Abbreviations: As, AscI; B, BamHI; He, Hindi; Hd,

Hindlll: Nd, Ndel: S, Sail: Xh, Xhol.

3.3.2 Homogeneous expression of GFP

To examine the homogeneity of the expression response of recombinant E. coli cells to

induction by DCPK, the synthesis of the GFPuv protein under control of the AlkS/Paa5

expression system was analyzed by flow cytometry (Fig. 3.2). Cells were induced by different

concentrations of DCPK and analyzed for their GFPuv level after 4 h (which is sufficient for

full induction under conditions of unlimited growth [126]). The level of GFPuv increased

from the situation without induction via 0.001% DCPK to 0.05% DCPK and did not further

increase with the inducer concentration. At those DCPK concentrations that are relevant for

typical production processes (> 0.01%, see below), only one population of cells could be

observed in all three induced situations. Furthermore, the strength of the induction was a

function of the inducer concentration. Clearly, the response had a reduced variance when the

inducer concentration became higher.



Figure 3.2: Histogram showing the number of cells and their fluorescence intensity against the

concentration of the inducer DCPK. Cells were analyzed by flow cytometry 4 h after addition

ofDCPK.

3.3.3 Expression of serine hydroxymethyltransferase

Functional expression of GlyA in E. coli JMlOl (pESM3) was verified in shake flasks with

mineral medium and glucose as the sole carbon source and the inducer concentration varying

from 0.001 to 0.1%. 6 hours after induction with 0.05% DCPK, far more than 20% of the total

cell protein was GlyA as estimated from SDS-PAGE (see Fig. 3.3), resulting in specific

activities in the order of 2 U mg"1 of total protein. However, 5-10% of the recombinant protein

were found in the insoluble fraction (data not shown). Increasing the DCPK concentration

further did not result in an increase of specific activity, but in a decreased cell dry weight

concentration. On the other side, the addition of as little as 0.001% DCPK resulted in the

overexpression of gfyA, although to a lower level. Induction with 0.005% gave a similar

expression level as with 0.05% (Fig. 3.3), confirming the results obtained with GFPuv. From

these results, it appeared that the MkSfPaikB expression system was fully turned on above

DCPK concentrations of 0.005%.
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Figure 3.3: Specific activity of GlyA as a function of the inducer concentration and

corresponding SDS-PAGE. Cells were harvested 6 h after induction. (M: marker; 0-0.1:

concentration of added DCPK in %).

3.3.4 DCPK concentration decrease during fermentation

Considering the results from above, we investigated the behavior of the inducer concentration

in fully aerated cultures oîE. coli. After the addition of 0.05% DCPK to a fed-batch culture of

plasmid-free E. coli JM101, a concentration drop over time was indeed observed (Fig. 3.4).

At an airflow of 1.5 vvm, the concentration of DCPK decreased continuously to 0.01 % over

11 hours. At this concentration, the AlkS/Pa&s expression system is still fully induced

according to the previous shake flask experiments (Fig. 3.3). As can be seen from Fig. 3.4,

this result was confirmed by a number of subsequent cultivations oîE. coli JM101 (pESM3),

expressing glyA. The patterns of DCPK concentrations were similar for all these

fermentations, indicating that the decrease in DCPK concentration was not due to any plasmid

encoded function. This was further supported when an experiment was performed under the

same conditions as for the fermentations but without inoculation: the DCPK concentration

decreased in a very similar fashion (Fig. 3.4).
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Figure 3.4: Decrease of the DCPK concentration in the fermentation broth. Samples from

three different fermentations of E. coli JMlOl: (•) plasmid-free, DCPK addition at growth

rate \x
= 0.15 h"1; dashed line: corresponding airflow into the reactor in vvm; (A) containing

plasmid pESM3, induction at growth rate \x
= 0.15 h"1; () containing plasmid pESM3,

induction at growth rate \x
= 0.2 h"1; (o) from fermentation without inoculation (lines drawn

only to show trend).

3.3.5 Fed-batch cultivations with induction at different growth rates

An often applied method of operation for the production of recombinant proteins is the

induction of the expression system towards the end of the fermentation, with optimized

variations adapted to the particular needs of the specific process and product [142; 196]. This

way, a high cell density can be achieved before induction and the resulting additional

metabolic burden, which for example reduces the risk of plasmid loss [88]. However, at such

a late stage of fermentation, the specific growth rate is already rather low, often even below

0.05 h"1, due to the difficulties in supplying enough oxygen. Most of the energy consumption

of the cells then goes into maintenance [142] and the additional request of protein production

results in further stress. To elucidate the effect of the growth rate on recombinant protein

expression employing the AlkS/PaikB expression system, cells were induced during fed-batch

fermentations at different specific growth rates of 0.05, 0.15, and 0.2 h"1.
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3.3.6 Volumetrie productivity as a function of specific growth rate

In Fig. 3.5, time profiles of the cell dry weight concentration and of the specific activity of the

recombinant GlyA are shown for fermentations with different predefined specific growth

rates |0.set- Within the first few hours after induction, the cells produced the recombinant

enzyme more rapidly at a higher growth rate. The maximum specific activity at the slow

specific growth rate of 0.05 h"1 was 5.5 U mg"1 total protein after 19.6 hours of induction at a

cell dry weight of 26.9 g L"1. This fermentation at a low specific growth rate received a

second addition of DCPK 9.4 hours after the first one to increase the inducer concentration

again to 0.05 % (Fig. 3.5a). The maximum specific activity value increased slightly when \iset

was increased to 0.15 h"1, to 5.9 U mg"1 total protein at a cell dry weight of 29.2 g L"1 after

11.4h (Fig. 3.5b), and reached its maximum value at the highest growth rate examined, \x
=

0.2 h"1, when 6.4 U mg"1 total protein was reached 7.4 hours after induction at a cell dry

weight of 30.1 g L"1 (Fig. 3.5c). From this data, and by comparing the specific production

rates (Fig. 3.8), induction at a high growth rate should be most favorable.

3.3.7 Acetate and glucose concentrations during fermentations

Acetate and glucose concentrations during fed-batch fermentations are shown in Fig. 3.6. The

increase in concentration of acetate during the initial batch phase was expected as a result of

overflow metabolism. However, we observed a second increase of acetate concentration up to

1.3 gL"1 during cultivation after the cells were induced at specific growth rates u, = 0.2 or

0.15 h"1. We therefore performed control fermentations with either E. coli JM101 or E. coli

JM101 (pESM5). No accumulation of acetate could be observed after the addition of 0.05%

DCPK to the plasmid-free E. coli JM101 fermentation (\xset = 0.15 h"1), excluding any toxic or

stress inducing effects of DCPK on E. coli as the cause of acetate formation. Plasmid pESM5

contains the functional Aïk.S/PaikB expression system, but no recombinant gene is under the

control of the Pa&5 promoter. The addition of 0.05% DCPK to a culture of E. coli JM101

harboring pESM5 ((1^ = 0.17 h"1) did not provoke excretion of acetate either. In the

fermentation with induction at low specific growth rate u, = 0.05 h"1, initially no acetate

formation could be observed, whereas after a second pulse of DCPK at a later stage of

cultivation, also in this case the cells began to form acetate. Following the accumulation of

acetate in the induced cultivations at specific growth rates of either 0.15 or 0.2 h"1, also the

accumulation of glucose in the medium could be observed (Fig. 3.6b). Changing the feed
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Figure 3.5: Fed-batch cultivations of E. coli JMlOl (pESM3) showing the time course of the

cell dry weight concentration and the specific activity of GlyA. Induction was performed at

different specific growth rates, a) growth rate 0.05 h"1; b) growth rate 0.15 h"1; c) growth rate

0.2 h"1. Arrows: (1) start of exponential feed; (2) induction with 0.05 % DCPK; (3) setting

feed linear; (4) second addition of 0.05 % DCPK.
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regime from exponential to linear caused a concentration drop of glucose as well as acetate in

the fermentation broth. The glucose accumulation was not observed in the control

experiments, neither with plasmid-free nor pESM5 containing cells.

3.3.8 Recombinant protein production with an optimized protocol

Based on the previous results, we performed an optimized fermentation (Fig. 3.7), considering

the constraints of sufficient oxygen supply and avoiding the formation of acetate after

induction. In the fed-batch phase, the cells were grown at a growth rate of 0.2 h"1 up to a cell

density of 20 g L"1 before induction with 0.05 % DCPK. The feed was maintained exponential

for one more hour and then, as oxygen transport capacity of the reactor reached its maximum,

set to linear. After 9.5 h of linear feed, a final cell dry weight of 51.7 g L"1 was reached,

resulting in a final specific activity of 5.2 U mg"1 total protein, whereas the maximum specific

activity of 6.3 U mg"1 total protein was observed 6.5 h after induction at a cell dry weight of

41.6 g L"1. The specific production rate, however, dropped very fast as can be seen in Fig. 3.8.

The amount of produced recombinant protein has been estimated to be 120 mg per gram

CDW. The specific activity of GlyA decreased at elongated fermentation times, most

probably because of some proteolytic activity of the stressed cells as the growth rate steadily

decreased because of the linear feed. Only a minor part of the recombinant protein was found

in the insoluble fraction due to aggregation (data not shown).

3.4 Discussion

The MkSfPaikB expression system has the potential to overcome several drawbacks associated

with current recombinant expression systems, such as carbon catabolite repression, strain

dedications, or complex or difficult to control induction procedures. However, it has been

designed for preparative applications in two-liquid phase cultivations [126] where a second

organic phase could serve as a reservoir for the required apolar inducer [21; 22; 126; 127]. In

this work, we investigated its suitability for metabolic engineering or protein production

purposes in strictly aqueous systems. First we addressed the question whether the system

would produce a monostable or a bistable ("all or none" [24]) expression response, as this

would interfere with the usefulness of the system for metabolic engineering purposes [90]. It

has been shown that a positive feed-back characteristic of the expression system is a
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necessary - though not sufficient - requirement for bistable expression behaviour [10; 124].

In the AlkSfPaikB system, such a characteristic is potentially introduced by induction of alkS

expression by the activated gene product itself, which has been confirmed in a Pseudomonas

background [23]. Consequently, bistable behaviour cannot a priori be excluded.
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However, when single cells producing GFPuv under AlkS/Pa&a control were analyzed for

fluorescence, we found only one population of cells over the range from 0.001 to 0.1 % of

inducer, suggesting that the specific parameters of the AlkS/Pa&a expression system in E. coli

- such as the extent of the autocatalytic behaviour of the alkS expression and potential AlkS

cooperative behaviour at ?aikB, maximal activity of activated AlkS, and ratio of activities of

induced over non-induced state - do not result in bistable behaviour [10; 24; 124]. As the

translational apparatus is thought to be saturated at full induction, pre-translational sources of

fluctuation hardly matter anymore, in particular differences in plasmid copy number per cell

of pBR-type plasmids [167]. This could explain the reduced variance at higher inducer

concentrations (Fig. 3.2).

The fluorescence analysis also indicated that the AlkS/Pa/As expression system operates

already at full expression at relatively low inducer concentrations of 0.05%. Taking

additionally into account the glyA expression data (Fig. 3.3), this value is as low as 0.005%.

Consequently, it will be very difficult to operate this expression system in E. coli in another

fashion than fully expressed. Considering the concentration drop of the inducer over one

cultivation from 0.05 to 0.01% (Fig. 3.4), it will be rather cumbersome to implement control
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Systems that allow maintaining the inducer concentration at a level required for sub-maximal

expression. Consequently, in order to exploit the MkSfPaikB system for metabolic engineering

purposes, future work will need to expand the inducer concentration window to elicit

intermediate expression responses, most probably by re-designing alkS expression.

On the other hand, the fact that the system is already fully turned on above DCPK

concentrations of 0.005 % and no DCPK-toxicity effects were observed up to concentrations

of 0.05 %, there is a considerable range over which the concentration of the relatively volatile

DCPK can drop in aerated cultivations before the expression level is affected. This indicates

that the AlkS/Pa/As expression system might be useful for the mass production of proteins

where full induction of the system is normally the experimental method of choice anyway.

When comparing the maximum specific GlyA activities obtained from shake flask or from

fed-batch cultivations, the GlyA activities from the shake flask experiments were around

three-fold lower. But by looking at the specific production rates, calculated to be 280 U g"1 h"1

in the shake flask, the results indicate a possible advantage of induction at a high specific

growth rate of 0.32 h"1. However, also the formation of inclusion bodies was observed in

shake flasks, contributing to - but not fully explaining - the lower specific activity.

The problem of producing inactive forms of GlyA was no longer present - or at least

significantly reduced - when we investigated mass-production of the enzyme in fed-batch

cultivations with respect to suitable patterns of induction (Fig. 3.5). It is known that the

activity and the concentration of components of the cellular protein synthesis machinery show

a direct relation to the actual growth rate [118], for instance, the number of ribosomes and the

fraction of functioning ribosomes is increasing with increasing growth rate [193; 194]. This

suggests that, as a general rule, recombinant protein production is most efficient at higher

growth rates. However, simulations suggested that the optimum growth rate for maximum

expression of a cloned gene in recombinant microorganisms is also depending on the stability

of the recombinant product [89]. Furthermore, other factors than the expression system such

as the stress situation and the proteolytic activity affect the efficiency of recombinant protein

production [118]. The literature provides studies that found no correlation between growth

rate and protein production [58; 153], whereas others found a distinct optimum for the

specific growth rate [44; 62; 134] or a maximum production rate at a high growth rate [29;

141; 142].

As the fundamental reasons for these different observations remain unclear, the influence of

the specific growth rate needs to be determined. We limited our investigations to a maximum

specific growth rate of 0.2 h"1 as formation of acetate is a well-known phenomenon for E. coli
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cultures at growth rates between 0.17 h"1 [82] and 0.23 h"1 [136], which should be avoided

because of its inhibitory effect on growth and on product formation [69]. Furthermore, our

reactor system showed a KLa of roughly 250 h"1 at high cell densities (data not shown), which

indicates that it is difficult to maintain a growth rate larger than 0.2 h"1 for longer than 4 h or

one generation time, which we considered the minimum time period to follow the

development of the specific GlyA activity.

Our experiments confirmed that induction at a higher growth rate indeed is advantageous for

the production of GlyA as a higher specific activity could be achieved in an even shorter time

frame than in cultivations with induction at a low growth rate (Fig. 3.5). However, the

production rate at the highest growth rate showed a sharp drop within the first 4 h after

induction, whereas at low growth rates, a smoother decline was observed (Fig. 3.8). We also

observed a strong increase in acetate formation after the cells were induced. The data suggest

that this depended on recombinant protein production alone as no acetate was detected in the

control fermentations: neither the addition of DCPK to a cultivation of E. coli JM101

(Fig. 3.6a) nor to a fermentation of E. coli JM101 (pESM5) (vector without a gene expressed

from the VaikB promoter; data not shown) resulted in additional acetate formation. This

excluded the metabolic burden of the plasmid replication alone [11] and any stress induced by

DCPK directly as the main cause for acetate formation.

Acetate formation after induction also depended on the growth rate: at a growth rate of 0.2 h"1,

the cells started earlier with acetate excretion than at a growth rate of 0.15 h"1. A simple

explanation might be that the stress induced by the expression of recombinant proteins led to

a reduction in the specific growth rate and the glucose consumption rate [122], so that the

glucose feed rate no longer matched the actual growth rate of the cells, however, we cannot

completely exclude accompanying cell lysis. This would have led to an increase of the

glucose concentration in the fermentation broth, a typical prerequisite for acetate formation.

In the optimized fermentation, acetate formation was avoided by changing the feed regime to

linear one hour after induction. This way, we exploited at least in the beginning, the high

capacity of the cell for recombinant protein production, stemming from the high pre-induction

specific growth rate, and at the same time avoiding the discrepancy between feed rate and the

glucose uptake rate of the cells (Fig. 3.7).

In this contribution, we addressed expression behavior of the AlkS/Pa&a system and the

development of a suitable production strategy in recombinant E. coli strains. This system

unites an attractive number of suitable properties for recombinant expression systems, such as
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the independence from carbon catabolite repression, the availability of self-contained vectors,

a truly inducer concentration-dependent behavior, and a cheap inducer. The volatility of the

inducer and the small window of useful inducer concentrations will make the adjustment of

expression states below full induction cumbersome and need to be addressed in the future.

Finally, the only moderate final cell dry weight yield achieved in the current fermenter system

would require further optimization of the mixing regime or switching to oxygen enriched air

to increase oxygen transfer.

In summary, we could demonstrate that the MkSfPaikB system is an efficient system for the

recombinant production of enzymes, for example for the serine hydroxymethyltransferase

GlyA, that has shown much potential in diastereoselective carbon-carbon bond formation [78;

137].
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Abstract

The diastereospecific formation of L-a//o-threonine, catalyzed by the serine

hydroxymethyltransferase GlyA form Escherichia coli, was studied with regard to the

application in integrated processes with continuous chromatography as in situ product

recovery tool. The design of such an integrated process relies on a suitable description of

enzyme stability and kinetics under relevant process conditions. Therefore, the effects of

addition of organic co-solvents - methanol and acetonitrile - to the reaction mixtures on

activity, stability, and diastereoselectivity were investigated. A series of progress curves from

batch reactions at 35°C in 50 mM sodium phosphate buffer pH 6.6 and 50 mM sodium

phosphate buffer pH 6.6 in 20% methanol was used to estimate the respective kinetic

parameters for an appropriate kinetic model.

The experimental data agreed well with a kinetic model for a bi-uni reaction mechanism and a

pseudo-equilibrium assumption. The model was then applied in order to simulate the

performance of the enzyme in an enzyme membrane reactor (EMR) and gave an excellent

agreement with the corresponding experimental data. A space time yield of 227 g L"1 d"1 was

achieved in a continuous running EMR without loss of enzyme activity over 120 h of

operation.
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4.1 Introduction

The stereospecific formation of carbon-carbon bonds is of great importance in current organic

synthesis. Next to chemical synthesis routes, biocatalysis provides attractive alternatives with

aldolases, transaldolases and transketolases, and hydroxynitrile lyases [17]. In particular

aldolases have received a lot of attention for applications in biocatalysis [140]. They catalyze

a reversible aldol reaction of a ketone or aldehyde donor and an aldehyde acceptor, and are

usually highly specific for the donor substrate but flexible with respect to the acceptor group

[155]. In addition, their ability to generate new stereocentres makes them an attractive tool for

asymmetric synthesis [42]. Aldolases are now widely used, both in academic research as well

as in industrial applications. Dihydroxyacetone phosphate (DHAP)-dependent aldolases

constitute the most prominent group [140] and have found widespread use e.g. in the

synthesis of iminocyclitols (azasugars) [39; 40]. However, their application is limited by the

difficult access to the required donor DHAP [140]. The acetaldehyde-dependent 2-

deoxyribose-5-phosphate aldolase can perform sequential aldol reactions [49], which can be

exploited in the synthesis of statins [35; 54; 128]. The pyruvate-dependent

iV-acetylneuraminic acid aldolase has attracted much attention for the synthesis of sialic acids

[77; 84; 107] up to industrial scale [96]. NeuAc aldolases have been furthermore engineered

for the synthesis of influenza A sialidase inhibitors similar to zanamivir [185].

However, despite their great potential for asymmetric synthesis and the wealth of promising

applications, the implementation of aldolases in industrial biocatalysis is hampered as many

of these reactions exhibit an unfavorable position of the thermodynamic equilibrium [51; 52].

This leads to - an economically rarely feasible - incomplete use of starting materials.

Furthermore, the comparatively long reaction times that are frequently encountered in

aldolase processes can provoke negative effects on the stereoselectivity of the reactions,

especially in the formation of diastereomers, where a favorable diastereomeric excess in the

initially kinetically controlled reaction might be reduced when the reaction approaches

thermodynamic control [78]. Different strategies are available to address the problem of an

unfavorable thermodynamic equilibrium: (i) shifting the equilibrium by changing the

temperature, (ii) increasing yield on the more expensive substrate by increasing the

concentration of the cheaper substrate; and (iii) increasing yield by in situ product recovery

(ISPR) [105]. Rapid product removal would be especially desired to preserve an initially

favorable diastereomeric excess.



56

However, continuous ISPR can be very difficult to realize as the substrate and product in

aldolase reaction have frequently very similar properties and consequently require a highly

efficient separation process that furthermore is compatible with the enzyme operation. Our

group explores the on-line coupling of enzyme reactors with continuous chromatographic

processes such as simulated moving bed (SMB) [Chapter 2]. This approach requires the same

solvent for the enzymatic reaction and the chromatographic separation process. To provide the

required selectivity in the separation, the addition of - in chromatographic processes -

commonly used organic solvents such as methanol and acetonitrile to the reaction buffer has

to be considered. However, the presence of small amounts of organic solvents can cause

major changes in enzyme catalytic activity and stability [25] and thereby influence the

efficiency of the overall process. In order to design such an integrated process, a suitable and

reliable description of the enzyme kinetics under appropriate reaction conditions is required.

In this study, we investigated the behavior of GlyA, a serine hydroxymethyltransferase from

Escherichia coli that requires pyridoxal-5-phosphate (PLP) as a cofactor and can functionally

be classified as a glycine-dependent aldolase. It catalyzes the synthesis of ß-hydroxy-a-amino

acids with two new chiral centers, such as L-a//o-threonine, from glycine and an aldehyde,

such as acetaldehyde (Fig. 4.1). The reaction does not depend on phosphorylated substrates,

and model substrates are readily available. In the growing amino acid market [93], the ß-

hydroxy-a-amino acids form an important class of compounds as naturally occurring amino

acids or as components of complex compounds with interesting biological properties, such as

antibiotics [67; 87; 137] or an anti-parkinsonism drug [99]. The stereoselectivity of the

enzyme is absolute on the C-alpha atom, less strict on C-beta, and the diastereomeric excess

decreases over time. Furthermore, the enzyme exhibits a broad substrate spectrum towards the

aldehyde acceptor [78].
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4.2 Experimental

4.2.1 Chemicals

All chemicals were either from Sigma-Aldrich Chemie GmbH (Buchs, Switzerland) or Roth

(Reinach, Switzerland) unless mentioned otherwise. Acetonitrile (HPLC grade) was

purchased from Chemie Brunwschwieg (Basel, Switzerland).

4.2.2 Enzyme

The applied enzyme was produced in fed-batch fermentations withis. coli JM101 (pESM3) as

described previously [Chapter 3]. The harvested cells were resuspended in 50 mM sodium

phosphate buffer pH 6.6 and disrupted in a high-pressure homogenizer (Haskel

Hochdrucksysteme, Wesel, Germany) at a 1000 bar pressure drop over the orifice for one

hour. The resulting cell free extract (CFE) containing the soluble enzyme was cleared from

the cell debris by centrifugation at 30'000g and 4°C for 30 min and stored at -80°C until

further use. Total protein concentration in the CFE was 40 mg mL"1.

4.2.3 Analytics

All ratios and percentages of liquid mixtures mentioned in the following refer to volume per

volume.

A precolumn derivatization method was applied for the quantification of the amino acids

glycine and threonine [38]. For analysis, samples were diluted in 0.1 M sodium borate buffer

pH 8.0 to obtain substrate or product concentrations between 0.02 and 1 mM. An aliquot of

150 uL of derivatization solution (10 mM 9-fluorenylmethoxycarbonyl chloride (FMOC-C1)

in acetonitrile) was added to 150 uL of the diluted samples, mixed and incubated at room

temperature for 90 seconds. An aliquot of 150 uL of quenching solution (20 mM

1-adamantylamine (ADAM) in MeOH) was added and mixed again. Of this mix, 10 uL were

injected onto a Prontosil Eurobond C18 (124 x 4.0 mm column, Bischoff Chromatography,

Leonberg, Germany), mounted on a Merck-Hitachi LaChrom HPLC system, using

acetonitrile as eluent A and 50 mM sodium acetate buffer pH 4.25 as eluent B with the

following gradient profile: 0-3 min, isocratic 27% A; 3-12 min, gradient up to 35% A; 12-14

min, gradient up to 100%) A; 14-17 min, isocratic 100%) A; 17-19 min, gradient down to 27%
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A; 19-22 min, isocratic 27% A; the flow-rate was set to 1.5 mL min"1. Detection was done at

265 nm. Commercially available pure stereoisomers of threonine were used as references.

Acetaldehyde was quantified by precolumn derivatization with 2,4-dinitrophenylhadrazine

(DNPH) [37] with detection at 365 nm on the same HPLC system as described above. The

derivatization solution was prepared by dissolving 40 mg DNPH in 20 mL acetonitrile. An

aliquot of 6 uL of 1 M HCl was added to 1 mL of diluted sample and mixed. Then 50 uL of

derivatization solution were added, mixed and left at room temperature for 45 min. An aliquot

of 10 uL was then injected onto the same column as before with isocratic elution in 60:40

acetonitrile/10 mM ammonium acetate buffer for 13 min at a flow-rate of 0.8 mL min"1.

The diastereomeric excess (d.e.) of a product mixture was calculated as the ratio of the

difference and of the sum of the concentrations for L-allo- and L-threonine.

Total protein concentration was measured using the Bradford assay [16] from BioRad

(Hercules, CA) against bovine serum albumin as standard.

4.2.4 Batch reactions

Enzyme assays to assess the relative activity, stability and stereoselectivity of the enzyme for

a series of different buffer/organic solvent compositions up to 30% organic solvent content

were performed in 1 mL assays at 35°C. The reaction mixture contained 2 mg of total protein,

100 mM glycine, 100 mM acetaldehyde, and 40 uM PLP in 50 mM sodium phosphate buffer

pH 6.6 and the respective organic solvent. Aliquots of 300 uL were removed at specific time

points as specified in the text. The enzymatic reaction was stopped by the addition of 10.5 uL

of 1 M HCl and the samples were centrifuged for 2 min at 13'200 g to remove residual

proteins. The samples were stored at -80°C until further analysis.

For the stability experiments, the CFE was diluted in the corresponding aqueous-organic

solvent mixtures and kept at a constant temperature of 25°C in a shaking water bath. After

different incubation times up to 7 days, samples were subjected to enzymatic assays as

described above.

Enzyme assays for kinetic studies were performed in continuously stirred 10 mL batch

experiments at a constant temperature of 35°C. The kinetics were investigated in detail for

50 mM sodium phosphate pH 6.6 and for 50 mM sodium phosphate pH 6.6 in 20% methanol

as reaction solvents. The reaction mixture contained furthermore 40 uM PLP and varying

concentrations of substrate and CFE. The reactions were started by the addition of the second
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substrate, acetaldehyde To follow the course of the reaction, aliquots of 300 uL were

periodically withdrawn and processed as mentioned above

In this study, an enzymatic activity of 1 U is defined as the formation of 1 umol of

L-a/fo-threonine per minute

4.2.5 Determination of kinetic parameters

We applied a model-based experimental analysis approach [109] to identify an appropriate

kinetic model for enzyme catalysis A series of progress curves, depicting the formation of

L-a//othreonine in 10 mL batch reactions as described before, was used as dataset The

gPROMS software (Process Systems Enterprise Ltd
,
London, UK) was used to estimate the

kinetic parameters for the supposed kinetic model (see next section) by minimizing the

deviation between the experimental data and the model prediction The estimation process is

based on a maximum likelihood objective function and a constant relative variance model,

with the standard deviation set to 10%

4.2.6 Enzyme kinetic model

During the aldol reaction of glycine and acetaldehyde catalyzed by GlyA, the tightly bound

co-factor PLP first activates glycine, then the aldehyde acts as the acceptor and the product is

formed [42, 143] We therefore suggest that the reaction follows an ordered bi-uni reaction

mechanism A pseudo-equilibrium assumption [135, 160] was used to derive a rate equation

capable of describing the reaction According to the pseudo-equilibrium assumption, the

association and dissociation of any Michaelis complex are at equilibrium, and the reaction

rate is determined by the breaking and making of covalent bonds This can be written

schematically for a general ordered bi-uni reaction as

E <

KCa
> EA <

"2Cb
> EAB ^^ EP <

K
> E Eq 4 1

k
1

k
2

k
3

k 4CP

Here, E represents the free enzyme, EA, EAB and EP the complexes of enzyme and substrates

A and B or of enzyme and product P This model results in the following rate equation [160],

already adapted to the formation of L-a//o-threonine from glycine and acetaldehyde

^ (CGlyCAld " Clhr / Keq)
KmGly XmAld

^ r . n,

-/a = y-~ -~ -~ ^—Ce Eq 4 2

ÜGly ÜGly ÜAld ÜThr
1 + - + +

KmGty KmGty KmMd KmThr
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This rate equation contains three types of parameters: a catalytic constant kfcat ; the

dissociation constants of the Michaelis-Menten complexes of enzyme with glycine,

acetaldehyde, and L-a//o-threonine (KmG\y, KmAid and KmThr), and the equilibrium constant Keq

for the three compounds. The terms Coiy, Caw, Cxhr, and Ce refer to the concentrations of

glycine, acetaldehyde, L-a//othreonine, and the overall concentration of the active enzyme,

which is composed of free form of the enzyme and the enzyme-reactand complexes.

However, as we operated with CFE rather than with pure enzyme, CE is given as the

concentration of total protein in gL"1. Additionally, the equilibrium constant Keq can be

derived either as a parameter from the model or calculated independently from the

concentrations of the three reactands at equilibrium after long enzyme reactions:

K =

Cnr>eq
Eq.4.3

*-Gfy,eq^Aid ,eq

4.2.7 Continuous reactions and reactor model

The reactions were performed in an enzyme membrane reactor (EMR) (Jülich Chiral

Solutions GmbH, Jülich, Germany) with an internal volume of 10 mL, which was operated at

35°C and with an internal magnetic stirrer at 600 rpm. The reactor was equipped with a

Biomax PB polyethersulfone membrane (Millipore Corporation, Bedford, MA, USA) with a

cut off of 10 kDa. An HPLC pump was used to deliver reaction solvent and substrates. The

substrates were kept separately to avoid chemical side reactions during storage and were

mixed in the static mixer just shortly before entering the reactor. A defined amount of CFE

(as specified in the text) was applied through a 6-port injection valve (GE Healthcare,

Uppsala, Sweden). The reactor was then flushed with the corresponding reaction solvent for

45 min at 1 mL min"1 before addition of substrates was started (concentration and flow rates

as given in the text). Aliquots were periodically withdrawn from the reactor outlet stream and

stored at -80°C until further analysis.

To describe the enzymatic conversion in the EMR, an ideal continuous stirred tank reactor

(CSTR) model was applied:

^ = /-(^-^)+^) Eq.4.4
reactor

Here, C\ represents the concentration of compound i in the reactor, Qin the concentration of

compound i at the inlet of the reactor, F the volumetric flow rate, VveaiAor the volume of the
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EMR, and r the reaction rate as a function of the concentrations of the compounds i (see Eq.

4.2) and enzyme.

Furthermore, for a detailed prediction of the reactor performance, diffusion, and non-ideal

effects upstream of the reactor (i.e. in the tubing and injection valve) had to be included. This

was achieved by the implementation of an ideal mixer stage:

ôC F
— = (Crm-C) Eq. 4.5
at V

mixer

and convective flow through a standard tubing:

dCr F ÔC,
„

d1Cl
r A £—'- = '- + D,—r1- Eq. 4.6

dt Acap dz dz2

with Fmixer as the volume of the mixer stage, Acav as the mean cross section of the capillary,

and a lumped diffusion coefficient D\.

4.3 Results and Discussion

The serine hydroxymethyltransferase GlyA from E. coli catalyzes the formation of

ß-hydroxy-a-amino acids from glycine and an aldehyde. We will discuss the properties and

the application of the enzyme for the production of L-a/fo-threonine (Fig. 4.1). The enzyme

can be efficiently overproduced in E. coli JM101 (pESM3) during fed-batch fermentations

[Chapter 3] to such an extent that allows the direct use of the CFE to study the biocatalytic

formation of L-a/fo-threonine. As the reaction mixture used will be at the same time the fluid

phase in the projected coupling with continuous chromatography for in situ product recovery

[Chapter 2], we examined the enzyme properties in a series of different aqueous-organic

solvent compositions. As a first step, pH 6.6 was chosen for all reaction mixtures to

drastically reduce possible chemical side reactions between glycine and acetaldehyde, such as

the addition of the amine to the carbonyl group by a nucleophilic attack of the former on the

latter, followed by rapid proton transfer [112], that typically leads to a red colorization of the

reaction mix (data not shown).
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glycine acetafdehycSe L-a//o-threonir»e L-threonine

> 99 % < 1 %

Figure 4 1 GlyA-catalyzed aldol reaction of glycine and acetaldehyde in the presence of the

co-factor PLP Stereoselectivity is absolute on the Ca-atom and less strict on Cp, but still with

a strong preference for the allo-fovm

4.3.1 Suitable reaction conditions and stability

The formation of L-a//o-threonine was followed in batch experiments under standardized

conditions either in purely aqueous reaction mixtures or in mixtures of aqueous buffer with up

to 30%) of methanol or acetonitrile To estimate the relative activity of GlyA in the different

reaction solvents, we determined the initial reaction rates of L-a//o-threonine formation for a

fixed set of starting concentrations (Tab 4 1) As a reference, the specific activity in 50 mM

sodium phosphate buffer pH 6 6 and with 0 17 Umg'1 of total protein was set as 100%>

(Tab 4 1) The addition of methanol to the reaction mixture drastically increased the activity,

which reached a maximum at a methanol content of 20%, and did not further increase at a

higher methanol content of 30% The activity measured in the reaction mixtures containing 10

or 20%) acetonitrile was slightly higher as the aqueous reference, whereas it was reduced in

30%) acetonitrile This stimulating effect of low concentrations of organic co-solvent on initial

rates of enzymatic reactions has also been reported previously for other enzymes [9, 41]

Next to the specific activity in different aqueous-organic reaction mixtures, the problem of

precipitating proteins or other components of the CFE in the presence of organic solvents was

addressed Precipitation was observed in reaction mixtures with 30% acetonitrile already after

short reaction times Precipitation also occurred in mixtures containing 20%, and to a lesser

extent in mixtures containing 10% of acetonitrile after longer reaction times (between 4 and

20 h) Precipitation was furthermore observed in the reaction mixture containing 30%

methanol after 4 h The higher susceptibility of proteins towards acetonitrile is in accordance

with the postulated higher denaturation capacity of acetonitrile compared to methanol [75]

However, as the experiments were carried out with CFE instead of purified enzyme, we

cannot say if GlyA or other proteins or compounds of the CFE precipitated
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Table 4.1: Relative activity of GlyA in reaction mixtures containing different amounts of

organic solvent compared to the standard reaction mixture.

Reaction mixture Specific activity Relative activity [%]

[U mg1 of total protein]

Purely aqueous 0.17 100 + 7

+ 10%MeOH 0.24 141+8

+ 20%MeOH 0.3 176 + 9

+ 30%MeOH 0.29 171+8

+ 10%ACN 0.2 118 + 2

+ 20%ACN 0.2 118 + 9

+ 30%ACN 0.15 88 + 5

Reaction conditions: 2 mg total protein in 50 mM sodium phosphate buffer pH 6.6, 100 mM

glycine, 100 mM acetaldehyde, and 40 uM PLP; at 35°C; averaged from three independent

measurements.

It has been reported in literature that, besides a higher initial rate of transformation, enzymes

also show a higher stability at low concentration of organic co-solvent [9; 41] - an effect also

depending on the nature of the co-solvent [103]. The stability of GlyA in the CFE was tested

for aqueous conditions and mixtures containing 10 % acetonitrile or 10 % or 20 % methanol.

The CFE was incubated in appropriate buffer/organic solvent mixtures at 25°C and the

activity was measured after 1, 2, 4 and 7 days (Fig. 4.2). The activity at the beginning of the

experiment was set to 100%. The enzyme remained rather stable over one week and exhibited

still 80% of the initial activity in the aqueous and methanol-containing mixtures. The activity

in 10%) acetonitrile decreased to 70% of the starting value, and precipitation was observed.



64

A aqueous buffer

storage time [d]

• 10% methanol

storage time [d]

B + 10% acetonitrile

storage time [d]

D + 20% methanol

storage time [d]

Figure 4.2: Stability of GlyA stored in different aqueous-organic solvent compositions at

25°C. 50 mM sodium phosphate buffer pH 6.6 was mixed with A) no organic solvent; B)

10 % acetonitrile; C) 10% methanol; and D) 20% methanol.

4.3.2 Diastereoselectivity

GlyA is considered to be stereoselective on the Ca atom but less strict on Cp. However,

depending on the reaction conditions and on the nature of the acceptor aldehyde, the enzyme

can show also considerable selectivity on Cß [78]. The reaction is initially kinetically

controlled and leads to good to excellent d.e.'s, which decrease when the reaction approaches

thermodynamic equilibrium. As can be seen from Tab. 4.2, the degree of the

diastereoselectivity decreases also with increasing organic solvent content in the reaction

mixtures at elongated reaction times. Still, the d.e. was excellent in all investigated cases as

after 4 h and even after 20 h more than 90% of the produced threonine was of the allo-fovm.

The diastereoselectivity in reaction mixtures of higher acetonitrile content at longer reaction

times could not be determined due to precipitation of the CFE.

As consequence of these experiments, acetonitrile was no longer considered as organic co-

solvent. A more detailed look into the differences of the enzyme kinetic parameters in purely

aqueous reaction mixture and in reaction mixture containing 20% methanol will be given in

the next section.
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Table 4.2: Diastereomeric excess (d.e.) of GlyA subject to the composition of the reaction

mixture.

Reaction time: lh 4h 20h

Composition of d.e. [%] d.e. [%] d.e. [%]

reaction mixture:

50mMNaxPO4pH6.6

+ 10%MeOH

+ 20% MeOH

+ 30% MeOH

+ 10%ACN

+ 20% ACN

+ 30% ACN

n.d. = not determined

4.3.3 GlyA kinetic parameters in batch reactions

The kinetic parameters of GlyA were determined for two reaction mixtures: in 50 mM sodium

phosphate buffer pH 6.6, and in the same buffer containing 20% methanol as co-solvent. The

high diastereoselectivity of GlyA for L-a//o-threonine, which is even maintained at longer

reaction times to a considerable extent (Tab. 4.2), prompted us to adopt a simplified equation

for the reaction rate (see Eq. 4.2) as the competing reaction of forming L-threonine could be

neglected. We therefore assumed an ordered bi-uni reaction mechanism (Eq. 4.1). For a

practical approach, a pseudo-equilibrium assumption is applied, as a relatively simple rate

equation can be derived (Eq. 4.2), the validity of which can be tested in the experiments

described subsequently. It is worth noting that we only like to empirically describe the

reaction kinetics to such an extent that it allows the prediction of enzyme-catalyzed reactions

in batch and continuous processes. However, with the applied method we cannot discriminate

between different reaction models, e.g. between the pseudo-equilibrium and the pseudo-

steady-state assumption [160].

The experimental data for the parameter estimation was gained from a series of batch

reactions with different starting concentrations of substrates and CFE. The substrate

concentrations were varied to cover a wide range, above and below the - previously roughly

estimated - Km values. The recorded progress curves of all three reaction-compounds were

>98

>98

>98

>98

>98

>98

>98

>98

>98

>96

>96

>96

>96

n.d.

>90

>82

>82

>86

>84

n.d.

n.d.
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used for the parameter estimation, exploiting the full range of the reaction time up to

equilibrium. Independently from the estimation process, the estimated value of Keq was

validated by recalculation using Eq. 4.3. The respective values for XmThr were taken from

literature (XmThr of 1.5 mM in aqueous medium [144] of 0.62 mM in medium containing

organic co-solvent [78]), as they could not be determined exactly enough with the

experimental data of the progress curves because the back-reaction, which is not relevant for

the development of the process, was not recorded.

The estimated parameters for aqueous reaction mixtures and those containing 20 % methanol

are listed in Tab. 4.3. The addition of methanol almost doubled the catalytic constant k\A

suggesting the addition of methanol would be advantageous for process applications.

However, the addition of methanol also shifts the equilibrium of the reaction to the substrate

side. The values for Xmoiy and XmAid remained approximately the same for both reaction

mixtures. Errors in the experimentally measured values was accounted for by using a constant

relative variance model with a standard deviation of 10% for the experimental values in the

parameter estimation process, which led to the relatively large insecurity for the Km values.

Still, the description of the progress curves for substrates and product by the estimated kinetic

was rather satisfactory, as can be seen in Fig. 4.3 for two example situations.

Table 4.3: Estimated kinetic parameter values for aqueous and for methanol-containing

reaction solvents.

Parameter 50 mM sodium phosphate 50 mM sodium phosphate Unit

buffer pH 6.6 buffer pH 6.6 in 20% MeOH

Äcat
3.4xl0"3 ±0.20xl0"3 6.0xl0"3 ±0.50xl0"3 mM L g"1 s"1

^eq 0.026 ±0.0016 0.013 ±6xl0"4 mM"1

^mGly 25 ±9.0 21.4 ±10 mM

^mAld 7.1 ±2.3 8.1 ±3.2 mM

^mThr 1.5a n.a. 0.62b n.a. mM

a

Taken from [144]; taken from [78]. n.a.: not applicable
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Figure 4.3: Representative overlay of simulated (lines) and experimentally determined

concentrations of L-a//o-threonine (•), glycine (), and acetaldehyde (T) for progress curves

in batch reactions showing the accuracy of the model and estimated parameters in (A) 50 mM

sodium phosphate buffer pH 6.6 and (B) with methanol added to 20 %.

4.3.4 Continuous reactions

The stability of the enzyme over one week with only minimal loss of activity (Fig. 4.2),

should allow its use in free form in an EMR, which was chosen for simplicity of set-up over

the theoretically more productive plug-flow reactor. The EMR is a widely established concept

to study continuous biocatalytic processes, e.g. for co-factor regeneration [85; 181], formation

of C-C bonds [83], or in combination with ISPR [94]. It has also been applied on an industrial

scale [182; 183] and specifically with aldolases [84; 138]. The experimental set-up for the

continuous formation of L-a//o-threonine in an EMR can be seen, schematically drawn, in

Fig. 4.4a. The above described kinetic model with the estimated parameters, together with a

model for the CSTR, the diffusion in the tubing and the mixing (equations 4.4-6), were used

to predict the performance of the reactor. The model and corresponding parameters for the

fluid dynamics of the tubing, mixer and injection valve were required for an accurate

prediction of the concentration profiles at the inlet of the reactor. The model of the whole

setup and ideal CSTR performance was validated, without enzyme present in the EMR, by

applying a feed of glycine and acetaldehyde in 50 mM sodium phosphate buffer pH 6.6 at a

flow rate of 1 mL min"1 for 90 min, followed by flushing the reactor with 50 mM sodium

phosphate buffer pH 6.6 at a flow rate of 1 mL min"1 for another 60 min. An overlay of the

model-predicted and the experimentally measured values for glycine and acetaldehyde was in

good agreement (Fig. 4.4b). To demonstrate the accuracy of the CSTR model in combination



68

with the completed kinetic model for the enzyme, the rectangular feed pulse of glycine and

acetaldehyde was repeated with CFE added to the EMR. This experiment accounted for a

wide range of concentrations of substrates and product in a time-dependent manner: from

small starting concentrations up to the operation of the reactor at steady-state with continuous

feed. The experiment was performed with aqueous as well as with 20% methanol containing

reaction mixture. In both cases, the EMR was charged with 4 mL of CFE, corresponding to

160 mg of total protein. An overlay of the predicted and measured values of the substrate and

product concentrations at the reactor outlet showed an excellent agreement for both reaction

mixtures and the corresponding kinetic model (Fig. 4.4c and d).

A
UF-membrane

\

IB Magnetic stirrer

Figure 4.4: A) Experimental set-up for the continuous production of L-a//o-threonine in an

EMR. Storage bottles contain (i) reaction solvent for rinsing the reactor; (ii) glycine and PLP

in reaction solvent; (iii) diluted acetaldehyde. UF: ultrafiltration. B) to D) Validation of the

reactor model by applying a pulse of glycine and acetaldehyde at a flow rate of 1 mL min"1.

Overlay of predicted (lines) and experimental (symbols) values at reactor outlet. B) no

enzyme added to the EMR; C) EMR operated with 160 mg of total protein in 50 mM sodium

phosphate buffer pH 6.6; and D) as C, with methanol added to 20%. L-a//o-threonine (•),

glycine (), and acetaldehyde (T).
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The somewhat inferior correlation of experimental and predicted values in the declining part

of the curves is best explained by small imprécisions in sampling times which will have large

effects on the accuracy as the slope of the concentration decrease is very steep.

A continuous production of L-a//o-threonine was run over 120 h to demonstrate the feasibility

of operating the reactor with CFE and gain more data on the stability of the enzyme under

prolonged reaction conditions. In contrast to the stability test described above, the enzyme is

exposed to high substrate concentrations throughout the entire process time, and the

temperature has been increased by 10°C. The process was performed in 50 mM sodium

phosphate buffer pH 6.6 containing 20% methanol as co-solvent and 160 mg of total protein,

added to the reactor at the beginning. The organic co-solvent in the reaction mixture allowed

the operation of the EMR under non-sterile conditions without the risk of fouling and thereby

loss of enzyme activity. The time-course of L-a//o-threonine, glycine and acetaldehyde at the

reactor outlet can be seen in Fig. 4.5. No significant loss of enzyme activity was observed

over the entire operation time of 120 h.
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Figure 4.5: Continuous formation of L-a/fo-threonine in an EMR operated with 160 mg total

protein for 120h. The reaction mixture contained (at the inlet): 50 mM sodium phosphate

buffer pH 6.6 containing 20% methanol, 280 mM glycine, 50 mM acetaldehyde, and 40 uM

PLP; the flow rate was set to 0.5 mL min"1. Simulated (lines) and experimental values of

L-a//othreonine (•), glycine (), and acetaldehyde (T) concentrations at reactor outlet.
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Furthermore, a high diastereomeric excess of more than 96% was also maintained during the

whole process time. Glycine was in excess over acetaldehyde to drive the reaction to the

product side, however, the enzymatic reaction in the reactor did not reach equilibrium but

only a steady-state due to the high flow rate (0.5 mL min"1) and the corresponding short

residence time of 20 min. On the other hand, a short residence time is beneficial for the

diastereoselectivity as can be seen in Tab. 4.2. The process resulted in a space time yield of L-

a//othreonine of 227 g d"1 L"1 reactor volume. As can be seen in Fig. 4.5, the CSTR model

combined with the enzyme kinetic could accurately predict the performance of the reactor for

reaction mixtures with 20% methanol.

4.4 Conclusions

We characterized GlyA, a glycine-dependent aldolase from E. coli with respect to the

application in biocatalytic processes. The enzyme exhibits excellent diastereoselectivity for

the formation of L-a//o-threonine under process conditions, making it a valuable tool for

asymmetric C-C bond formation. GlyA is active and fairly stable in different aqueous-organic

solvent compositions, enabling the operation of integrated processes with continuous

chromatography for in situ product recovery. We proposed an enzyme kinetic model for the

aldol-reaction of glycine and acetaldehyde, catalyzed by GlyA and determined the

corresponding kinetic parameters. This model was accurate enough to predict the performance

of the enzyme under process conditions in an EMR, either for aqueous or 20% methanol-

containing reaction mixtures. The possibility of simulating the process will facilitate the

determination of feasible operation points in an integrated process.
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Abstract

A large number of promising enzyme reactions, such as diastereospecific carbon-carbon bond

formation by aldolases, suffer from an unfavorable position of the reaction equilibrium.

Combining continuous chromatography and enzymatic reactions should allow for new in situ

or online product recovery process to achieve high reaction productivity and yield and make

these biocatalysts economically more attractive. The integration implies a series of constraints

on the chromatographic separation, mainly the range of applicable solvents, which are at the

same time the reaction medium for the enzymatic reaction. In an integrated biocatalytic

process to produce L-a//o-threonine from glycine and acetaldehyde, the separation of the two

amino acids glycine and threonine is the most important separation task. This separation was

performed on a lab-scale simulated moving bed (SMB) unit. The operating conditions were

designed to fulfill the requirements for the future integration with biotransformation. In

particular, the choice of potential eluents was restricted to aqueous buffers with minor content

of organic co-solvent at neutral pH. A suitable stationary phase was identified and the effects

of added organic co-solvent to the eluent were investigated. Using the triangle theory,

operating points for the SMB were derived. High purities could be obtained in the extract and

raffinate outlet stream. The experimental runs indicate the feasibility of the SMB for an

integrated process.
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5.1 Introduction

Simulated moving bed (SMB) is a continuous chromatographic multi-column process which

emerged in the I960's in the oil industry [18; 19] and has made its way since into the

pharmaceutical and fine chemicals industry [70]. SMB technology provides some advantages

over batch chromatography, like the efficient continuous operation mode that leads to reduced

volumes of stationary and mobile phase and results in considerable cost savings [131]. The

continuous mode of operation is also more permissive to integration with additional

equipment in a more complex process design [121]. Furthermore, SMB-operation is easy to

scale up [120].

The on line-integration of SMB and continuous biotransformations [Chapter 2] enables a

variety of applications, such as driving thermodynamically limited reactions to a theoretical

yield of 100 %. Previous processes that integrated SMB technology and biotransformation

mostly applied the concept of an SMB reactor (SMBR) and addressed product inhibition [3;

6; 152]. A SMBR is basically operated the same way as a conventional SMB, with the

catalytic enzyme simply added throughout the unit, either in soluble form to the mobile phase

or in immobilized form to the stationary phase. The SMBR concept was furthermore applied

to overcome thermodynamic limitations in lipase-catalyzed esterifications in organic solvents,

where removal of the by-product water allowed to increase reaction yield [113; 115]. In these

cases, the enzyme was part of the stationary phase, one substrate was added with the feed and

one substrate with the eluent.

We are interested in the stereoselective formation of carbon-carbon bonds by aldolases, a

topic of prime importance in (bio)catalysis [17]. Though of high chemical potential, many

biotransformations in this group are characterized either by the dependence on expensive

starting materials [140], or by the limitation of product yield due to unfavorable reaction

thermodynamics [78; 107]. Specifically, we investigate the formation of L-a//o-threonine

from glycine and acetaldehyde catalyzed by the serine hydroxymethyltransferase GlyA from

Escherichia coli as a model reaction. The enzyme has been previously thoroughly

characterized for process application [Chapter 4].

The integration of the enzyme reactor and continuous chromatography defines a series of

constraints for process conditions. First of all, it restricts the range of useful eluents, which at

the same time constitute the reaction medium for the biotransformation. This restricts the

choice effectively to aqueous buffers with minor content of organic co-solvents [Chapter 4].

In the chosen model reaction, the prime separation task is the separation of the two amino

acids glycine, present in large excess, and threonine that have very similar physicochemical
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characteristics. Amino acids are commonly separated on sulfonated cation exchangers for

analytical purposes [179]. On production scale, lysine has been purified from cell-free

fermentation broth on cation exchangers [63]. These separations are performed under strong

acidic conditions, under which the carboxy group is no longer charged and the amine group is

protonated, favoring the adsorption to the cation exchanger. These conditions are usually not

feasible in an integrated process with biotransformation. Reports in literature on the

separation of amino acids using SMB focus mainly on the model compounds phenylalanine

and tryptophan [186; 188; 189] in an unbuffered system, using water as eluent. Consequently,

we investigated a novel SMB-process for the integration with aldolase reactions.

5.2 Theory

5.2.1 Adsorption isotherms

The availability of the adsorption isotherms for the compounds that are involved in the

separation is fundamental for SMB-design. For the applied low feed concentrations of up to

500 mM amino acid, linear adsorption isotherms can be used for threonine and glycine:

<lr=Hr-Cr Eq. 5.1

with q\ as the adsorbed solid phase concentration, c\ as the mobile phase concentration and H\

as the Henry constant of compound i. In the case of linear isotherms, the shape of the peaks

remains symmetric and the Henry constants can be calculated from the retention times tf of

the compounds in the bed:

f=t0[\ + ±j-H^ Eq.5.2

where t0 is the retention time of an unretained compound in the column and s the bed void

fraction.

The axial dispersion coefficients A were estimated from finite injections of the compounds at

different concentrations with the gPROMS software (Process Systems Enterprise Ltd.,

London, UK) applying the equilibrium dispersive model, which can be written for the case of

linear isotherms as follows:

dc f l-s TT~] dc d2c

dt \ s dz dz
H 1+ H,\+v^r

= D,—r Eq. 5.3

with v as the liquid velocity. The estimation process is based on a maximum likelihood

objective function and a constant variance model.
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5.2.2 True moving bed (TMB) model

To easily simulate and predict the efficiency of the process, a TMB model was applied [125]

with a differential mass balance of compound i in sectiony :

dCn l~Zir
n

dc,
r^
d\

——+ k(q -a ) + v —'- = D -

dt s
KHwq %]) 3

dz
3 dz2 Eq.5.4

7 = 1,.-,4

and includes convection for the solid phase:

dqr dqr

dt dz

where qeq represents the adsorbed solid phase concentration in equilibrium with the mobile

phase concentration and u the velocity of the solid phase. The initial and boundary conditions,

as well as the global balances were described in detail elsewhere [125].

For numerical optimization with the TMB model, a maximal yield was introduced as an

objective function:

tifl
'

CThr,rqff
Y Eq. 5.6

Qd

together with the constraints for the desired purities:

>0.95 Eq. 5.7

>0.99 Eq. 5.8

CGly,extr
extr

c + c
Gly,extr Thr,extr

CThr,raff
raff

~

CThr,raff + COly,raff

5.2.3 Triangle theory

A convenient way to derive optimal operating points for the SMB is given by the triangle

theory [111], that makes use of the flow rate ratios m} in the different sections of the SMB:

net fluid flow rate
_

0/
* ~Vs

m.
1

adsorbed phase flow rate V(l-s) Eq. 5.9

7 = 1,...,4

where j denotes one of the typically four SMB sections, Q3 denotes the internal volumetric

flow rate in section j, t* the switch time and F the volume of a single column. In the case of
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linear isotherms, the conditions for complete separation of the two compounds glycine and

threonine, with HG\y > #Thr, consist of the following inequalities [111]:

HG\y<m\ Eq. 5.10

#Thr <m2< HG\y Eq. 5.11

HThl<m3<HGly Eq. 5.12

TIÎ4 <Hjhr Eq. 5.13

The triangular projection onto the (m2, m?,) plane shows graphically the region of complete

separation, as long as the constraints on m\ and m4 are also respected.

For the experimental runs, the effective fluid flow rate is reduced by the extra-column dead

volume in the plant, which has to be included in the calculations of the flow rate ratios m^

[129]:

Q,t*-Vs-V°
m ==± J— Eq. 5.14

;

V{\-s)

Where VD denotes the extra-column dead volume in section/

5.3 Material and Methods

5.3.1 Chemicals

All chemicals were either from Sigma-Aldrich Chemie GmbH (Buchs, Switzerland) or Roth

(Reinach, Switzerland) unless mentioned otherwise. Acetonitrile (HPLC grade) was

purchased from Chemie Brunwschwieg (Basel, Switzerland). The suppliers for the tested

resin materials are listed in the Tab. A.l of the appendix. The resin material used for the

SMB, Amberlite CG-50 II, was purchased from Sigma-Aldrich Chemie GmbH.

All percentages of liquid mixtures in this text refer to a volume to volume ratio.

5.3.2 Resin screening

The suitability of the resins was tested in two different ways: either by determining isotherms

in batch equilibrium experiments or by packing the material in columns and then applying

finite injections of amino acid samples. All resin materials were washed with demineralized

water and methanol before equilibration in sodium phosphate buffer pH 6.6 or pH 7.0.

In the batch equilibrium experiments, 2.5 mL of amino acid solution (either glycine or

threonine at concentrations of 20, 50 and 100 mM in sodium phosphate buffer) were added to
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100 mg of resin in test tubes. The tubes were kept in a shaking water bath at a constant

temperature of 25°C until equilibrium was reached, typically after approximately 12 h. The

isotherms were calculated based on the assumption that the difference in amount of amino

acid in the supernatant had adsorbed to the solid phase.

Alternatively, the solid phase materials were packed in standard PEEK columns with a fixed

length (150 x 7.5 mm; Omnilab, Mettmenstetten, Switzerland) after washing and

equilibration. The columns were mounted on a Merck-Hitachi LaChrom HPLC system and

analyzed by applying injections of 100 mM glycine or 100 mM threonine with sodium

phosphate buffer pH 6.6 or pH 7.0 as eluent. The columns were kept in a column oven

(Henggeler, Riehen, Switzerland) at 25°C.

5.3.3 Preparation and characterization of Amberlite CG-50 II

As described in the results section, we chose a weak cation exchanger, Amberlite CG-50 II, as

the solid phase for the SMB, because it showed the best characteristics in terms of selectivity

and resolution. For process applications, the resin material had first to be sieved to obtain a

more even particle size distribution and to eliminate the fraction of particles smaller than

20 urn, which would otherwise clog the chromatographic columns in later steps. A sieve with

a cut-off of 63 urn was applied and the particle fraction larger than 63 urn was used in the

subsequent steps. Next, the material was washed extensively, first in methanol and then in

50 mM sodium phosphate buffer pH 6.6, followed by equilibration in 50 mM sodium

phosphate buffer pH 6.6 with various contents of methanol as specified in the text. The

material was packed in PEEK columns and tested as described in the resin screening section.

Adsorption isotherms were determined by applying finite injections of glycine or threonine at

different concentrations with 50 mM sodium phosphate buffer pH 6.6 and the respective

methanol content as eluent at a flow rate of 1 mL min"1. The stability of the columns with

respect to SMB application was investigated over 10 runs of "loaded feed" treatment, which

consisted of the application for 20 min of a mixture of 10 mM threonine and 40 mM glycine

dissolved in the eluent, followed by flushing with eluent for 25 min. This treatment was

followed by finite injections of threonine and glycine. This procedure was repeated five times

to detect any potential changes in the retention times. Furthermore, a second test on the

stability necessary for the application in the SMB was performed by increasing the flow rate

of the eluent up to 9 mL min"1, followed by a series of finite injections to ascertain the
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stability of the retention times and hence the stability of the packed bed under increased

pressure.

It is worth noting that several batches of resin material were sieved and used for the packing

of the columns, explaining the slight differences between the data on resin characterization

and the data from the SMB experiments (see below).

5.3.4 Analytics

A semi-automated precolumn derivatization method (adapted from [38; 57]) was used to

determine the concentrations of the amino acids glycine and threonine in the collected

samples at the extract and raffinate port using 9-fluorenylmethoxycarbonyl chloride (FMOC-

Cl) as derivatization agent with detection at 262 nm on a Hewlett-Packard HP 1050 system

(Agilent Technologies, Palo Alto, CA, USA). Samples were diluted in 0.1 M sodium borate

buffer pH 8.0. Derivatization was performed automatically by the autosampler by mixing 14

uL diluted sample and 14 uL derivatization solution (10 mM FMOC-C1 in acetonitrile) and

waiting for 90 seconds before injection. An aliquot of 28 uL was injected into the HPLC onto

a Prontosil Eurobond C18 (124 x 4.0 mm column, Bischoff Chromatography, Leonberg,

Germany). Elution was performed as described previously [chapter 4].

Amino acid concentrations in samples containing only one amino acid could be determined

by measuring the UV absorbance at 210 nm, either in a Lambda 25 UV/VIS spectrometer

(PerkinElmer, Waltham, MA, USA) for the samples of the batch equilibrium experiments, or

with the UV/VIS detector of the HPLC system for the column experiments.

5.3.5 Experimental set-up of SMB

A modified AKTAbasie 10 (GE Healthcare, Uppsala, Sweden) chromatography system was

used. The system was changed into a SMB installation by the addition of some extra devices

similar to a modified ÄKTAexplorer system as described in [1], i.e. a second pump module

P900 (GE Healthcare) and five multi-position valves PV-908 (GE Healthcare). The original

pump of the AKTAbasie was assigned to the desorbent and feed, whereas the extra pump was

used to control the extract and the raffinate. Each pump, with a flow rate range from 0.01 to

10 mL min"1, was connected to a multi-position valve. The setup for a column in the 1-2-2-1

configuration for an open loop SMB can be seen in Fig. 5.1. The 6-port manifolds and the

check valves, placed between each pair of columns to assure the correct direction of the flow,

were purchased from Ercatech AG (Bern, Switzerland). The dead volume of the installation
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was measured and added up to VXD = 0.12 mL, V2D = 0.24 mL, V3D = 0.24 mL, and V4D = 0.12

mL in the 1-2-2-1 configuration for an open loop SMB. All devices were controlled by a

specially designed "SMB strategy" [1] of the UNICORN software (GE Healthcare). The

raffinate was monitored with the UV-detector of the ÄKTA system at 210 nm, while the

extract was followed at the same wavelength with an additional Merck Hitachi 655A variable

wavelength UV monitor, the signal was recorded using LabView software (National

Instruments, Ennetbaden, Switzerland). Samples from the extract and raffinate port were

withdrawn using an additional fraction collector (GE Healthcare). For the assessment of

raffinate and extract purity, samples were collected at steady state over at least one cycle and

averaged. Desorbent and feed were passed through a degasser (Henggeler) before entering the

chromatographic system. The SMB was operated without temperature control at room

temperature, in contrast to the determination of the adsorption isotherms.

to next column

4 ^ open loop outlet

Desorbent Raffinate

from previous column

Figure 5.1: Setup for a single column in the SMB unit for an open loop configuration with 6

columns.
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5.4 Results and Discussion

5.4.1 Choice of stationary phase

From an extensive qualitative screening of commercially available resins (see appendix), we

identified the weak cation exchanger Amberlite CG-50 II as the most promising stationary

phase for an integrated process for the enzymatic production of L-a//o-threonine. This

material showed the best selectivity and band broadening was not as pronounced as for other

materials. With the material used in the reported SMB separation of amino acids, a poly-4-

vinylpyridine resin [186; 188; 189], no separation of glycine and threonine was achieved

(appendix, Tab. A.3). Therefore, Amberlite CG-50 II was further characterized regarding the

separation of glycine and threonine under process conditions. The pi values of glycine (6.04)

and threonine (5.8) are slightly lower than the pH of the eluent applied, which means that the

amino acids are present in the zwitterionic form, which should lead to only weak adsorption

on the resin compared to commonly applied acidic conditions [130; 192]. Despite this

disadvantage, which is a direct result of the constraint of using the same solvent for enzymatic

conversion as well as chromatographic separation in the integrated process, the material

showed promising separation characteristics. Simulations with a TMB model, with these

primary data implemented, indicated the suitability of this resin material for the application in

SMB.

5.4.2 Influence of methanol content of the fluid phase on separation characteristics

It was shown that biotransformation with the GlyA aldolase is compatible with the presence

of organic co-solvents in the reaction mixture [78] and chapter 4. Especially in the presence of

low amounts of methanol, the initial rates of the reaction are higher than in the respective

aqueous buffer. In addition, the enzyme is stable in medium containing 20 % methanol,

exhibiting still 80 % of its initial activity after storage at 25°C for one week [chapter 4].

Therefore, the influence of methanol content up to 30 % in the fluid phase was investigated.

The effects of added organic co-solvent on separation by ion-exchange are difficult to predict

[61], hence the influence was determined experimentally.

The Henry constants of glycine and threonine at 25°C as a function of the methanol content in

the fluid phase are listed in Tab. 5.1. The Henry constants increase with increasing methanol

content, with a faster increase for glycine than for threonine. However, diffusion effects were
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more pronounced, because the residence time is longer. This can be seen from Fig. 5.2, where

the elution profiles of finite injections of glycine and threonine at different concentrations are

depicted for eluent containing no methanol and 30 % methanol. The best separation was

achieved with 30 % methanol in the fluid phase.

Table 5.1: Henry's constants of glycine and threonine as a function of the methanol (MeOH)

content in the 50 mM sodium phosphate pH 6.6 buffer used as mobile phase.

MeOH content [%]

0

10

20

30

H Glycine H Threonine

0.9 0.6

1.4 0.8

1.6 0.9

2.0 1.1

A

4 6 8

retention time [min]

10

D

retention time [min]

Figure 5.2: Effect of methanol content on the retention of glycine and threonine. (A) no

methanol in the eluent; (B) with 30 % methanol in the eluent. Finite injections of 50, 100 and

500 mM glycine (solid lines), respectively 50, 100 and 250 mM threonine (dashed lines). The

arbitrary absorption units in vertical direction are not displayed.
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This data were then used in a TMB model for numerical optimization, taking the diffusion

into account, with a maximal yield as the objective function. As a result of this optimization,

the addition of 30 % methanol as co-solvent was identified as the most favorable eluent

composition to achieve a high yield. However, at 30 % methanol-content, precipitation of the

enzyme or other proteins or components of the cell free extract had been observed after 4 h

reaction time [chapter 4]. In contrast, in mixtures containing 20 % methanol, no precipitation

was observed, and the enzyme was remarkably stable under process conditions. Furthermore,

the enzyme kinetics have been determined for reaction mixtures in 50 mM sodium phosphate

buffer pH 6.6 in 20 % methanol [chapter 4], facilitating future simulations of the integrated

process. Therefore, the subsequent SMB experiments were performed with 50 mM sodium

phosphate buffer pH 6.6 in 20 % methanol.

5.4.3 SMB operation

All SMB experiments were performed in a 1-2-2-1 configuration for an open loop. The

chromatographic columns were packed as described in the experimental part and each column

was tested separately by applying finite injections of glycine and threonine. A quite even

packing of the columns, which is a prerequisite for the successful SMB operation, was

achieved. Standard deviation for the retention times of glycine and threonine in the different

columns was less than 0.1 min. The stability of such a packed column was tested by applying

a series of loaded feed treatments as well as increasing the volumetric flow rate, followed

again by finite injections as described in materials and methods. No change in the adsorption

behavior of glycine and threonine was observed suggesting the suitability of the columns for

their use in the SMB.

Operating points for the SMB runs were derived using the triangle theory [111] as described

in the theory section. A graphical display of the chosen operating points in the (m2, w3) plane

can be seen in Fig. 5.3. The maximal flow rate for the SMB experiments was set to 5 mL

min"1 and designated to section 1. The external flow rates were kept constant for runs A to D,

while the switch time t* was varied between 100 and 115 seconds. Within the second series of

SMB runs, E to H, the external flow rates were also kept constant, while the switch time t*

was varied between 106 and 131 seconds (Tab. 5.2). The feed concentration cf was 100 mM

for each amino acid in all SMB runs. By keeping the flow rates constant while varying the

switch time, the set of operating points builds a straight line in the (m2, m?,) plane almost in
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Figure 5.3: Operating points of the experimental SMB runs A to K plotted in the (m2, w3)

plane.

Table 5.2: Operating conditions and performance of the experimental runs A to H. Column

configuration in the SMB: 1-2-2-1

Run Flowrates [ml min"1] **[s] Operating parameters Purity [%]

ôi 02 03 04 mi m2 m3 m4 Purraff Purextr

A 5.0 3.97 4.49 3.46 100 1.53 0.92 1.20 0.67 98.8 96.1

B 5.0 3.97 4.49 3.46 105 1.67 1.03 1.33 0.77 99 99.3

C 5.0 3.97 4.49 3.46 110 1.81 1.14 1.46 0.86 93.5 99.5

D 5.0 3.97 4.49 3.46 115 1.95 1.25 1.58 0.96 67.9 99.6

E 5.0 3.75 3.95 2.97 106 1.7 0.92 1.04 0.5 99.5 90.8

F 5.0 3.75 3.95 2.97 114 1.92 1.09 1.22 0.63 99.8 99.4

G 5.0 3.75 3.95 2.97 122 2.15 1.26 1.39 0.77 99.7 99.5

H 5.0 3.75 3.95 2.97 131 2.4 1.44 1.59 0.92 54.5 >99.8

External flow rates for runs A to D: Qu = 5 mL min"1, Qe = 1.025 mL min"1, Qe = 0.52 mL

min"1, and Qr = 1.025 mL min"1; for runs E to H: Qu = 5 mL min"1, Qe = 1.25 mL min"1, Qe

0.2 mL min"1, and QR = 0.98 mL min"1.
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parallel to the diagonal (Fig. 5.3) [129]. The operating points were chosen such that this line

crosses the region of complete separation, starting from the region of pure raffinate, through

the complete separation region, to the region of pure extract [111].

The first set of experiments, runs A to D, whose operating points constituted the line further

away from the diagonal (Fig 5.3), was performed at the higher constant feed flow rate of

Qy = 0.52 mL min"1 than the second set of experiments. As the feed concentration was kept

constant, these runs should achieve a higher productivity than runs E to H, i.e. maximally

3.12 mmole h"1 of each amino acid. The effect of increasing switch times on the purities of the

raffinate and extract stream can be seen in Fig. 5.4a as a function of the flow rate ratio m2.

The purity in the extract increases as expected, while the purity of the raffinate decreases from

99 % in run B to only 68 % in run D. In run A, the raffinate shows only a purity of 98.8 %,

although the operating point lies in the region of pure raffinate in the (m2, m?,) plane. This can

be explained with the low flow rate ratio m\. the value of m\ was only 1.53, which was,

considering the non-idealities of the system, too close to the Henry constant of the more

retained compound glycine of 1.5. The conditions for complete regeneration of the solid

phase in section 1 were no longer given leading to the reduced purity of the raffinate.

Increasing m\ in this case should increase the purity of the raffinate, as was observed for run E

(see below). The purities of the extract were higher than 99 % in runs B to D. The best

separation was achieved in run B, with Purextr = 99.3 % and Purraff = 99 %; in the raffinate

stream, 94 % of the threonine, and in the extract stream, 92 % of the glycine fed to the SMB

could be collected.

In the second set of SMB experiments, the feed flow rate was smaller, Q? = 0.2 mL min"1,

leading to a lower productivity of the plant. However, higher purities could be achieved. The

purities as a function of the flow rate ratio m2 can be seen in Fig 5.4b, showing the expected

pattern. Purities in the raffinate were higher than 99 % in runs E to G, dropping down to

54.5 % in run H. The purities of the extract were increasing from 90.8 % in run E to over

99 % in runs F to H. The best separations were achieved in runs F and G, of which the

operating points are located within the region of complete separation; the recovery of

threonine at the raffinate and glycine and the extract port was almost 100 %. Run E was

performed with the same value for m2 as run A, but with a higher value for m\ and indeed

showed a higher purity of the raffinate, but still was not pure. This suggested that, given by

the poor efficiency of the stationary phase, one should operate the SMB with a higher flow

rate ratio m\ to ensure complete regeneration of the solid phase.
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Figure 5.4: Purities of the raffinate and extract outlet streams as a function of the flow rate

ratio m2. (a) runs A to D; (b) runs E to H.

It is worth noting that the m\ values of runs A and B would be too low, respectively the m4

values of runs C, D and H would be too large for the application in a closed loop

configuration.

Two SMB experiments, runs I and K, were performed applying a feed as it would be in an

integrated process at lab scale. The feed flow rate Q? was set to 0.5 mL min"1 with

concentrations of 250 mM glycine and 30 mM threonine, which corresponds to the outlet of

the reactor in a previously performed experiment for the continuous production of L-allo-

threonine in an enzyme membrane reactor [chapter 4]. Operating parameters are listed in table

5.3. In run K, 40 uM pyridoxal-5-phosphate (PLP) was added to the desorbent and the feed in

order to show that PLP will have no negative impact on the separation process. PLP is a co-

factor needed by the enzyme GlyA to catalyze the aldol reaction [78] and has to be added to

the reaction mixture, therefore it will be present in the separation step. PLP carries a double

negative charge at neutral pH and should therefore not be adsorbed on the cation exchanger

used as resin. The purity of the raffinate in both runs, roughly 97 %, was slightly lower than

expected, as the operating points are located within the region of complete separation.

However, the recovery at the raffinate port of the fed threonine was more than 98 %, giving a

productivity of 0.9 mmole h"1 threonine. The purity of the extract was as high as expected, the

threonine content was below the detection limit.

The stability of the packed bed of a SMB column after its use in runs A to K, was tested by

applying again finite injections of glycine and threonine under the same conditions as for the

testing of the columns directly after packing. Two slight changes were observed: the retention
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times of both compounds increased by approximately 3 %, and the band broadening was more

pronounced. Probably, a more stringent packing procedure would improve the bed stability.

The column capacity could also decrease over time because of incomplete regeneration [186],

suggesting that a stringent cleaning procedure should be implemented in the integrated

process.

Table 5.3: Operating conditions for SMB runs I and K.

Column configuration in the SMB: 1-2-2-1

Run I Run K

Flowrates [mL min-1]

Operating parameters

Switch time

Purity [%]

01 5.0 5.0

02 3.8 3.64

03 4.3 4.15

04 3.03 2.94

ÔD 5.0 5.0

OF 0.5 0.5

ÔE 1.2 1.36

OR 1.27 1.21

ni\ 1.81 1.91

m2 1.03 1.01

m3 1.34 1.33

ma, 0.6 0.6

t* 110 114

Purraff 96.7 97.3

Purextr >99.8 >99.8
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5.5 Conclusions

We could show the efficient separation of amino acids, glycine and threonine, in a SMB plant

at neutral pH, which is a prerequisite for the on-line coupling with biotransformation and use

of the SMB as in situ product removal tool. Excellent separation could be achieved in

experimental runs, applying an equimolar feed of glycine and threonine. The productivity of

the installation, with the feed concentration applied, reached 75 mmole d"1 of threonine, which

sums up to approximately 0.5 (kg of threonine) (kg of stationary phase)"1 d"1. Adding a further

component of the enzymatic reaction, the co-factor PLP, to the system did not change the

performance, confirming the suitability of the SMB separation for an integrated process.
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s bed void fraction

H, Henry's constant of species /

j section index

m} flow rate ratio in sectiony

% adsorbed solid phase concentration of species i [g L"1]

Q volumetric flow rate [mL min"1]

to residence time [s]

<f retention time for species i [s]

t* switch time [s]

u solid velocity [cm min"1]

V liquid velocity [mL min"1]

V column volume [mL]

Vf extra-column dead volume in sectiony [mL]



88

Y yield [g L"1]

Gly glycine

Thr threonine



89

6 Summary and outlook

6.1 Summary

This work described some fundamental aspects on the long way from identifying the gene of

a potential biocatalyst via its production, characterization to the design of the biocatalytic

process. The chosen biocatalyst was GlyA, a serine hydroxymethyltransferase from E. coli,

which can functionally be classified as a glycine-dependent aldolase.

The second chapter explored the field of attractive enzymatically catalyzed reactions that

could benefit from the integration with continuous chromatography. Some guidelines were

established in order to design integrated processes straightforward and determine the proper

configuration of the process for a given task.

The third chapter discussed the production of the biocatalyst. The availability of efficient

expression systems is a prerequisite for the success of biotransformation. The suitability of the

AlkS/Pa/fcs expression system for the production of recombinant proteins in purely aqueous

fed-batch fermentations has been shown with a yield of approximately 120 mg recombinant

enzyme per gram cell dry weight. Furthermore, the homogeneity of the induction response

throughout the cell culture as a function of the inducer concentration was verified.

Chapter four addressed the development of a suitable process model for the enzymatic

reaction for the formation of L-a/fo-threonine from glycine and acetaldehyde. A kinetic model

was proposed and the kinetic parameters were estimated for purely aqueous and methanol-

containing reaction mixtures. The enzyme resulted to be diastereoselective to a great extent.

An enzyme membrane reactor was operated for 120 h without significant loss of enzyme

activity, resulting in a space-time yield of 227 g d"1 L"1.

In chapter five, the separation of glycine and threonine by simulated moving bed is described.

A suitable stationary phase for the integrated process was identified and it was experimentally

verified that the continuous chromatographic separation of amino acids at neutral pH is

possible. The SMB was furthermore operated under the same conditions as expected for the

integrated process.
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6.2 Outlook

6.2.1 Implementation of the integrated process

For the technical realization of a (lab-scale) pilot installation of the cSMB&R, as discussed in

this thesis, it is important to consider the dilution introduced by the chromatographic

separation. As the excess substrate of the enzymatic reaction is recovered at the extract or the

raffinate port of the SMB and returned to the enzyme reactor, this would lead over time to a

continuous decrease of the substrate concentration and hence of the reactor performance. As

an obvious solution, the stream of recycled substrate has to be concentrated before entering

the enzyme reactor. One technical solution would be the implementation of a crossflow

membrane filtration unit, capable for the continuous operation, such as the GE Sepa CF II

nanofiltration system (GE, Osmonics Labstore, Minnetonka, MN, USA).

Furthermore, the following points have to be considered:

(i) The separation studies and the SMB runs were performed using L-^reo-threonine instead

of the main product of the enzymatic reaction L-a/fo-threonine. L-^reo-threonine, a

proteinogenic amino acid available from fermentations, is easily available and cheap whereas

the main product of the GlyA reaction, L-a/fo-threonine, is not (it is more than 500 times

more expensive than L-^reo-threonine). However, only minor differences in the adsorption

characteristics were observed experimentally, when finite injections of L-a//o-threonine on a

single SMB column were performed. Thus, it stands to reason to use the data obtained for

L-^reo-threonine for simulations of the integrated process.

(ii) The adsorption isotherms were determined at 25°C, the SMB runs were performed at

room temperature, but the enzyme membrane reactor was operated at 35°C. In the integrated

process, the two units could either be operated at different temperatures, where actually only

the enzyme reactor is temperature controlled and the SMB is left at room temperature. The

implication on the stability of the separation will have to be determined experimentally.

Alternatively, the two units could be operated at the same temperature, i.e. 35°C. However,

the separation efficiency is slightly reduced at 35°, as was measured already for a single

column. The impact of this effect will have to be simulated which should help defining the

optimal process configuration.

(iii) So far, the SMB was discussed for the separation of two compounds, glycine and

threonine (chapter five). However, the enzymatic reaction mixture is composed of four

compounds (apart from the buffer-methanol mixture that constitutes the eluent): glycine and

acetaldehyde as substrates, L-a//o-threonine as the product, and the enzyme co-factor PLP. It
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has been shown that the co-factor PLP has no effect on the separation. The unreacted

acetaldehyde from the enzyme reactor would ideally be returned from the SMB to the reactor

together with the excess glycine. However, the adsorption behavior of acetaldehyde is

completely different from that of glycine. The Henry constant H for acetaldehyde with 50

mM sodium phosphate buffer pH 6.6 in 20 % methanol as eluent was calculated to be 0.3.

Therefore, most of the acetaldehyde would leave the SMB at the raffinate port, while only a

minor fraction would be collected at the extract port together with the glycine and returned to

the reactor. Options to minimize this problem will be discussed in the next section.

Finally, the integrated process needs to be simulated, using the experimentally verified

models for the enzyme membrane reactor and the SMB, including the concentration step to

derive appropriate operating points.

6.2.2 Further optimization steps

As the acetaldehyde cannot be substantially recovered during the chromatographic separation

- at least with the stationary phase applied - the task of achieving a high yield on acetaldehyde

is left to the biotransformation part of the process. Primarily, equilibrium should be achieved

in the enzyme reactor. However, the residence time in the reactor would have to increase by a

factor often to 200 min in the described enzyme membrane reactor experiment of chapter 4 to

reach at least 90 % of equilibrium. There again, a prolonged reaction time will not be

beneficial for maintaining the high diastereoselectivity of the reaction. By increasing the

concentration of the second substrate, glycine, the reaction could be driven to the product

side. This option, for the sake of argument considered for the most favorable case of

equilibrium in the reactor, could reduce the concentration of unreacted aldehyde to a

negligible quantity. A possible upper limit for the glycine concentration has not yet been

determined. Furthermore, in order to operate an enzyme reactor close to equilibrium at

reasonable residence times, the &cat of the enzyme should be increased. As the protein

concentration in the enzyme membrane reactor is already quite high, a directed evolution

approach to increase the specific activity of the enzyme would appear most suitable.

Furthermore, an obvious solution to improve the volumetric productivity of the reactor would

be the implementation of a plug-flow reactor instead of the less productive enzyme membrane

reactor, which has been chosen in chapter four because it is easier to handle in an early

process design phase. The enzyme would then have to be immobilized. First experiments in

this direction have already been performed (data not shown).
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Finally, the use of the sodium-phosphate buffer has to be considered. On a larger scale, it

raises environmental concerns because the disposal as wastewater further increases the

phosphate concentration in the water leading to eutrophication. Furthermore, the phosphate is

incompatible with many immobilization methods required for the plug-flow reactor concept.

The proper choice of eluent, respectively reaction buffer, will be a further task in the

optimization of the integrated process once all the relevant experimental data are at hand for a

detailed simulation.



93

Appendix



94

Table A.l: List of the tested resin materials and their suppliers (supplementary to chapter 5).

Resin Type Matrix/

Functional groups

Supplier

Amberlite CG-120 II SCX

Dowex 50WX8-400 SCX

Fractogel EMD S03" SCX

SP Sepharose FF SCX

TM
Source1"1 15S SCX

TM

Capto1M MMC WCX

Fractogel EMD WCX

COO"

Amberlite CG-50 II WCX

PVP Reillex 425 and ADS

402

Sepabeads SP207 ADS

Amberlite XAD 4 ADS

Amberlite XAD 7 ADS

Amberlite XAD 1180 ADS

Silica Gel 100CN ADS

Amberlite XAD 761 ADS

Polystyrene-

divinylbenzene; sulfonate

Styrene-divinylbenzene;

sulfonate

Polymethacrylate;

Sulfoisobutyl-group

Cross-linked agarose;

sulfopropyl-group

Polystyrene-

divinylbenzene; methyl

sulfonate

Cross-linked agarose;

multimodal CX

Polymethacrylate;

carboxy ethyl-group

Polymethacrylic ester-

divinylbenzene; COO"

Poly(4-vinylpyridine)

Brominated polystyrene

Styrene-divinylbenzene

Acrylic ester

Styrene-divinylbenzene

polyaromatic

Silica; (-CCH2)3CN)

Phenol-formaldehyde

Sigma-Aldrich Chemie GmbH

(Buchs, Switzerland)

Sigma-Aldrich Chemie GmbH

Merck KgaA (Darmstadt,

Germany)

GE Healthcare (Uppsala,

Sweden)

GE Healthcare

GE Healthcare

Merck KgaA

Sigma-Aldrich Chemie GmbH

Sigma-Aldrich Chemie GmbH

Resindion S.r.l. (Binasco,

Italy)

Sigma-Aldrich Chemie GmbH

Sigma-Aldrich Chemie GmbH

Sigma-Aldrich Chemie GmbH

Sigma-Aldrich Chemie GmbH

Sigma-Aldrich Chemie GmbH

SCX strong cation exchanger; WCX weak cation exchanger; ADS adsorbent
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Table A.2: list of resins tested in batch equilibrium experiments and qualitative statements

the adsorption of glycine and threonine (supplementary to chapter 5).

Resin Adsorption

Sepabeads SP207 Weak

Amberlite XAD 4 Moderate

Amberlite XAD 7 Moderate

Amberlite XAD 1180 Moderate

Aminopropyl Silica Gel Weak

Silica Gel 100CN Weak

Duolite XAD 761 Moderate

Dowex 50WX8-400 strong

Table A.3: list of resins tested in column experiments and qualitative statements on their

applicability in the integrated process (supplementary to chapter 5).

Resin Type Applicable Remarks

Amberlite CG-120 II

Dowex 50WX8-400

Fractogel EMD S03"

SP Sepharose FF

Source 15S

Capto MMC

Fractogel EMD COO

Amberlite CG-50 II

PVP Reillex 425 and

402

sex

sex

sex

sex

sex

wcx

wcx

wcx

ADS

yes

yes

no

no

no

no

no

yes

no

good selectivity

good selectivity, low

resolution

Gly/Thr identical

elution volumes

Gly/Thr identical

elution volumes

Gly/Thr identical

elution volumes

Gly/Thr identical

elution volumes

Gly/Thr identical

elution volumes

good selectivity

Gly/Thr identical

elution volumes
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